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Abstract

i

The aim of process synthesis is to select process equipment and interconnections in
order to achieve some performance goal, such as the composition of one or more
products, in an optimal manner. This work focuses on the synthesis and
optimization of vapour-liquid equitibrium (VLE) separation processes. (

The regions of fed ible products for a range of VLE separation processes (includiug
simple distillation, simple condensation and processes comprised of one or two flash
st~ges and mixing) are determined and analyzed. Binary and ternary systems, both
ideal and non-ideal, are considered. Itis shown that the products of VLE suparation
processes are not inherently restricted; limitations in product composifion are
thercfore introduced by the choice of separation equipment. The products on the
+ boundary of the region of feasible products are often found to be associated with
infinite costs. Therefore costs and product composition should be considered
simultaneously in process synthesis. |

This work introduces a pair of variables which are proposed as cost indicators for
VLE separation processes. These variables, which are called "capacity variables”,
pertain to distillation columns and a wide range of other VLE separation processes,
allowing their comparison. The variatles incorporate both capital and energy costs
of & process and are thus related to total annual costs. They accommodate costs of
both boiling and condensing. They are simple to calculaie from the mass balance
equations. The capacity variables are analogous to mean residence time, which
serves as a cost indicator for processes involving reaction.

"The capacity variables are evaluated for a range of processes separating binary and
ternary mixtures and a range of thermodynamic systems. The cipaf™; ‘variables
reflect the impact of the operating parameters, such as preduct specifications and
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reflux retio, on process costs. In distillation processes, the optimum reflux ratio is
found to be close to the heuristic value of 1.2 times the minimum reflux ratio. The
capacity variables are proposed as u{éfnl tools for the initial stages of process

_synthesis. . 7
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Chapter "1

Introduction

Diiétitlation and other vapour-liquid equilibrium separation processes are very widely
used in the chemical and petrochemical industries. Distillation was practised as an
art befors it developed as a science, and currently the scientific understanding of
distillation technology is still kicomplete (Porter, 1995). According to Porter (1995),
there are three disciplines in distillation technology: process design, vapcur-liquid
equilibrium studies and equjpment design, and all of these areas ase not yet fully

understood. In particular, process design, which is the area of interest of this work, -

is based largely on *rules of thumb® and triai-and-error opunnza.twn procedures.

In process design, or process synthesis, the design engineer attempts to fulfil a
performance goal of a process. For example, the composition of one or more
products or the fraction of raw materiai Jost may be specified. A primary aim of
process synthesis is to generate a process flowsheet by selecting processing unfts of

the flowsheet and interconnections between these units which will achieve this -

performance goal (Nishida er al., 1981). More than one process fiowshest may
obtain the specified products; one of these flowsheets would be selected as the
optimal, or nearly optimal, process. Optimality may be defined in terms of cest-
effectiveness, selectivity to a particular product, waste minimization, or some other
criterion. In this work, the optimization criterion will be taken to be cost-
effectiveness,

This research concentrates on the design of vapour-liquid equilibrium (VLE)
separation processes. In pacticular, binary and ternary, homogeneous, non-reqeting
mixtures yeparated at constant pressure are considered. The study of distillation
processes is mainly restricted to individual columns rather than networks of columns.

Chapter 1 Introduction 1

Lll



Two major issues concerning the synthesis of distillation processes huve been
discussed in the liwerature. The first issue pertains to the compositions of the feasible
products of a distillation process. Previous research has shown that not every
product composition which is specified for a given feed is a feasible product of

processes comprised of one or more distillation columns. Several researchers have
| attempted to determine what product compositions may be attained by a distillation
column separating a given feed. The second issue concerns the ost of distillation
processes. There is generally no unique distiflaion process which can tﬁ.:ain 2
. specified pair of products. The aim of synthesis of distillation processes is to
determine which is the most cost-effective process amongst several processes that
may be used to abain a desired product,

Much of the previous research has focused on distiflation; this work considers the
synthesis and optimization of distillation processes as well as some other VLE
separation processes. The other separation processes investigated include simple
distillation {batch boiling), simple condensing (batch condensing) and processes
cormprised of one equilibrium flash stage or two equilibrium flash stapes (arranged
in series, parallel or in series with reflux), The two issues discussed above, namely
the compositions of feasible products and the costs of the process, are studied in this
work.

The first objective of this work is to determine and analyse the region of feasible
products for a range of processes separating binary 2nd ternary mixtures, hoth ideal
and non-ideal. The second objective of this work is to develop one or more
variables which can be nsed for comparing the costs of a range cf separation
processes, in such a way that alternative separation processes can be compared for
their cost-effectiveness, and that separation processes may be optimized.

In the design and optimization of processes involving chemical reaction, costs are
generally found to be strongly related to the volume of the reactor or reactors used
{Levenspiel, 1972). Mean residence time, which is the ratio of the volume of the
reactor required to the volumetric flow rate of the feed, is therefore a cost indicator

Chapter | Iniroduction 2
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for such processes. This cost indicator can be used 1'5 compare different types and
configurations of reactors, allowing the evawation of altemative process flowsheets
during the initial stages of process synthesis.

Vapour~hquxd separation processes other than dxst:llahon have received little attention
in previous research. Consideratiim of other VLE separation processes should allow
the development of a deeper undersianding of VLE separation than has been acquired
to date. In paxticular, since 2 distitlation column is a complex network of intertinked
equilibrium flash stages, this work should lead to a better understanding of
distillation processes. -

A unified and rational basis for the comparison of costs of 2 wide range of VLE
separation processes, which this work aims to develop, is not cusrently available.
Such a costing variable could prove useful for the synthesis and optimization of
separation processes, and could also enhance the understanding of the issues
pertaining to the synthesis and optimization of distillation and other VLE separation
processes.

The feasible products of a number of binary and ternary mixtures and a range of

VLE separation processes are detexmined by process simulation. A pairof variables,

which are proposed for indicating the costs of separation, are defined for a single’
equilibrium separation stage and applied to a range of processes. A range of
separation processes are simulated and the proposed cost indicators of these
processes are evaluated,

The two main issues considered in this work, namely the compositions of feasible
products and the costs of separation processes, are initially treated separately in this
thesis. Chapter 2 presents a review of the literature on the feasible products of VLE
| separation processes, and Chapter 3 presents results of simulated separations of a
non-ideal ternary mixture. A review of the literature on the synthesis and
optimization of VLE separation processes is presented in Chapter 4. The proposed
cost indicators for separation processes are defined and developed theoretically in

Chapter 1 Introduction 3



Chapter 5. InChapwﬁ,ﬂwissueubfproductwmpom}imandmmm :
combined. A number of case studies are presented, in which the relationships
between process costs and product composition are explored for = range of
separation processes. ‘The conclusions to this thesis are presented in Chapter 7.

i
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" work focusing on optimization of separation processes.
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Chapter 2

Review of the Literature en Feasible Products of
Separation Processes

2.1 Introduction

Process synthesis is concerned with developing a cost-effective process flowshest for
obtaining a particular product or ser of products from a given feed There are two
main sub-problems embedded in this objective: it must be estabhshed whether
particular producfs are feasible for the proposed flowsheet and its processing units
(Fidkowski er al., 1993), and it must be established \vheﬁ-er the proposed flowshest
is a cost-effective flowsheet (Foucher ez al., 1991). Consxderabie attention has been
devoted to both aspecis of the problem. This chapter reviews previous wock which

- considers the feasible products of separation processes. Chaplet 4 examines previous

'n'w evaluation of process flowsheets st the preliminary stages of procass design
reqmres a method which balances speed and accuracy (Motard and Westerberg,
1978). Too simplistic an approach will lead to optimal process flowshests being
overlooked, while tob detailed an approach is dme-consuanng ad\"i inappropriate to
the quality of the solitions required.

Vapour-Tiquid equilibrivim (VLE) separation processes, especially distillation, have
developed on a largely empirival foundation, the science of which is still not fully
understood (Porter, 1535}, In spite of being well-established, homogeneous (that is,
with a single liquid phase), temary distillation processes have been the focus of much
research activity in recent years. This review examines some of this research.

Chapter 2 Peview of the Literature on Feasitle Products of Separation Pr- :usses 5
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2.2  Background concepts

Much of the discussion about feasible products lends itself to visual representation
and has been presented graphically, Some of the graphical forms used in the
literature will be introduced briefly.

2.2.1 Composition space

Al

A mixture comprised of ¢ components maybe described by a set of ¢-i of the
component mole fractions, X;, X, ..., X.;. The ¢* mole fraction is not independent
of the others, since the sum of the mole fractions is 1. A vectorX = (3, 12, ..., ;ta.
1) may be defined to-describe the composition of this mixture,

For ternary systems, the composition vector {x;, X,) is casily represented in two~ |

dimensional space. The space of all possi_ble__compnsiﬁons is bounded by the axes
X; = 0, x; = 0, and the diagonal line x; 4 x; = 1 (Dohexty and Perking, 1978).
This chapter focuses on the separation of ternary mixtures,

2.2.2 Mixing in composition space : )

| The composition simplex may be used to represent separéﬁun processes and their

mass balances and composition profiles. Wheh two fluids of composition x; and X,
and quantities F; and F,, respectively, are mixed, the resull is 2 mixture of
composition ¥*, where X¥* = a X; + (I-o) X;, The varisble « is a scalar and a2
measure of the relaiive quantities of the two fluids: « = F/(F; + F,}. 'The points
%, X; and X are collinear. This means that the compositions of the feed and the
pfaducts of a separation process with only two products must lie on a straight Jine.
The distances between the points are determined by the relative quantities of the
products, as given by the lever-arm rule. |
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- 2.2.3 Vapour-liquig ¢quilibriun:

b
At some temperature and pressure, j: !;qmd of composmm Xu-vbein equ:hbnum

_ with a vapour of composition y, dcférmmed by ihe thermodynar. 3 of the system.

For a system at fixed pressure, at every point ¥ in the wmpnmt:m -pace there is a
unique vector, Xy, assoqgated implicitly with some temperature.,, 'l‘hese vectors or
tie-liney, are not restm. ,a*om crossing each other (see for example Kochler et al.. :
1991). Cunstant pressurs processes are assn-ned ~htnughout the followmg :

discussion.

2.3  Simple distillation and:‘t‘:ondens:tﬁﬁn
2.3.1 Simpie distillation
/

Simple distillation .is also k:mwn as simple boiling and differcatial disﬁilmmi: e

this process, a liquid of composition X is slowly boﬁed and the vapour of

~ composition ¥, which is in equilibrium with the liquid, is removed as it is formed,

at a molar rate », The quantity of liquid in the still at eny time isL mn!@s Doherty
and Perhns (1978) deveioped the massh hce for thepmcm fora homogmeous
non-reacting, but n]at fiecessarily 1deb.,~ system: :

& _ v 7 o |

I G-5) | 2.5
Or equivalently: h

% -F-F L ey

where £ is a scalar quantity non-linearly related to e,

The original liquid feed compesition, the liquid composition at any timne, and the
accumulated vapour composition must lie on a straight line, by the mixing rule,
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Residue curves and residuc -...rve maps

The trajectory of these differential saquatibns in composition space shows the
composition of the liquid residue with tima'_pr £, and is known as a residiae curve.
The map of such trajectories with various startmg points is known as the residue
curve map. The singular pomts of this map occur where the differential equations
are equal w0 the zero vector, that is, where ¥ =y, These smgular points are pure
companent vertices and azeotropes,

The mathematical resuits of work on residue curves and residue curve maps may be
summarized as follows:
- The tangent to the residue cucrve at X and the vector X—¥ are collinear
(Doherty and Perkins, 1973). _
'+ Temperature increases momtonica‘.ly with £ or time along the residue curve
.- (Doherty and Perking, 1978),
+  Given the location and boiling temperature of all singular points, a single
 (i.e., unique) residue curve map may be constructed (Doherty, 198S).
| Hdwever, Fien and Liu (1994, citing the PhD thesis of Knight, 1986) shewed
-% rare case where the same boiling point data resulted in more than one
_ residue curve map. '
»  Residue curves cannot intersect (Doherty and Perkins, 1978), but they may
converge in a tangential manner,
«  The singular points of the residue curve map may only be compnsed of nodes
or saddles {Doherty and Perkins, 1979b). ' ' -

Simple distillation regions and boundaries

It may be observed that, for cerain non-ideal ternary mixtures, the composition
space is divided into regions. Doherty and Perkins (1078) defined the regions in this
way: "If two residue curves are initiaily close together and are still close together
after a long time, then we shall say that both these residue curves beleng to the same
distillation region”. The simpie dis.illation boundary divides ine composition spare

Chepter 2 Review of the Literature on Feasible Products of Sepacation Processes 8



into these regions. _The definition of the simple distillation boundary iy be
extended to systems of higher dimension, but the boundary will no longer be a
curve, but a (c-2)-dimensional hypersurface.

A separatrix is a residue curve whic®. arts or ends at 2 singular point, "such that
it is the side of a hyperbolic sector” (Doherty and Perkins, 1978). Singular points
always form the terminus and origin of a separatrix in two dimensions. An unstable
separatrix is a residue curve from which adjacent residue curves diverge, while 2
| sta™le separatnx is flanked by converging trajectories {(Van Dongen and Doherty,
1985a). '
Not all researchers agree on what constituies simple distiﬂation boundaries,
According to Doherty and Perkins (1978), simple distillation boundaries are
specifically unstable separatrices. Rev (1992) also makes the distinction between
separatrices, which join any two singular points, and boundaries, which are
separatrices which arriveat saddie peints. However, Doherty and Caldarola (1985),
stated that residue curves starting or ending at binary saddles form simple distillation
boundaries, Laroche ef gl (1992a) and Bekiaris er al. (1993) specify that in a
distillation region, all the residue curves must originate from the same low-boiling
node and end at the same high-boiling node. Fien and Lin (1994) implied that
azeotropes invariably result in simple distillation boundaries. StichImair (1991)
identified the boundary with valleys and ridges in the boiling temperature surface. -
(This relationship was shown not {0 be identical by Van Dongen and Doherty
(1984).) These definitions are not always as precise as they might be, and ace not

L

mutually consistent, There remains some confusion in this area.

Two examples present some of these inconsistencies in the literature. In Fig: 2.1,
a siable separairix joining a high-boiling binary saddle at the A-B azeotrope to the
stable node at pure C is not found to represent a boundary by Doherty and Perkins
(1978), Van Dongen and Doherty (19853) and Rev (1992). However, Doherty and
Caldarola (1985), Stichlmair (1991), Laroche et al, (1992a), Bekiaris et al, (''93)
and Fien and Liu (1994) diagnose two distillation regions in this case.

Chapter 2 Review of the Literature on Feasible Products of Separation Proceises 9



Fig. 2.1 The separatrix joining the A-B binary azeolrope to the pure kY
C vertex may or may not repment a simple distillaticn boundasy. RA

>

In the"residué curve map shown in Fig, 2.2, Foucher et al. (191) found that thers -
are three distillation regions, in spite of their rule that a residue curve joining two
nodes cannot form a residug cuive boum!ary (The cugve joining the low-boiling
tewnary azeotrope, which is an unstable node, and the high-bolling A-B binary
azeotrope. which is a stable node, is such a curve.) Applying the definitions of
Doherty and Pexkins (1978), Rev (1992), Laroche et l. (1992a) and Bekiaris ef al.
{1993) w this case gives only two simple distillation ragions, that containing both the
A and B verices, and that contaling the C verir. -

&- - -p."*“'

3

4

., AN

Fig. 2.2 The separatrix joining the low-boiling ternary azeotrope o
the high-boiling A-B binary azeotrope may or thay not represent a
simple distillat‘on boundary.

c
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Residue curves may not intersect, so the dmple distillation boundary cannot be
crosses§ by the liguid eompnsmon tra;ectory of a simple distillation process (Dohuty
amd Peckins, 1978). Consider an arbnmry liquid residie curve close to and on the
concave side of the boundary. Although the residue curve itselfl does not cross the
simple distillation boundary, the equilibrium vapour composition may lie on the other
side of the boundary, as shown in Fig. 2.3, because the vector X7 is tangential to
the residue curve (Doherty and Perkins, 1978). A perfectly straight boundary may
not be crossed. However, in ' tice, separatrices are found not to be
mathematically straight (Doherty and Peckins, 1978, citing Schreinemakers, 1902).
Thus, although a single simple dmd\xauoa residue curve is restricted by the
bnundary, the simple distillation ho..nLaryf dogs not restriet possible pxaduct
composmons in a2 more genm'al sense,

inshﬁmvnpwr
-;"'ﬁ' “"w

- “"""""“'-&.., sirnple distillstion
y e, poundary

Eg 2.3 The vapour pmduct from a residue curve may le on the
other. side of a simple distillation boundary. _

2.3.2 Siliipgle condensation

Simple-condensation is a process analogous to simple distillation. A vapour of
quantity V and composition ¥ is condensed and the liquid of composition X which is
in equilibrium with the vapour is removed as‘it is formed, at a molar rale ¢. The
differential equation rising out of the mass balance is: ]

dy . =€ m_= |

=7 (x~y) | @3

‘Or equivalently (Nikolaev ef af., 1979):

& s =
'&? y-x .4
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it is expected that the properties of a liquid residue map for a simple distillation
pi'ocess would be similar to those of a vapour residue map for a simple condensation
process. Equations (2.2) and {2.4) may be rewritten as follows, using bubble&) and
dew{x) to represent the bubble point composition and the dew point composition of
X, respectively:

B3 pubbles) @2.22)
dt

G .5ty 4b
pr: y - dew(y) (2.4b)

The points dew(x), ¥ and bubble(x) are not genéraliy collinear. Therefore the
tangint to the simple distillation trajectory at some X is not identical and opposite in
direction to the tangent to the simple condensation trajectory at that point. That is,
the liquid and vapour residue curves, although similar, are not coincident. It foﬂé;vs
that both processes nifay have boundaries, but that these boundaries are not strictly
coincident, as shown by Nikolaev et al. (1979).

Simple distillation and ¢imple condensation are similar processes with similar residue
curve maps. By' convintion, Liguid residue curves m'e more widely discussed. This
work will also largely . 2glect simple condensation processes, except where there are
specific advantages to including them,

2.4 Column distillation
2.4.1 Modelling columm performance

In order to investigate the feasible products of a column distillation process, a
number of authors (including Levy et ol., 1985; Laroche et al., 1992a; Wahnschafft
er al., 1992 and Fidkowski er al., 1993) have modelled a simple column, with a
single feed and two producis, and no heat transfer other than to the condenser and
reboiler. Non-reacting, homogeneous liquid systems, with a saturated liquid feed are
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generally assumed. The key assumptions used by a number of authors for modelling
distillation columns are: '
»  Constant molar overflow in the columu. This incorporates the assumptions
that heat losses in the column are negligibie, that the molar heat of |
vaporization is constant, that heats of mixing are negligible and that the
changes in sensible heat with temperamre are negligible {Barbosa and
Doherty, 1988b). .
«  Ideal equifibrium stages are used, that is, the streams leaving a stage are in
equilibrium.

From these assumnptions it follows that the liquid moIar flow rate in the rectification
section (above the feed tray), L, is constant, and that in the stripping section (below
the feed tray), the liquid flow rate, L', is alsq constant. The vapour flow rate, V,
is constant throughout the column. The teflux ratio, 7, is defined by the ratio L/D,
where D is the distiliate product flow raie; the reboil ratio, s, is defined by the ratio
V/B, where B is the bottoms product flow rate. By the assumption of constant molar
overflow, the ,g;g;antities rand s are constant in any given cclumn. |

For a dxstﬂ!at:on column for which the composition of the distillate product, ug,,, is

spemﬁ@d, ‘the mass balance over 1 stages of the rectification section, *mml)enng

s% from the total condenser downwards, may be written (Van qungem and
f Doherty 1985b): :

e rtle 1o
xs = zir-""ym-l - rxD ' ii_(2-5)

The mass balance over m stages of the stripping section, where the bottoms product
composition is x,, and the stages are numbered from the reboiler upwards, may be
written as:

T, =235 + L3 _ ©.6)

Where the feed composition is givea by X, the overall mass balance relates the
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reflux ratio and reboil ratio as follows (Van Dongen and Doherty, 1985b):
7 = s+r+1§ rel=

- : A
, = 0%, - D5, e

The difference equations (2.5) and (2.6) give the liquid compositions on each stage
of the column starting at either the distillate composition (eq. 2.5) or at the bottoms
composition {eq. 2.6). These points may be plotted and connected to give the liquid
composition profiles in the two sections of the column, as shown in Fig. 2.4. The
feed, bottoms and distiliate compositions are collinear, according to the overall mass
balance for the column.

Heptane
i

- 08+

a 02 04 06 08 1
Nonane Hexzne

Fig. 2.4 An example of product profiles for a distillation column,
Since the profiles intersedt, the separation is feasible for the chosen
reflux ratio. B: Bottoms, F: Feed, D: Distillate compositions.

‘When two such column profiles intersect, the separation is feasible (Van Dongen and
Doherty, 1985b) because then the mass balance and eguilibrium constraints have
been simultaneously satisfied (Wahnschatft es al., 1992). The total number of stages
in the column is the sum of the mumber of stages in each profile up to the
intersection, The composition of the liquid at the intersection is the feed tray liquid
composition, but is not necessarily the same as the feed composition. Only if the
infersection of profiles occurs at an integral number of stages in both column
sections does the intersection represent the physical composition at the feed tray
(Wahnschafft et al., 1992).
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Instead, Stichmair and Herguijuela {1992) proposed that the column profiles do not
intersect for a feasible distiilation process, but iilustiated a mixing condition across
the feed tray. This construction is not explained, and differs from the condition
given above, which is used by many researchers in the field. In this work, the
condition for a feasible distillation process will be that the composition profiles of
the rectification and stripping sections intersect. '

Differential equations modelling column pea"am

Van Dongen and Doherty (1985b) approximated the finite difference equation 2.5)
for the rectifying section by the following first-order ordinary differential equation:

&, gz, LeA X

w dhl 7

The: houndary condition is X|y., = Xp, where A’ is the number of stages in the
rectification section,

The foliowing differential equation is an approximation of eq. (2.6) for the stripping
section: 4

& &

2.9}

<l
t
w1
+
|
|
Y

5
¥ +
The boundary condition is X|,., = Xp, where % is the number of stages in the
stripping section.

Saturated liquid products are assumed, which means that Xy, and X, lie on the liquid
compogition profiles. This condition assumes the use of a total condenser. The
assumption of saturated liquid products is not essential to this work.

The model assumes that edch theozetical tray has been broken into an infinite number
of differentinl plates over the interval from » to #-+i, with each performing a
differential amount of mass transfer according to eq. (2.8) and (2.9). (Laroche et
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al. (1992b) showed how the differential aquations also describe the composition
profile in a packed column.) The variables k and A’ are related to the number of
* stages, not o the actual height of the plate in the column, or the actual depth of
packing in a packed column (Var Dongen and Doherty, 1585b).

Van Dongen and Doherty (1985b) illustrated the column profiles generated by these
differential equations. In their example, the columns profiles arising from the
difference equaiions, eq. (2.5) and (2.6), and those arising from the differential
equations, eg. (2.8) and (2.9), were indistinguishable after about the fourth stage.
However, Barbosa and Dohe.{ty (198834) found that the first-order appmxxf;nauon was
only good where x; changed i}tﬂe from one stage to the nex.} and for lafge numbers
of stages. Caution should therefore be exercised when using these differential
equations. In this work, difference equations will be used to describe column
distillafion.

o |
2.4.2 Distillation at total reflux

The two limiting cases of distillation are total (or infinite) reflux and reboil,.and
minimnm reflux and reboil, also called reversible operation (Doherty and Perkins,
1979b). Distillation under total Teflux has been extensively researched, using both
difference and differential equations to describe column behaviour.” Both conventions
will be discussed in this section. . s

.

Under total reflux conditions, the difference equation (2.5) for the rectifying section
becomes: |

‘-f.r: - 3’-;1-1 ' : : it (2' 10}
The differential equation (2.8) describing the rectification section reduces to:

%uf—i | @.11)

‘When the reflux ratio is large, the reboil ratio, s, also becomes large, and difference
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equation (2.6), mod "ling the stripping section, becomes:

-

Tuir = Y | (2.12)
The dxfferennal equation (2.9}, which describes the stripping section, simplifies to:

=y-% . - (.13)

M

When differential equations are used to model column behaviour, it is found that eq.
{2.11) is exactly the equation describing simple distillation (eqq. 2.2). Equation
(2.13) is equal to eq. (2.11) but epposite in sign, whick is a result of the numbering
convention used. The column profile at total reflux is thus identicarj‘f"w the residue

o N
N {{J

curve passing through the product compositions.

A difference equation analysis of column compositions gives the following results.
From eq. {2.10) it may be seen that, at total reflux conditions, the liquid composition
of each stage in the rectification section is simply the dew point composition of the
liquid of the stage above, Similarly, it follows from eq. (2.12), that thé liquid
composition of zach stage in the stripping section is the bubble point composition of
the liquid on the stage beiow. These difference equations give rise to a sequence of
points, each of which is the bubble point composition of the previous point, When
these points are joined smoothly and in the direction of decreasing temperature, a
disiiliation line is obtained, as defined by Stichlmair ef gl. (1989). The mathematical
method for obtaining 4 smooth curve was not described. Distillation lines describe
the composition profile of staged distillation columns operated under conditions of
tot:! reflux.,

Distillation lines are similar, but not identical, to residue curves (Fidkowski et dl.,
1993). Residue curves are tangential to the vector X—bubble(x) at every pointf; but
do not actually contain dew(x) or bubblefx). Wahnschafft er al. (1992) iltustrated
how a distillation line may cross several residue curves, especially in wide-boiling
systems or reginn; of iigh curvature, but added that the "difference between residue
eurves and distillation lines ... is not normally very significant”. Rev (1992) also
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showed how a distillation line may cross residue curves and how residue curve
boundaries may be crossed by distillation lines. However, it would be more logical
to look at boundaries defined in terms of distillation iines, when considering columns
modelled using finite difference equations, asd boundaries defined in terms of
residue curves when considering columns modelled using diffarential aqua... S

Boundaries, similar fo those for residue curves, arise faf"disﬁllation lines, dividing

distiilation lines into regions. Residue curves and distillation lines point in opposite
- directions, since residue curves point in the direction of increasing tempesature and

disiiilation lines point in the direction of decreasing temperature. Therefore an
. unstable separatix in a distillation Jine map is associateq] with a stable separatrix in
a residue curve map. Several examples occur where unstable separatrices in
distiliation line maps are called simple disiillation boundaries (Stichlmair et al.,
1989; Wahnschafit ef ¢l., 1992 and an and Liu, 1994}, whick does not conform
to the definition of simple distiliation baundanes as given by Doherty and Pexkins
(1978), and adds further to the inconsisténcies described at the end o section 2.3.1.

Divtillation product regions at total reflux

Either the differential equation approach (Van Dongen and Doherty, 1985b) or
difference equations (Stichlmair, 1991) may be usec fo model distillation solumn
behaviour. When a column is operated at total reflux, it follows that both the
distiliate and the bottoms products lie on the same _2sidue curve or di sillation line,
depending on which model is used fo describe the column. From the overall mass
balance, the feed, bottoms and distillate compositions must lic on a swaight line
(Petiyuk, fQ‘?Sa). 'These two constraints allow the region of feasible products for
distillation under total reflux to be determined.

Stichlmair {1991) and Stichimair and Hergnijuela (1992) combined these two
constraints to develop. product regions for distiilation ai total reflux, Part of the
boundary of these regions is the residue curve which passes through the feed; part
of the i:oundary is formed by the simple distillation bou\nda.ry. The straight lines
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representing sharp direct and indirect splits (pure low-boiling distillate product and
pure high-boiling bottoms product, respectively) also muke up the boundary of the
product region.

Wahnschafft ef al. (1992) discussed further how, if there are inflections in the feed
residue curve, the residue vurve boundary may be *crossed” in the manner illustrated
in Fig. 2.5. Although the feed, distillate and buttoms compositions ail licon a
straight Line, the feed may lie in a different distillation region to the two nroducts.
Hlowever, the column profile itself does not cross the boundary. The total reflux
product region is extended, in places, beyond the feed residue curve, by the locus
of points at which the wmgent to the residue curve passes through the feed
composition and intersects the same residue curve twice,

Fig. 2.5 The mass balance line of a totat reflux distillation process
may cross the simple distillation boundary.

2.4.3 Reversible distillation

The second limiting condition of distillation: column operation is reversible operation,
also called "thermodynamically reversible fractionation” (Petlyuk, 1978a) and
*thermodynamicaily optimum operation” (Wahnschafft ez al,, 1992). In this pm@s,
a finite amount of product is obtained using minimum work and infinitely many
stag. and intermediate reboilers and condensers, while distillation under total reflux
conditions produces a zero-quaniity product using minimum work input and infinits
internal flow rates (Wahnschafft ef gl., 1992).

Roehler et al. (1991) gave a clear description of this limiting process. A reversible
column has infinitely many stages and is everywhere at equilibrium. That is, the
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liquid stream approaching a stage and the vapour leaving it are at equilib;ium at
every stage, unlike conventional columns, where streams leavin, « mge are assurned
tobe in equilibrivm. Heat is transferred continuously to and from the cofumn, This
causes the reflux ratio to change at every stage. Reversible distillation i i3 a constant
pressure process. Koehler ez al, (1991) used the term "adiabatic column to mfer
to columns with heat teansferred oniy to the reboiler and condenser.

In order to obtain reversible mixing at the feel stage, the feed may be pama.lly
vaponzed at safuration temperature. The liguid and vapour feed streams have
exactlj he sare temperature, pressure and nonfpomuons as the liquid and 1 \'a‘p e
streams ai the feed tray. )

A mass balance for an envelope aver the mnfymg section (eq. 2.5) may be
rewritten to give the difference equation: "

r+DME-y) = X-%, _ ' - (2.14)

5
4

Fou the stripping section, the mass balance (eq. 2.6) gives:

$G-F) =F-F, RO

Pora: v 1*rsxble column, the differential equatt(ms (2.8) and (2.9) both tend ta the
Zera vector and reduce to exactly the same forin as the equations dbove; that is, the
difference and differential equations agree,

The geometrical interpretation of this process was dxscussed by Petlyuk (1978a) and
Wahnschafft er al. (1992). For example, in the r.mﬁcanon section, the iines Jjoining
the product composition, X, and the hquxldi composition, X, are everywhere collinear
with the tie-line X—¥ at X, Le., they ace tangential to the residue curve at X.
Similarly, the lines XX, and X—Y are coltinear everywhere in the stripping section.
The selative distances between X, ¥ and the product composition, X, or X;. give ths
reflux or reboil ratio. | '

[

Associated with a particular point X on the reversible column proﬁle is a unique

Chapter 2 Review of the Literaturs on Feasible Produsts of Separation Procosses 20



reflux ratio, r, or reboil ratio, 5. An adiabatic column composition ﬁroﬁle Sﬁrting )
at the same product composttion and operating under that fixed value of # or 5, will
end at the same point ¥, The profile ends because additional stages do not lead to
a change in composition. This is known as a pinch point. For an adiabatic column
with a given product composition, a locus of pinch points may be calculated as the
reflux or reboil ratio changes. The reverslble column operates everywhere at a pinch
point, so its composition profile is exactly thts Iocus.. This pinch point curve is also
known as a "zone of constant concentrations” (i'...ynk, 1978b).

Product regions of reversible distiliation columns

Petiyuk (197 Sa) investigated the boundaries of the product regior for the reversible
distillatior ¥ ° , A-component mixture. The upper and lower sections of the coluzan
are restncte.. ay two different boundaries, The composatmn profile of the upper
section may not cross the locus of points where the equilibrium coefficients, X =
v/x,, of the two highest boiling species are equal or the curve conmmmg points
where the equilibrium coefficient of the least volatile component is equal tol. In
the lowar section of the column, the profile may not cross the locus of points where
the equilibrium coefficients of the tw lowest boiling cumpone:;ts are equal or the
locus of points where the equilibrium coefficient of the most ‘volatile component is
equal to 1. '

For a ternavy system, the K; = K, curve is the locus of points at which the tangent
to the residue curve passes through the vertex representing pure component 3
(Petlvuk, 1978a), This curve will form a semi-boundary for the upper section of the
column (that is, it is not a bounﬁary for the lower section of the column) if
components 1 and 2 are the two highest boiling species, or a semi-boundary for the
lower section of the column if components 1 and 2 are the two lowast boiling species
of the mixture. The curves K, = K; and K, = KX,, similarly, may form semi-
boundaries for this process. The X; == 1 boundary is the locus of painis where the
tangent to the residue curve is parallel to the x; = 0 axis, Petl,vuk Ly “?E*;a) did not
iltustrate such a boundary,
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In comparing these reversible column boundaries with simple distillation boundaiies,
Petlyuk (1978a) stated that the boundaries do not coincide and do not pass through
the same singular points, Sirce the boundaries at the two limiting conditions of total
reflux and reversible operation do not coincide, Petlyuk {15784) concluded that there
are no restriciions on compositions of attainable products. However, for a ternary
mixture, he illustrated a K, =4 K boundary which ends at the 1-3 azeotrope, which
is a singular point through which the simple distillation boundary also passes,

Koehler ef al. (1991) proposed that the two straight lines passing through the feed
composition, ¥, and its dew point composition, dew(z, and joining the feed
composition and its bubble point composition, bubbleffi},- and extended to the
boundaries of the composition triangle, form the bonndaries of the product region
for a reversible column, |

Little other interest has been shown in the reversible distillaiion product regions.
The results of Petlyuk (1978a) and Koehler of al. (1991) do rot appear to have been
reconciled.

2.4.4 Product regions for distillation processes at non-limiting conditions:

The two Limiting conditions of distillation are totsl reflux and reversible distillation
(Wahnschaftt er ¢l., 1992). Considerable emphasis has been placed on determining
feasible product regions at total reflux. This section reviews research into
determining the region of feasible products for columns operating at pon-limiting
conditions, namely at finite reflux ratios and using finite numbers of stages.

For the purpose of process synthesis, the products of a distillation column with a
known feed may be specified. The following questions may be raised as part of the
synthesis process:

«  Given vome feed, whe products may be obtained using a distillation column?

. 1s some specified product pair feasible for the distillation of a given feed?

» For some binary azeotrope, what entrainer (third component} should be
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selected to allow separation of the mixture into the two components mmaking
up the azeofrope, using some sequence of digtillation columns?
These qusstions are closely related, as they deal with feed, feasible products and the
prbﬁles joining these.

This review focuses on the produéf regions of individual columns for a given ternary
mixture. Research relating to the choice of entrainer for separating a binary
- pzeptrope will not be discussed here.

It is well known that distillation profiles at finite reflux ratios are quite different to

residue curves and distillation lines, and that column profiles may cross simple
distillation boundaries (Wahnschaffi et al., 1992). Some researchers have regarded
as significant the extent to which a colur -1 profile may cross these boundaries, whife
others, for the sake of simplicity, have chosen to consider only products lying within
simple distillation regions.

Van Dongen and Doherty (1985b) isastrated a bow-tie shaped product region
containing ail the feasible products for a given feed. Fien and Liu (1994) explained
how to construct these bow-tie regions for estimating the region of feasible products
for a given feed. The boundaries of these regions are given by the simple distillation
boundary, the residue curve passing through the feed composition and mass balance
lines for very sharp direct and indirect splits.

Stichlmair et al. (1989) and Koehler er al. (1991) used the distillation line which
passes through the feed composition as a boundary for distillation processes at finite
reflux ratios. This followed fmm strictly applying the requirements that the fead and
product compositions lie on a straight line, and that the products must Yie on the
same residue curve. Profiles at finite reflux ratios are assumed to foilow closely
total reflux ratio profiles.

Doherty and Caldarola (1985) used a “reasonable working assumption® that column
profiles do not cross the simple distillation doundary. This assumption was slightly
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relaxed by Stichlmair and Herguijuela (1992) and Bossen et gl (1993), who
considered the crossing of the simple distillation boundary by the overall mass
" balance line, as shown in Fig. 2.5, but still assumed that column profiles do not
cross the boundary.

Foucher et al. (1991) and Doherty and Caldarola (1983) gave a sufficiency condition
for separability that products lie in the same simnple distillation region, Fidkowski
et al. (1993) concluded that it is "better engineering practice not to attempt to cros:
a simple distillation boundary unless all other alternatives have been explored®. Fien
and Liu (1994), in thejr excellent review of the use of residue curve maps, declarsd
that "the error in approximating the boundaries with ’simpie distillation boundaries’
often is so small as to be inconsequential, especially at the flowsheet synthesis
- stage”.

However, it is well known that distillation profiles may cross the simple disiillation
boundary (Nikolaev e @, 1979), and Laroche et al. (19924) maintaingd that
excluding this possibility may restrict flowsheat development.

Separability at total reflux implies separability at finite reflux ratios, but the converse
is not true (Laroche ef al., 1992b): for a specified separation, a maximum reflux
ratic may exist, above which the separation is no longer feasible, Fidkowski ez al.
(1993) went so far as to say that there is almost always a maximum reflux ratio
associated with a feasible specified separation. Certainly, even ideal mixtures are
subject to this phenomenon, contrary to the belief of Laroche er 4. (19923). It
therefore seems necessary to consider not only total reflux, but alse finite reflux
distillation processes when investigating regions of feasible producm It also follows
that the assumption that distillation profiles follow total reflux profiles closely
appears to be ungusnﬂed

Wahnschafft er al. (1992) provided substantial insight in their development of
feasible composition profile regions. For a specified distiliate composition, ttls
region is shown to be bounded by the residue curve and the reversible column profile
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through the product compesition: that is, afl possible rectification profiles lie between
these two limiting conditions. A stripping profile region muy be constructed in a
similar manner. A necessary condition for a feasible separation is that these profile
regions intersect. A point of interest in the intersection of the regions is the point
where the tangent to the residue curve is collinear with the overall mass balance line:
that is, it passes through both product compositions and the feed composition, This
point lies on the feed pinch point curve, which is the locus of peints where the
‘angent to the residue curve passes through the feed compesition.

Wahnschafft ez al. (1992) and Fidkowski et al, (1993) set up feasible product regions
for a given feed, incorporating all reflux ratios, The boundaries of the region are
found in part by feed pinch point curves, and indicate the existence of a pinch point
in the column., Wahnschafft and Westerberg (1993) extended the work of
Wahnschafft er al. (1992) for columns with more than one feed stream, It is
significant that the boundaries «f the feasible product region for distillation columns
are given by the loci of producls which are achievable only in the limit — ai the
limiting conditions of pinch points, which are associated with reversible distillation.

A range of feasible product regions for the distillation of a given feed have been
proposed in the Hierature, These regions are obtamed using more or less
sophisticated assumptions. Itisheyond the scope of this review to assess ille validity
of these assumptions. For example, it is not clear exactly how much poorer the
optimal flowskieats are when it is assumed thax'distillation regions lie within simple
distillation region. than when this assumption is not made. It is clear that making
simplifying assimptions may allow problems to be solved relatively easily, but inay
also result in promising alternative flowsheets being overlooked, While it is not
appropriate to become involved in detailed process design at the process synthesis
stage, it is not desirable to use such ¢rude assumptions that good alternative
flowsheets are discarded prematurel:. "

In any of these product regions, only one of the two column products may be
specified, Every composition in a feasible product region is attainable, but not every
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point on the mass balance line passing through the feed and lying in the opposite
product region to the specified product is attainable. (Specifically, it is not possible
to distinguish which bottoms products are feasible for a distiflate product lying in the
region of feasible products.) ki is not possible to represent in two-dimensional space
all sets of feasible co-products associated with ali atminable products for some
fernary mixfure.

2.5  Feusible products of VLE separation processes

Column distillation is probably the most commonly used VLE separation process,
and almost all the previous work on feasible praduci regions of separation processes
has focused on distillation processes. Some of this work on achievable products has
beenpresentedeecuon244above '

For the simple distillation process, the locus of composiﬁons of the liquid residue
with time is the residue curve starting at the initial liquid composition. More general
questions about the possible pﬁf)ducts from yimple distillation processes do not appear
te have been addressed. ./

7 *

In passing, Koehler er al. (1991) illustrated, but did not discuss, the set of possible
‘product pairs when the feed to a distillaion column is partially vaporized (that is,
the feasible products of a single equilibrium flash stage). The set of feasible
products is a pair of arcs, one from the feed composition, Z, to the bubble point
composition of the feed, bubble(z), the other between the feed composition and the
dew point composition of the feed, dew(z). Other investigations into the feasible
products ~f flash processes are not known,

2.6 Conclusions N\

-

This discussion has restricted itself to considering temary, homogeneous mixtures
and constant pressure, equilibrium separation processes. It hay focused on the
attainable products of individual distillation columns, since previous work on feasible
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products has concentraed almost exciusively on column distillation processes. Some
ambiguities in this work have still nut been resolved, and this continues to be an area
of research activity. The far less complex process of simpie distillation has received
- some atiention, but even this nelatively simple process has led to unresolved
ambiguities relating to the definition of simple distillation boundaries. The feasible
products of other VLE separation processes have not received much atiention,

A number of points pertaining to distillation should be highlighted. Considering
distillation at total reﬁux only seems to neglect promising flowsheet alternatives, and
would appear to be an over-simplification. Boundaries are seen to exist for regions
of feasible products of distillation processes. The feasible products on these
boundaries seem invariably to be obtained at limiting conditions, such as very sharp -
splits (that is, very nearly pure or azeotropic products), total réﬂux and reversible
operation, 'The costs associated witln these operating conditions have not been
considered, but would tend to be pmhibmvmy large. It is & limitation of working
in composmon space that costs are mt macfc explicit, Product quantities and co-

product composmons are also not easily tepi;esmted in composition space.
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Chapter 3

Feasible Products of VLE Separation Processes

3.1 Introduction

The review given in Chapter 2 shows that a considerable amount of research has
been carried out into determining the feasible products of the distillation of
homogeneous ternary mixtures. The feasible products of other VLE separation
processes have not received as much attention. Distillation is 2 complex process,
comprised of equilibrium flash stages and mixing steps. In this section, some
processes of considerably reduced complexity are explored. The feasible products
of one and two flash stages with mixing, and of simpl«: distiflation and condensation
are presented.

The study is limited to ternary, homogeneous, non-reacting systems af constant
pressure; results are presented in ternary composition space. A hypothetical ﬁemary
system is investigated, the activity coefficients and vapour pressures of which are
described by models which characterize real components. The thermodynamic data
used for all the examples studied in this chapter are presented in Table 3.1. All
three components are assumed to behave ideally in the vapour phasé. Components
1 and 2 form a low-boiling ternary azeotrope; a one-suffix Margules equation is used
to characterize their liquid-phase interactions. The {aird compenent behaves ideally
in the liquid phase.

Separation pracesses, by definition, produce more {han one output stream from 2
process. The convention which will be used in this chapter is that any separation
process will have exactly two products: the product of interest and the co-product,
which is a mixture of all the other outputs from the process. Only one of the two
products can be independently specified.
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Table 3.1 Thermodynamic data for hypothetical azeotropic ternary
system. * Antoine equation: In(p;, [kPa]) = 4; — B/(T[°C] + C).
Low-boiling azeoirope: (0.6, 0.4, 0) at 70°C. '

As B | C Iy, | Boiling temp
' [°C]
1| 79652 | 252 | - | isx2 80
83852 | 3024] - | 152 75
3] e68ns | 102 | 27 0 72

The mixing which is considered in this work will be restricted to *forward" mixing;
that is, feasible products and the feed may be mixed, but material may not be
recycled.

The; concern of this work is separation. Whether a sceam is a liquid, a vapour, or
of mnixed phase will not be considered, and it will be assumed that a mixture may,
at any point in 2 process, be condensed or vaporized, fully or partiaily, without
composition change. Similarly, a liquid aud a vapour may be mixed o form a
product, of indeterminate phase, with composition given ﬁy the mi;ing rule. |

The resulis presented in this chapter were calculated using Forl:rm; 77
{SPARCompiler Fortran 2.0.1) and the Numerical Algorithms Group fortran library
routines (Mark 16 -~ DG2BBF for integrating one or more differeatial equations and
COSPCF for solving non-linear equations simultaneously).

3.2 Feasible products of simple distillation, simple condensation and mixing

The simple distillation process was presented in Section 2.3.1. In this section an
answer is sought to the question: what is the region of feasible products for a process
comprised of simplz distillation, simple condensation and mixing? A “constrained"”
process, comprised of a single simple distiliation stage and mixing, and an
"unconstrained” process, comprised of any number of simple distillation and
condensation stages, are examined.
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3.2.1 Feasible products of a cogstrained simple distillation process

The simple distillation boundary has been cbserved to be a boundary for the Equid
product compositions of single simple distillation processes. For processes
comprised of simple distillation and mixing, the boundary may be crossed in a
number of ways. The instantaneous vapour composition may lie beyond the simple
distiliaiin boundary, as shown in Fig. 2.3; or, as shown in Fig. 2.5, the mixing line
between two points on the same residue curve may cross the simple distillation
boundary. Therefore, by mixing between two poi=ts in the same simple distillation
tegion, a mixture lying on the other side of the s¢paratrix may be obtained. Fig. 3.1
shows how the accumulated vapour product, for a given simple distillation process,
may lie on the other side of the simple distillation boundary. A straight simple
distillation boundary may not ive crossed by one of these methods, but it is assumed
that simple distillation boundaries aiways have some curvature. Therefore the simple
distitlation boundary is not a boundary for processes comprised of simple distillation
and mixing.

Fig. 3.1 The accumulated vapour may lie in a different simple
distillation region fo the residue curve,

The feasible products of processes comprised of a single distillation stage and mixing
are investigated. The residue curve starting at a particular feed poinf and ending at
a stable node in the residue curve map is the locus of feasible liquid products which
may be obtained by a single simple distiliation process. The instantaneous vapour
composition profile is the locus of all feasible vapour products of the process, &
shown in Fig. 3.2. The composition profile of the accumulated vapour product of
the procesy is shown in Fig. 3.2. Since the accumulated vapour product at time 2
is the mixture of the instantaneous vapour products up to time ¢, the accumulated
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vapour product lies within the convex region bounded by the instantaneous vapour
composition profile. The liquid residue at time ¢ and the accumulated vapour
product at time 2, if mixed, would form a mixture with the same composition as the
feed, so the compositions of the feed, the liquid residue and the accumulated vapour
product must lie on a straight line in composition space at any given time.

6.50+4
0434
X,
c46-4
0444
0.42 : ' —
p.185 .160 0.195 .200

Fig. 3.2 Product profiles for a simple distillation process. The
tangent to the liquid residue curve at X is equal to the vector X,
where y is the instantaneous vapour composition.

The region of feasible products for the process comprised of a single simple
distiliation stage and forward mixing — the mixing of the products of such processes
- {s the convex region which contains the residue curve, the instantaneous vapm‘lr}
composmon profile and ali possible mixing lines, Such a region is illustrated in Fig.

3.3.

For the example shown in Fig. 3.3, the feed is at F, and the end-point of the residue
curve is at D, The outermost mixing lines of this region are those joining points 4
and C and joining points B and D. A poini M on the line BD may be obtained by
the following process: the feed, F, is boiled until vapour of composition B is
obtained. This vapour is retained and the boiling process continued  { fae residue
reaches composition D. The mixtures of compositions B and D are combined in
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suitable proportions to obtain a mixture at M. If it is assumed that the process has
only iwo products, the second product must ¥ie in a straight line through M and F
and beyead F, as given by the mass balance. Points interior to the region ABCDA
may also be obtained by some combination of boiling and mixing processes. The

1

region ABCDA is a convex region. Y

18~

&

a 21 02 BT 04 05 GCE&E OV 08

i, Fig. 3.3 Region of feasible prbducts for a single sinii;le distillation
stage and mixing. The feed composition i3 at F: (0.15, 4.15, 0.7).

| o [

Since simple condensation is analogous to simple distillation, a convex region could

be similarly constructed for a process comprised of a single simple condensation

stage and mixing.

3.2.2 Feasible products qt an uncopstrained process comprised of simple
distiliation, simpie condensation and mixing

This section addresses the question: what are the feasible products for any number
of stages of simple distillation and simiple condensation, mixing and phase change?

Restdue curves do not intersect. However, by mixing‘"between feasible points of a

residue curve, or by collecting irstantaneous or accumulated vapour products, points
on other residue curves ruay be obtained. For example, the product region of Fig.
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3.3 may sometimes be extended by initiating another simple distillation stage from
a mixing line on the boundary of the pmduct digion. Tt will be sliown that the
region of feasible products of processes comg | hn unlimited number of stages
of simple distillation, simpic condensatin and mixing is the entire composition
space.

The region R, shown in Fig. 3.4(a), is propased as the region of feasible products
for an unconstrained process comprised of simple distillation, simple condensing and
mixing. An arbitrary mixiure with compositionj:' is proposed as & point on the
boundary of R. Initially it will be assumed that every point on the voundary of R
is a ternary mixture, and not & binary mixture or pure component. It follows that

R hes sirictly within the composition triangle. It will further be assumed that p is

not 3 ternary azectrope. It will be shown how the processes of simple uistillation,
simple condensing and mixing may allow the region R to be exiended, unill R
coincides with the composition triangle.

- Fig. 34 A proposed region of feasible products, R. {a) R must be
convex. (b) dew(p} or bubble(p) may lie outside R. ) dew(p) or
bubble(p} may lie inside R. (d) dew{p) or bubble(p} may lie cn the
boundary of R (¢) dew”™) or bubble(p) may be collinear and lie on the
boundary of R.
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The dew-point composition of 7, dew(B), and bubble-point composition of 5,
bubble(p), may be determined. The equation describing the composition of a liquic
undergoing simple disdilaiion is;

=%-3 2.2)

S8

The composition wajectory of the residual vapour in the simple cmiﬂcﬁsing process
is:

& .53
Fi3 N-X (2.4)

that is, the tangent to the liguid residue curve for a simple distillation process
initiated at p is the vector p—bubble(p). Similarly, the tangent ta the vapour residue
curve at p for a simple condensation process initiated at  is the vector p—dew(p).

1. The region R must be coavex. If there were a concavity in the region, such
as given by the dashed curve between A and B in Fig. 3.4(a), mixing lines,
such as AB, could fill in the concavity,

2. X cither dew(p) or bubble(p) lies outside the proposed product region, as
shown in Fig. 3.4(b), then a mixture of one these compositions m:;y be
obtained which lies outside R, and R may be extended. |

"3, If cither dew(B) or bubble(p) lies inside the product region R, as shown in
Fig. 3.4(c), then the vector p—dew(p) or p~bubble(p) points out of the
product region, since R is convex. Therefore, by eq. (2.2) or (2.4),
respectively, the liquid or v..your residue curve must, at least initially, leave
the proposed product region R, and compositions outside of R may be
obtained, Therefore R may be extended. |

4, Ifpis -i»qual to dew(p; or bubble(p), then P is a singular point in the liquid
residue curve map. In this se, D is either a pure component vertex or an
azeotrope (Doherty and Perkins, '1978). Al singular points, with the
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- exception of témary azeotropes, therefore™ lie on the boundary of the
composition triangle. -No further separation is possible from such points by
simple distillation or simple condensing.

If R concists of a single point of composition p, which is a ternary azeotrope,
then P cannot be extended. If, however, R consists of more than one point,
not every point on the boundary of R may be a singular point, since singular
‘points are isolated (Doherty and Perkins, 1979a), Then R may be extended
from another point on the beundary of R by the methods of points 1, 2, 3 or
5. __

5. If p, dew(p) and bubble{p) all iie on the boundary of R and are not collinear,
as shown in Fig. 3.4(d), then the vector p—bubble(p) or p—dew(p) points out
of the region and the region may b+ extended. If p, dew(p) and bubble(p) all
Iiz on thp boundary of R and are cbllinear, as shown in Fig. 3.4(e), then the
region R cannot be extended by the processes of simple distillation and
simple condensing at p. If every point on the boundary of R has this
property (i.e., bubble(p), dew(p} and p lie on the boundary of R and are .
collinear) then the boundary is a perfectly straight line. In this case X camot
be extended. The only two types of lines which have this property are the
boundaries of the composition triangle and perfectly straight residue curves,

"~ which are thought not to exist (Doherty and Perkins, 1978, citing
Schreinemakers, 1502).

It has thus been shown = at, in general, only the boundaries of the compositi 3
triangle may form boundaries to the region of feasible products for processes
comprised of simple distillation, simple condensing and mixing,.

It may be concluded that, by the processes of simple distillation, simple
condensation, mixing and phase change, any composition may be achieved, and that
the region of feasible products is the entire composition space. This result may seem
trivial, but it indicates that there are no absolute boundaries for VLE separation
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processes. 1t follows that product limitations are not inherent to VLE 'é.epmﬁon, but
arise out of the choice of separation equipment. In particular, that not every product
may be obtained for a sequence of one or more distillation columns is a result of the
choice of distiliation colunins.

The discussion on feasible products of simple distillation and condensing processes
has concerned itself only with feasible product compositions and not with cost. The
processes proposed (for example, that to obtain a mixture of composition M in the

‘previous section) are achievabie only in the Limit. 'To obtain a finite amount of .

product, an infinite quantity of feed, an infinite amount of heating or conde~sing,
and equipment of an infinite size would be required. A ‘similar result was found by
Wahnschafit er al. (1992) for distillation columns: the products on the boundary of
the region of feasible products ave obtained at the limi:ﬁng conditions of reversible
distillation, and are therefore associated with infinite costs. Clearly, there are
Limitations to working in composinon space.

3.3  Feasible products of one and two flash stages

The product region for VLE separation processes is the entire composition space.
In this section, the sub-regions of products for processes comprised of one or two

flash stages will be presented. It has been seen that colurmn distillation is a compler.
process which is not yet clearly undorstood. A distillation column is a series of flash

stages, with the feed to each stage comprised of a mixture of the vapour product

from the stage below and the liquid product fiom the stage above. This work aims

to shed some light or: the operation of distillation columns by examining and
comparing the feasible product compositions of processes comprised of one or iwo
flash stages and mixing. ’

The vegion of feasible products for a single flash stage may be extended by the use
of a second flash stage, Three configurations of two flash stages are investigated in
this section, namely, two flash stages arranged in parallel, in series and in series
with reftux. Mixing is restricted to forward mixing, but the reflux in the third cuse
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forms an internai recycle.
3.3.1 Feasible products of a single flash stage

In a flash stage, a feed of quantity F and composition Z is separated into a Y¥quid
product of quaniity L and composition X, and its equilibrium vapour product of
quantity V and camposition: y, as shown in Fig, 3.5. The mass balance for this
process is given by: "

Te¢7 + -BF 3.0

where ¢ is the fraction of the fc which is vaporized, equal to V/F, from which it
follows that 0= ¢ < 1; equivalently:

FoEeeE oD g

That is, the veciors X~Z and Xy are collinear, with their relative lengths given by~

the lever-arm rule,

Fig. 3.5 Stream flow rates an¢ compositions of a sii;tgla flash stage.

‘When a mixture is flashed, its vapour and Liquid products must be an equilibrium
pair, and the feed, vapour product and Hquid product must lie on a straight line, with
the distance between the points given by the lever-arm rule, These criteria are valid
for ternary as wall as higher dimension systems, and combine to give a locns of
feasible product pairs. For a ternary system, these pairs may be plotied in two-~
dimensional composition space. Fig. 3.6 shows a number of such product pairs for
a particular feed, corresponding to a number of different values of ¢.

The flash product locus has a structure of two contiguous arcs, one of which is the
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liguid product locus, and the other the vapour product locus. The arcs meet at the «
feed csomposition, Z, and have as end-points the dew-point composition of the feed
(denoted by dew(Z)) on the liquid locus, and the bubbie-point composition of the feed
(denoted by bubblez)) on the vapour locus, The point dewiz) represents the liguid
product in the extreme case where no liquid is formed (¢=1) and bubblez)
represents the vapour product in the extreme case where no vapour is formed (¢ ==
0). In both cases the second product has the same composition and flow rate as the
original feed. The arc-ends dew(z} and bubblez) represent a limit on the amount
of separation which can be achieved in a single flash stage.

040681
0.3081
0.380~

oaszt ¥08f

0.376+
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Fig. 3.6 The liquid and vapour product loci of a single flash stage
with feed composition z. Equilibrium liguid-vapour pairs are given
for a range of ¢ values, where ¢ is the fraction of the fead which is ,
vaporized.

There ate restrictions on the geometry of this construction. Since, for example, a
particular liquid has exactly one equilibrium vapour point associated with it, there
can only be one intersection of the line through ¥ and the feed Z and the vapour
product arc. Therefore, concavities in arcs, zuch as that illustrated in Fig. 3.7(a),
are not feasible, because there would be two vapour products, of compositions¥; and
¥, in equilibrium with a single liquid of composition .
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The liquid loci of two different feeds (7; and 7) also cannot intersect at X without _
the vapour loci also intersecting, as shown in Fig. 3.7(). If they could, this would
imply that two different vapour compositions were in equilibrium with X at the
; © .ection point. Similarly, vapour product loci cantiot intersect without the liquid
Toci also intersecting, '

¥ ,.'.I 3.7 Impossible geometries of flash product foci. (2} A concavity
in the vapour product arc. (b) The liquid product arcs intersect while
the vapour product arcs do not. _ :

The limiting flash cases occur where an infinitesimal quantity of vapour or liguid is
separated from the feed. Thepseductlomnearmmefeedpomtareexammed at
the limiting conditions. Equation (3.1) may be differentiated with respect to ¢ to.
obtain:

0-5-F+Z -0 R

&Iﬁ-:

For ¢ approximately equal to one, ¥ and Z are equal, ind ¥ and dew(Z) are equal.
Therefore: |

(3.9
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H
=
i
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0=y-% o (3.6)
or, equivalently: _
\ . i
df - - - - ' .
-a-a- I;_E =X - y=z- bubbfﬂ(:.) . : (3'7)

These processes are identical to the simple condensation or distillation process when
the first differential awount of liquid or vapour is removed from a feed of
composition Z. The simi:l_e condensation and distillation proce  ~re described,
respectively, by eq. (2.4) and (2.2), from which it follows:

%H_Efy"-ifi-dewﬁ) | (3.9
?Elmaijifé—bubble(i) - )

It may be seen that the vapour product locus nearZ, as given by eq. (3.5) is identical
0 the differential condensation trajectory at the feed, as described by eq. (3.8), The
tangent to the vapour locus is equal to the vector z—dew(z), as shown in Fig. 3.6.
Similarly, the tangent to the liquid locus near Z is the vector Z—bubbie(Z), as
iltustrated in Fig. 3.6. |

The geometric properties of the ends of the arcs, i.e., the product loci close to

dew(z) or br.rbblef’i), for the limiting procésses of & Lo g o 1, have not been
determined.
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The arc between an equilibrium pair of points X and ¥ is not unique. Thevapour
product arc for a flash with feed X is not identical to the liquid product arc for a
flash with feed ¥, although both arcs share the same end-points. The flash product
loci for feed compositions X and bubblex) are shown in Fig. 3.8.

The distance between the extreme compositions which are achievable for a process
comprised of one or more flash stages and mixing, is defined as the "span” of the

process. The span of o single flash stage is the distance from the dew-point

composition of the feed to the bubble-point composition of the feed.
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F‘g. 3.8 The vamwr—product aze of a flash with feed oompomuon x
is mot- identical i the Lquid-product arc of a flash with feed
composition bubblefx), although the end points are commori.

Feasible producis of a single ﬂash stage and forward mixing .

The arz-pair product locus of Fig. 3.6 is the set of all possible products for a single
flash separation. For a process comprised of a single flash stage and forward
mixing, approysiate quantities of some feasible X~y product pair may be mixed to
obtain any point on the mixing line X—y. The product region contains all such
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straight lines joining feasible product pairs. The region of feasible products is
bounded by the arcs and the mixing lines joining the feed, Z, and dew(z}, and joining
Z and bubble(z), as shown in Fig. 3.9.

Fig. 3.9 The pr::duct region of a single flash stage and mixing,
bounded by the mixing lines z-—dew(’i) and z-—-bubble(z') and the flash
product arcs.

Feasible products of a single flash stage and recycle

Riacycle is "reverse” mixing, where achievable downstream products are mixed with
upstream process streams, such as Othe feed. It is the opposite of forward mixing,
in which streams may be mixed but these mixtures are not reintroduced upstream in
the process, A single flash stage with recycle is illustrated in Fig. 3.10. The nett
feed composition to the flash stage is of composition Z*, but since 7* is a mixture
of y and 7, it follows thatX, ¥, Z, and z* alf lieon 2 siraight line, as shown in Fig.
3:41; that is, ¥ and 7 are an equilibrium product pair of a flash of feed 7. The same

sument holds for all choices of Xy, whether it is the vapour or liquid product
which is recycled. It follows that the product region for a single flash stage with
recycle is identical to that shown in Fig. 3.9 for a single flash with forward mixing.

Vi

FE rF* E*k _

I
e
e
LX
Fig. '.;:.10 Stream flow rates and compositions for a flash stage with
recycle.
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Fig. 3.11 The points X, z, 2z and ¥ represent stream compositions
for a single flash stage with recycle. The pair x— is a feasible
product for a single flash stage of feed z* or z, i.e., with or without
recycle,

3.3.2 Feasible products of two flash stages arranged in parallel with mixing

The feasible products of two equilibrium flash stages arranged in paraflel with
forward mixing, as shown in Fig. 3.12, are investigated, The feed to the process,
of composition z, is split and fed to two flash stages, both of which have the same
product locus. The products from the first stage are of composition X, and y., and
those from the second stage of composition X, and .. The fractions of tﬁfe feed
vaporized in the first and second flash stages, tespectively, are denoted by ¢ and
¢, Any combingiion of these four products may be mixed to form the final
" products. The product region for this process is found by examining the region of
feasible products when both ¢, and ¢, are fixed, when only ¢, is fixed, and when
neither &, nor ¢, is fixed. It is noted that once a product composition, such as p,
in Fig. 3.12, is specified, the other product composition, p,, may not be
independently specified,

Two feasible product pairs are shown in Fig. 3.13(a) for the case where ¢, and ¢,
are specified. The products from the two stages may be mixed in any proponiions.
Therefore the region of feasible products of the process, for some arvitrary fixed
values of ¢, and ¢,, contain all possible mixing lines betyeen these four products.
The product region is bounded by the mixing linss joining the points X, ¥, X, and
¥, as shown in Fig. 3.13@).
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Fig. 3.12 Stream compgsiﬁons for two flash stages arranged in
parallel with mixing. ‘The two final products, of /'omposition p, and
D1, are some mixture of the intermediate products.

Where ¢, is fixed at an arbiirary value and ¢, is not fixed, the points X, and ¥, may
lie anywhere on the one-stage product arcs fora feed of compositi&n Z, as shown in
Fig. 3.13(b). The streamn of composition X, may be mixed in any pmportmn with
all possible liquid or vapour products of the second flash stage. Therefore the mixed
product may lie on any mixing line between X, and points on the vapour product
locus, or on points on mixing lines joining X; and poims or the liguid produc{ arc,
Mixing lines between X, and points on the lquid locus lie within the region of -
feasible products for a single flash stage; they do not, therefore, extend the product
region, and will not be discussed further. A fian of mixing lines may be congtructed
joining X, to points on the vapour product are. ‘The outermost fines of this fan are
those joining X, to bubble(z) and joining X; %o the point ¥, where the tangent to the
vapour product locus is collinear with the mixing line X,~¥, as shown in Fig.
3.130).

Simitarly, the stream of composition J; may be mixed in any proportion with points
on the liguid product arc. A fan of mixing lines from ¥, to points on the Hguid
product arc may be constructed, as shown in Fig. 3.13(c). 'The outermost lines of
this fan.are thosc joining ¥, and dew(z) and joining ¥, to the point ¥ where the
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tangent to the liguid product are is collinear with the mixing line 'f;--i ’ Linc;
joining ¥, to points on the vapour product azc do not extend the one-stage product
region, and will therefore not be examined further.

For the mixing fans shown in both Fig. 3.13(b) and 3.13(c), it may be seen that

products with compositions in the concavity near the feed are achievahls, which was
not the czse for a single flash stage,

AME)

) ¥

Fig. 3.13 The feasible products of two flash stages arranged in
parallel. (2) ¢; and ¢, are fixed. The region of feasible products is
bounded by the mixing lines between X;, ¥,, ¥, and ¥,. (b) The fan of
‘mixing lines from X, to points on the vapour-product locus. (d) The
fan of mixing lines from ¥, to poin!s on the tiguid-product locus. (5)
The convex region of feasible products, ABCDA. -

For each value of ¢, which is specified, similar mixing fans may be constructed.
The feasible product region for two flash stages arranges” in p{arfallel is the union of
all such mixing fans, One of the outermost mixing hnes in this union is the fine
joining dewfz) t» bubblefz). This is the line #D in Fig. 3.13(d). - The other
outermost mixing line is that which is tangential to both the liquid product arc and
the vapour product arc: at its ¢nd-points. This is the line BC in Fig. 3.13(d). The
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wonvex 're.éién ABCDA shown in Fig. 2.13(d) is the feasible product region for two
flash stages arranged in parallel with mixing,

v

fk

3.3.3 Feas:hie pmdutl‘s of two flash stages arranged in series with mixing

When iwo flash stages are arranged in series, a feasible product fr’bm the first ﬂash
stage forms the feed to the second flash stage, as shown in Fig. 3.14; that is, the
feed to the second flash stage lies within, or on the boundary of, the product region
for a single flash stage.

1 -

F" — - * P : !‘
' V. ;'
iz oV, e’ I
£ &, .{. B’-: - » § d ff
I-—-»Xz
ii > X,

Fig. 3.14 Stream composiiions of two flash stégus afra’:iged in series.
The overall product streams are some mixture of the streams of
composition Xy, ¥, X; 2ad ¥, -

First it will be shown that only the second-stage feed compositions lying on the
boundary of the one-stage product region need be examined. Consider an arb;trary
feasible product region, R, as shown in Fig. 3.15. If some point 4 in the interior
of this region forms the feed to a flash siage, then a product of this flash may lie
within R (for example, at point B), on the boundary of R {(such as point C), or
outside of R (for example, at point D). Only one of the products is considered here;
the argument applies equally to either of the products. Point D i i assumed to be in
equilibrium with a point D’, which may lie inside, outside, or on the boundary of
- the region R, By rass balance, points D, 4 and D' lie on a straight line.

[
Lo

Points B and C lie within the region R, and are not of irterest, since the feasib!e
product region is not extended by the flash separanon of the mixture atA Point D
lies outside the region, and the line AD intersects the boundary of the tegmn R at
point E. Since D and D’ aye an equilibrium product pair, and E lies on the straight
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line between these points, it follows that D and D’ are feasible products for a flash
stage with fead composition E. That is, any products, such 2s D, which extend the
product segion, nay be obtained as flast products of feeds lying on the boundary of
the product region R. it inay be conciuded that only compositions cn the boundary
of the product region for one flash stage need be considered as feeds to a second
flash stage arranged in series. '

Fig. 3.15 An arbitrary region of fzasible products, R. A flash with
feed composition at 4 may have prodacts iy ing inside, outside or on
the boundary of R. :

in order to construct the product regiv:: for two flash stages arranged in series, fe;éds
lying on the product arcs of a single flash stage, where there is no mixing after the
first flash stage, and feeds lying on the lines T—dew(s) and Z—bubble(z) wili be
considered separately. : ‘

First consider the case where the feed to the second flash stage les on the first stage
liquid product locus, and is of composition X;, and the products of the second flash
stage are of compositions X, and ¥,, The remaining product from the first flash
stage, of composition yy, may he mixed with the second stage products. Fig. 3.16(2)
shows a particular first-stage product pair X,, ¥;, and the Iocus of second-stage
products where the composition of the second-stage feed isX;. A fan of mixing lines
may be constructed fromm 3, fo points on the second-stage product locus. The region
of feasible products for this process is bounded by the second-stage product arcs and
the Hine joining dewfx,) to bubblefx,), where bubble(x,) = y,. Similarly, Fig.
3.16(b) shows the region of feasible products where the feed to the second flash
stage is of composition ;. |
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Fig. 3.16 The feasible products for the second of two “osh stages
arranged in senes with mixing. () The products f. u feed of
composition ¥, mixed with the stream of composition ¥,. (b) The
products for a feed of composition X; mized with the stream of
composition y;.

The region of feasible products for two flash stages arranged in series, where the

second-stage feed lies on the curved boundaries of the single flash stage product
region, is giver in Fig. 3.17(a).
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Fig. 3.17 The feasible products of two flash stages arranged in series
with mixing. z: (0.38, 0.22, 0.4). (a) Secund-stage feed compositions
lying on the first stage product arcs. (b) Second-stage feed
compositions lying on the lines z—dew(z) and Z--bubble(z). (c) Total

product region.
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One of the boundaries of the product region for the process is an envelope made up
of the outermost points which lie on the second stage arcs. Fig. 3.18 shows two .
adjacent arcs g, and a, which are, for example, liguid product loci for two adjacent
feeds f; and £;. ‘The points p, {on @) and Dy {on @) lie on the envelope of outermost
points if the tangent i a; .at P1, the tangent t0 g, at ;. and the line p—p, are
collinear. The points o1 the envelope are generally finite quantity soli tions, where
they are not at arc-tips, and may be vapour or liguid products. The bovndary is
formed by three such envelopes: that where ff and f; are both liquids, where they are
both vapours, and where one is a vapour and one 2 liquid, such that &; and g, are
adjacent although £} and £ are not.

Fig. 3.18 Points p, and p, on arcs g; and g, iie on the envelope of
boundary points of the region of feasible products for two flash stages
arranged in series.

The other boundary of the product region shown in Fig. 3.17(a) is an envelope
formed by the lines that join the dew-point and bubble-pb‘int compositions of the
second-stage feeds. The points on this bi)undary are zero-quantity solutions, In this
example, these lines appear to intersect at just two points, but closer numericat
inspeciion shows that there is not a unique pair of in:arsection points.

Fig. 3.19 shows the product compositions of the process where the feed to the

second flash stage, Z,, B2s on the line Z—dew(z). ‘The products of the second flash
stage lie on the product arcs of a flash with feed composition Z,. Sinée Z, 7, and
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dewiz) lie on a sasight line, 7—dew(Z) is also a feasible product pair of the ﬂasl;/
with feed Z;, aind the product arcs pass through these three points. The point’
bubble(z,), incidentally, does not necesszdly lie on the line Z—-bubblez), since =
*bubble* is nct a lineas transformation, ie., bubblefo 3 + (I~a) 5} # « bubble(s)

4 {1~a) bubblefy) for some scalar o such that /ﬂs a1,
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Fig, 3.19 The feasible products for the second of two flash stages
arranged in series. The feed to the second flash stage lies on the line
Z—dew(z), and the feed to the first stage is at (0.38, 0.22, 0.40). .

Points on the line z—dew(z) and z—bubblefz) are of zero quantity. “Therefore the
other first-stage product is identical to the feed in composition and quantity. A fan
may be constructed containing mixing lines between Z and peints on the second-stage
product tocus, as shown in Fig. 3.19. Some of the second stage feed hiay be
bypassed and mixed with second-stage products. Therefore 2 mixing fan may be
constructed between z, and points on the second-stage product arcs, as shown in Fig.
3.19. The union of these two mixing fans constitutes the product region for a fixed
Z; composition. |

The point Z, may lie anywhete on the lines z—dew(z) and Z—bubble(z). Thnerefore
the region of feasible produets, shown in Fig. 3.17(b), is the union of all product
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regions such as that shown in Fig. 3.19,

The total feasible product region for two flash stages arranged in series is given in
Fig. 3.17(c); it is the union of the regions shown in Fig. 3.17(a) and 3.17(@).

3.3.4 Feasible products of two flash stages arranged in series with reflux

In the process comprised of two flash stages arranged in series with reflux, one
product from each flash stage forms a feed to the other flash stage, as shown in Fig.
3.20. The feed to the process may be added to cither stage I or stage Il. Muaing,
other than internal recycle, is restricted to forward mixing, In 2 distillation column,
each stagé is-an equilibrium flash stage, and both products from each stage form
feeds to adjacent stages. Essentially, the processes shown in Fig. 3.20 are two-stage
distillation columns.

Fz - FZ

Vg

- : - Vv, ¥
'L("-'x: lle=m I > L I (...__....’ 11 .V’y
L X L, %, 2 ¥z

Fig, 3.20 Stream flow rates and compositions for two flash stages
arranged in series with reflux, The feed may be added to the first or
second flash stage.

The feed to the process is of composition 7 and flow rate F. The liquid and vapour
products from stage I are of composition X; and y;, and flow rates L, and V,
respectively, Those from stage I are of coj’fnposition Xy and ; and flow rates L, and
V., respectively. The streams L, and V; are removed as products of the process.
There are two symmetrical arrangemeliits of this process, since the feed to the
process may be added to the first stage o1/ to the second stage. The mixture between
the process feed and the reflux forms': a nett feed to one of the flash stages of
quantity F* and composition z*. The i‘ractlons of the nett feed to the first and second
stages which are vaporized are ¢; and ¢,i respectively,
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Feasible products: feed added to second flash stage

The product region of the process with the feed added to the second stage is
discussed in detail. When the feed is added to stageII the feed, of composition 7
and flow rate F, and the first-stage vapour product,. of composition ¥, and flow rate
V;, mix to form a nett feed to the second stage of o position z* and flow rate F",
The fractions of feed which are vaporized in each s'tagé are given by ¢, = V,/L, and
¢ = VJF". ”

¥or a given feed, and some feasible liquid product composition X;, a range of
feasible vapour-product compositims, Y2, exist, where x,, Z and ¥, lie on a straight -
line. Each feasible ¥, composition is asscciated with a different ¢;, ¢, pan' It
appeass that the extreme Yy, compositions arise where there is total reﬂu{('rthe feed
flow rate is eff=ctively zero} and where ¢, or ¢, is minimized or maximized (that is,
¢, or ¢, equals zero or one). (This observation has not been proved, either
generally or for the thermodynarmics used here.) The product loci for total reflux
‘and extreme valdes of ¢y and ¢,, therefore, “t;orm boundary candidates for the
product region. These product Ioci are examined in some detail,
At total reflux, the feed flow rate, F, and therefore, the prbduct flow rates, L, and
V;, ate all zero, The internal strezms, V; and L, are equal, in both quantity and
composition, so §; = X, Since X, = dew(yy), and X, = dew(y,), it follows that x,
= dew(dew(y,)). The locus of points for which this property holds and for which
the mass balance holds ~ %;, Z and ¥, lie ¢n a straight line — is the product locus
at total reflux. These curves are labelled 4 in Fig. 3.21 and Table 3.2.

When ¢; equals zero (and the feed flow rate is non-zero , V, is zero, so L, equals
L, in both quantity and composition, and X, = X;. It follows that ¥ = bubbiz{x,);
that is, X, and ¥, are an equilibrium product pair of a flash with feed compositionz.
The product locus, Iabelled B in Fig. 3.21, is the product pair of a single flash stage
with feed composition Z. _ -

[H
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When ¢, equals one (and F 5 0), then L, is zero. Therefore V; equals F and L,
equals V, in quantity and composition (and 7 = ¥, and J; = ¥p. It follows that %,
= dew(dewfZ)}. A unique pair of points satisfies the cendition that ¢, = 1.

Tf ¢, equals zero aryl F = 0), V, is zero. Therefore L, equals ¥ in composition and

quantity: ¥, = z. The feed to the second siage is & mixture of the process feed, of
composition %, and the vapour product of the firs stage, of composition ¥, =

bubble(z). The composition of the nett feed to the sacond stage, 7%, lies anywherse
or: the line z—bubble(zj. The composition of the vapour product of the process, ¥,
is the bubble-point composition of 7+, since ¢, = 0. 'The curve labelled Cfj) in Fig.
~ 3.21 is the locus of ali such points, that is, the set of all ¥, such that ¥, = bubblefaz
+ (1—a) bubble()) where 0 < o < 1. Because there is not a linear retationship
bem;;eﬂ equilibsium liquid and vapour compositions, the locus C{5)}, mapping a line
of poiﬁts 1o their bubblz-point corrpositions, is not necessarily a straight line.

0,384 1

0.376 ¢

03684+

0.360 %

352 } ) : ; i ; }
034 036 . 040 042 044 046 D48
Xa

. Fig. 3.21 Product region and boundary candidates for two refluxed
flash stages and mixing. z: (0.38, 0.22, 0.4).

Boundary candidates of the region of feasible products

The curves 4, B, Cand D are boundary candidates for the refluxed configuration of_

Chapter 3 Feasible Products of VLE Separation Processes 54



two flash stages, wherethefwdzsaddedton, . \undstage Cnr\feAisatotal
reflux product locus, and is therefore associated thh a zeroquantity t'eed the other
product curves (except for curve B) are associated thh the zero-quantity product,
‘while the co-produst is identical o the feed. |

A symmetrical set of boundary candidates (curves 4, B, E and F) may be derived

for the case where the feed is added to the first - ° the two flash stages arranged in
series with reflux. Table 3.2 summarizes these resalts.

Table 3.2 Boundary candxdates for the feasible product regmn of two

flash stages with reflux. i
Feed Case X, composition ¥ composition Product
Stage I | Total dew(dew(y.)} .y, s0dx leona |zero
orII }reflux [#] straight line :
Stage L ig, = 0[B8] hqmdproductofﬂashthh vapour product of flash [inite
feed Z with feed 7
¢ =1 |dewfdewlz)) B o AL=0, Vym=F
¢ =0[CI[z \ bubble(s,) where X, ties |L;=F, V;=0
' N R lon line Z-bubble(z}
¢, = 1 [D] [liquid flash product of feed |7 ' L,=0, V;=F
dew{z))
Stage L |¢, = O [E] |2 ' vapour product of flash {L,=F, V,=0
 with feed bubble(z) :
& = 117] |dewiy), where y, liesson |2 L,=0, V;=F
:‘!;r ' the line Z-dew(z) ‘
$=0 |z bubble(bubble(z)) L,=F, V;=0
1, = 1 [B] | liquid product of flash with | vepour product of flash | finits
feed 7 with feed Z

Geometry of boundary candidate curves

A number of features of the geometry of these boundary candidates have been

observed and are noted below.
«  Curves B{X) and B(y) are the product loci of a flash with feed z. Taerefore
at 7 the tangent to B{X) is the line z—bubblefz) and the tangent to By} at Z
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is the line Z—~dew(z). s

. Cutves EF) and DE) are also product ior:z for a single flash stage and”
therefore at dew(z) the tangent to D) is Z—dew(Z) and at babb!efi)
tangent to Ef) is Z—bubble(z).

. Curves A%} and Ay arc the total reflux product loci. It is shown below that ‘
at 7 the tangent to A(X) is —bubble(bubble(Z}) and the tangent to &fy) at 3
is Z—dew(dew()).

+ Curves D) and F{%) both have dew(Z) and dew(dew(Z)) as end-points. It
is shown below that these cirves may not intersect. Similarly, #%) and CG)
may not intersect. Which curve is “interior” depends on the system

. thermodynamics and the feed composition.
«  Curve Fix} is the i iocus of dewy,), where ¥, les on the straight line between
0z and dew(z). 1t appears that at dew{zj, the tangem W Fix) is equal to the
tangent to BE). Sirtdlarly, at bubble(z), the tangeﬁk o CF) appeass 10 be
equal to that of curve By).
The geometry of the process requires that7, X, and ¥, Jie on # straight line (from the
overail mass balance) as do X, X; and ¥; Z, ¥; andE- Ya- X, and Z*. E’helmgths
of the line segments of thes., stra:ght lines mnet a!so satisfy the mass balance.
Fnrthermore, X~y and X, xz"‘"yg are equilibrium pmrs Various iterative calculational
methods may be used to find product composmons X; and y, for a given feed of

composition Z and quannty F.

On the total refluz product loci the points X, bubblefbubble(x,)} (which is equal to
¥,) and 7 lie on a straight line. Henee:

T=ak +(1 - a) bubbleE) | [ G0
where bubblé(5} = bubble(bubble(z)).

This equation may be differentiatet ‘with respect to « to obtain:
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As o approaches urity, and X approaches z, the X, locus is described by:

d"" L = bubble*®) - %, = bubble*(7) - F (3.12)

wal

Similarly, as « approaches ztro, and ¥, moves towards 7, the 3", locus is deseribed
. by:

d_
du

ihrs is, the X, and y, loci near 7 have tangents bubble(bubble(z}}~z and
dew(dew(z))—Z respectively.

Another property of the boundary candidates is that curves D{x) and F(X) may not
intersect. The justification for this statement follows:

-—-_.(. .

\ r

D) is the liquid product of a feed of composition dew(z). The locus of bubble-
point compositions of points lying on Dix), which shall be denoted by D), may
also be constructed. The curvas D{F) and D(j) are the product loci of a flash with
‘Yeed dew(Z). The curve F{%) is the locus of the dew-point compositions of points
lying on the line z—dew(z). I curves D(x) and F(i} intersect, and the line
Z—dew(Z) and the curve DfF) do not intersect, then this implies that the liquid of
composition x; has in equilibrivm with it vapours of compositions ¥, {on D)) and
v, on the line z—dew(z), which is not possible. But the line z—~dew(z) and the
vapour locus D(3) may not intersect, without D{y) containing concavities, and these
are not possible, as discussed in Section 3.3.1. An analogous atgument may be
constructed to show that the loci CfF) and EF) do not intersect.
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Conclusions: Feasible producis aof two refluxed flash stages

Fig. 3.21 illustrates the extremal product loci for the refluxed configuration of two
flash stages. The region of feasible products, when forward mixing is considered,
contains straight lines representing the mixing of feasible X, —y, product pairs. For
* the case illusirated in Fig. 3.21, the owermost mixing lines are those joining z and
dew(dew(z)} and joining z and bubble(bubble(z)). The total reflux arc pair (curve
A) forms the other boundary of the region. 'I'he other "boundary candidate” curves

(curves B to F) ali lie within the product regmn, w5 do 4l the other mixing lines. . |

In the case shown in Fig. 3.22, in which # 'etent feed composition is nsed, past
of the F{x) and D{x) product loci lie beymd L mixing line z-dew(dew@) The
vapour co-pmduct for both these loci has the same composition and quantity as the
feed. The product region may be extended by mixing between 7 and the extreme
liquid product of composition p on Dz). Atp, the tangent to the Fij locus and the
mixing line 7—Z (which is not shown) are collinear. Since the liquid products
represented by Fx) are of zero quantity, so are the products on the line p—Z.
Whether the mixing fines Z—-dew(dew(z}} and T—bubble(bubble(z)} form boundaries
to the pfoduct region would appear to depend on the curvature in that vicinity. It
appears that the to‘al _;'gﬂux_-.,proﬁuct locus is always a boundary to the product region
of this process, and that ‘the chiter boundaries are formed by mixing lines and the
bmmdary candidates presented in Table 3. 2, or pornons of these curves and mixing

lines.

In the process comprised of two refluxed flash stages, only external products —
streams which enter or leave the process as a whole — are considered feasible. For
example, for some feasible liquid-product composition, X, the equilibrium vapour
stream of composition ¥, may lie outside the =2gion of feasible products. A stream
of this composition cannot be removed from within the process, since the
composition y; is only attainable because nore of that stream has been removed.
Fig. 3.23 shows a set of y; compositions which may occur under total reflux
conditions, part of which Hes outside she region of feasible products. Van Dongen
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and Doherty (1985b) also showed how compositions may be achieved within a

distillation column which lie outside the feasible product region for that column.
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Fig. 3.22 Product region and boundary candidates for two refluxed
flash stages and mixing. z: (0.25, 0.35, 0.4).

s 008 Obs om0 o om  ou o
Fig 3.23 The compositions of internai streams may lic outside the
region of feasible products of two refluxed ﬂash stages, Zz: (0 38,
0.22, 0.4).

Points on the mixing lines Z—dew(dew(Z)) and Z—bubble(bubble(z)} are alt
associated with zero-quantity products, since the co-product from these processes is
identical to the feed. Points on the total reflux product arcs represent zero-guantity
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products, since, at total reflux, the feed flow rate is bffacuvely Zcﬁ? Therefore all
the boundaries of the product region repre:mt xmprachcal solutt%ns* in order to
achieve finite amounts of product, infinite amounts of feed, infinite equipment sizes,
and an infinite amount of heating or condensing would be r-jjuired, Once again,
composition space is found o produce answers of limited applicability,

The “two-stage distillation column”™

The refluxed arrangement of two flash stages is effectively a two-stage distillation
column, or a distillation column containing only & partial reboiler, partial condenser
and a feed stream. Since this process is less complex than the column distillation
process, it is relatively easy to determine the region of feasible products.

The conditins of total reflux were found to give rise to the boundary of the region
of feasible products by Stichlmair er ¢l (1989) and Koehle . et al. (1991).
Wahnschafft ez al. (1992) found that the boungaries are associated with feed pinch
point curves, and therefore reversible operation of the distillation column.

Similarly, for the "two-slage column®, total reflux conditions appear to give rise io
a beandary of the product region. Conditions similar to those of re{?@:rsible operation
occur when the compositions of the passing streams, X, atrj‘?-l'f,'me an equilibrium
pair. Therefore no further separation takes plase in one of the fiash stages and the
locus of frasible products is the curve B, which is the product locus of a single flash
stzge. In Section 6.4.4 it is shown that conditions of zero reflux are found to form
a boundary to column profile regions. Zero reflux, which is taken to be the casé
where the flow rate of the stream which is reivmed to the feed stage is zero, gives
rise to the same product locus, curve B. Curve B is a boundary candidate to the
product region for two refluxed flash stages. The other boundary candidates, curves
Cio F, do noi appear to correspond to linvits of the coluwmmn distillation process.

Like the boundaries of the product ragion for distillation, all the boundary candidates
are a-sociated with the limiting conditions of zero-quantity feed (at total reflux) or
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a zero-quantity product (when the co-product is identical to the feed). Therefore,
one would expect costs to be infinite on the boundaries of the region of feasible
products for beth the two refluxed flash stages and a distillation columr.

It is difficult to make a meaningful extrapolation of the results of the-two-stage
distillation column to dis=ation columns generally. The mixing lines between z,
the feed cornpositi&n, and dew(dew(?)) and bubble(bubble(z) may or may not
intersect the boundary candidates, but it is not clear under what conditions this will
take place. It is not yet possible to infer the rules for the houndary of a two-stage
distillation column. learly, distillation is a complex process, which may not be
described well by simple rules.

3.3.5 Feasible prodncts of two flash stages: Comparisons :nd couclusions

The zegiohs of feasible products for three different configurations of two flash stages
itave been determined, and are illustrated, for a particular feed cnmpos:ﬁon and
thermodynamic system, in Fig. 3.13(d), 3.17(c), and 3.21. 'The three product
region: are superimposed in Fig, 3.24, which permits their comparison.

When two flash units are arranged in parallel, the region obtamed (the white reg;on
containing E, F and 3) is convex. Both zero-volume and fintie-quantity solutions
are found on the boundary. The span of the product region is from dew{z) (at E)
to bubble(z) (at G). For two flash units arranged in series, the span of the product
region (the region of dark shading) is dew(dew(z)) (at A) 10 bubble(bubble(z)) (at iJ).
The region is not convex, and the boundary contains both zero-volume (A—E—D)
and finite-volume (4 ~B-C-D) solutions. For the refluxed configuration of two
flash stages, the span of the product region is also dew(dew(z)) to bubble(bubble(z)).
The region {which is lightly shaded) is not convex, and the boundaries are in all
cases zero-quantity solutions, as was shown in Fig. 3.23. 'The boundaries
A—H~B—F znd F~C~J~D are obtained under conditions of total reflux. Internal
flows may have compositions which lie cutside the product region.
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Fig. 3.24 The product r&gions. for two flash stages amranged in
parallel (white), in series (dark shading; and in series with refiux
(light shading). Z: (0.38, 0.22, 0.4). :

When these three product regions are compared, it is found that all the products for
the configuration of two flash units in parallel may be cbtained by serial arrangement
of two flash units. However, the regions for two flash units in series and two Tlash
units in paraliel do not completely contain the region for two flash units with reflux,
nor vice versa. 'When using fwo flash stages tn series or in parallel, it is possible
to obtain some products (in the region of B, € and F) which cannot be obtained
using reflux. Similarly, the refluxed process can achieve some products near the
boundaries A—H—B and C—J—D which cannot be obiained without reflux. Some
products which can be achieved by both two stages in series and two stages with
refiux (for example between B and F and between € and F) use finite fiows in the
first configuration and total reflux in the second configuration. This implies that, by
the first metho” the costs are finite and, by the second, in order to obtain a {finite
produet flow, costs are infinite. Alid:ongh cost has not been studied here, it can be
seen. that the serial configuration may be more cost-effective than the refluxed configuration.
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These findings are not complete and it is not yet possible to develop rules concerning
feasible products for any number of equilibrium-stage processes and any number of
components. HoWever, it is interesiing 10 note that the disullation-column-like
process does not always surpass other configurations of two equilibrium fiash stages.
In the Iliterature, the product regions of distillation colamns are generally
investigated. Perhaps there is an implict assumption that distillation columns are
better than any other VLE separation unit. The results presented here lead one to
question the automatic choice of column distillation for separation processes. A
more flexible approach, in which the type of equipment to be used is not specified,
wnay allow product regions to be extended. Furthermore, costs may be reduced by
using configurations cther than distillation columns. )

3.4 Canclusioﬁs

'The feasible product region for simple distillation, simple condensation and forward
mixing has been investigated. It is found that, for these processes, the feasible
product region is the entire co...position space. Constrained separation processes,
comprised of one or two equilibrium flash stages and mixing, have been presented.
Although the study is limited to two-flash cdﬁﬁgurations, a surprising result
emerges. A distillation-cofumn-like configuration may be less than optimal, both in
terms of attainable products and in terms of the cost of obtaining that product. It
appears that it would be beneficial to use a flexible approach in the synthesis of -
separation processes and not limit the equipment used to distillation columys,

As with previous investigations of feasible product regions in the literature, many
of the extremal products are of zerc quan¥’., and will never be optimal solutions,
Objective functions can never be functions of product and feed compositiops orly,
since infinite flow rates, equipment sizes and heating requirements must be accounted
for, It is clearly necessary to formulate separation problems in terms of process
variables which are relevant to the objeciive function, A pair of such variables will
ba developed in Chapter 5.
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Chapter 4

Review of the Literature on Process Synthesis and
Separation Process Op-imization

41  Tatrecuction

1t is the objective of process synthesis to generate process flowseheets which can |
achieve the required product flows snd & :ind from the set of all feasible flowsheets
those fiowsheets which are cost-effective. In this chapter, some of the Hiterature
pertaining tc process synthesis and optimization is examined, with particular attention
to the optimization of the separation component of the process.

4,2  Process synthesis

1.2.1 Objectives of process synthesis

The ohject of process sy ‘thesis is the preliminary design of a feasible and cost-
effective process to obtain a certain product from some given feedstock. This
preliminary design includes selecting the optimal type and design of processing units
and selecting the best interconnections between these units, A large number of
alternative processes may be able to meet the process requirements, and generally
the information which is available is incomplete (Nishida et al., 1981). Usually, a
set of feasible alternative processes is assessed and the unﬁttractive alternatives are
discarded. This preliminary screening process need not be rigorous (Linnhoff et al.,
1983; Fisher ef al., 1985a; Malone e al., :585). More detailed calculations are
carried out as the design process progresses.

Chapter 4 Review of the Litersture on Process Synthesis and Separation Process Optimization 64



4.2.2 Criteria for process screening

The feasible process alternatives are assessed according to some criteria. The total
annnal cost (TAC) of the process is frequently used as the basis for comparison,
Other criteria used are total annual profit (Mizsey and Fonyo, 1990) or product
recovery (Fisher er al., 1985b; Yamadz er al., 1987). This work focuses on the
TAC of the process.

Alternative processes may be meaningfully compared at their optimum operation,
that is, using the operating parameters which minimize the objective function, and
not at some arbitrary set of operating conditions {Xnight and Doherty, 1989).
Tedder and Rudd (1978a) found thal, af their optimum operating conditions,
alternative designs of distillation seg 5&: tend to have the same utility
reqﬁirements, 50 costs vary only due to different equipment costs.

Calculating the TAC of a process includes calculating, in detail, the capital
investment requirements of the process. To do this requires & detailed knowledge
of the process, but in the early stages of process design, these details are not known.
A detailed costing of the process is therefore neither possible nor appropriate to the
process screening stage, and is aiso time-consuming. Instead, it is common practice
1o nse an objective function which correlates well with the TAC of the process for
comparing various process alternatives,

4,2,3 Imteractions between units

Processes will generally be conuprised of a2 number of different units, for example,
a reactor, a separation sequence and heat exchangers. The interactions between the
separation sequence and the reactbr, between the reactor and the heat-exchange
network, and between the separators and heat exchangers may be significant
(Douglas, 1988; Novak et al., 1994), In particular, in 2 reactor-separator network,
there are interactions between the conversion achieved in the reactor and the load on
thie separation process (Mizsey and Fonyo, 1990). . Therefore the whole process,
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rather than just the comsituent units, must be optimized. However, it is
computationally very demanding to optimize a whole process, as has been illustrated
for a simple reactor-separation system by Kokossis and Floudas (1950). Therefore
the optimization of individual separation units, or a sequence of distiliation columns,
‘still receives much attention. ’ '

1t is necessarf to optitnize a process or unit in order to make comparisons to fulfil
the process synthesis objectives. In this review, the optimization ef individual
distillation columns in particular is sxamined.

4.3 Separation process optimization
4.3.1 Criteria for comparison of flewsheet alternatives

Researchers have used a range of different criteria upon which to compare individual
distillation columns or. sequences of distillation columns. Some of these are
presented in ‘Table 4.1. Many of the cases presented in Table 4.1 (Cases a-m)
incorporate both the capital and operating costs of the units. The operating costs
arise from the utility requirements of the process, usually steam and cooling water
or refrigerants. i1

Modi and Wesierberg (1992, case n) investigated three different cost criteria,

including the TAC, and energy requirements only, for which there is no cost penalty

associated with infinitely many stages in a column, and minimum energy
requirerents, which is the same criterion as was used in cases 7 and 5. Petlyuk ef
al. (1965, case o) aimed to maximize the thermodynamic efficiency of the process,
so the objective functions which they used considered only enérgy expenditure and
work of separation in order to compare column altematives, and did not consider
capital costs. For Fonyo (1974, case p), similarly, the goal was to minimize
production of entropy, while considering also such issues as capital costs, product
composition and operating flexibility. Flower and Jackson (1964, case 4) focused

on utility costs and costs of heat pumping, heat exchange and compressing
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equipment, rather than the column capital cost,

Table 4:.1 '1\‘{\13 cost criteria used in the Hterature for separation

DIOCESSes. |
Y
Cause Authors Cost criteria
a |[McCabe and Smith (1956) Capital costs and energy costs
b | Nishimura and Hiraizumi
(1971)
¢ {Doukas and Luyben (1978)
d 1Tedder and Rudd (1978b)
¢ |Fisher & al. (1985a)
J | Malone er al. (1985)
£ {Ho and Keller (1987)
h | Fair {1987) .
i |Douglas (1588)
J | Cheng and Lin (1988)
k | Knight and Doherty (1989)
! [Dhole and Linnhoff (1993)
m | Malek and Glavic (1994) : -
n |Modi and Westerberg (1992) |Capital and energy costs or energy
costs or minimurm energy costs.
o |Petlyuk et al. (1965) Energy required; work of .
Separation
p |Fenyo (1974) Minimize entropy and consider
capital costs,
g |Flower and Jackson (1964) Total enesgy costs, heat pumping
and compregsion costs.
Koehler er al. (1991) Minimum energy costs.
Fidkowski and Krolikowski :
(1990) :
¢ jLucia and Kumar (1988) Energy costy and internal flows of
gertain components.
u |Fisher et al. {1985b) Product loss and column cost.
v {Yamada er al. (1987) Maximize rébovery of products.

Koehler er al. (1991, case #) and Fidkowski and Krolikowski (1990, cise 5) asserted
that only minimum energy cost is a significant optimization criterion. This criterion
is not adequate because it dees not allow one to optimize columns with respect to
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reflux ratio. The cest criteria vsed by Lucia and Kumar (1988, case 1) were
condenser and reboiler heat duties and flow rates of Eght or heavy key compounds
in the column, These criteriz apparentiy consider otility requirements and column
diameter only. Fisher e al. (l985b, case i) incorporated the product composition
into their cost function, as well as tray costs in either the rectifying or stripping
section of the column. They assumed that the product composition is approximutely
independent of internal flow rates, and therefore excluded energy costs from the
objective function. Yamada er al. {1987, case V) comsidered only product
compositions in order to assess column performance.

4.3.2 Capital and operating costs of distillation columns

Many researchers have worked on the assumption that utility costs dominate the
TAC (see, for exampie, Fidkowski and Krolikowski, 1990 and Xoehler ef al., 1991).

Cthers, including Flower and Jackson (1964), Ho and Keller (1987), Fair (1987), -

and Dhole and Linnhoff (1993), while acknowledging the impact of capital cost on
overall process costs, tended to focus on the energy requirements of columns to be
optimized.

Doukas and Luyben (1978) attempted to quantify the relative contribution of capital
and operating costs to a sequence of distillation columas and found that energy cosis
dominated the total process cost. Only 10 to 20 % of the TAC calculated was dus
to fixed costs of equipment; this amount included heat exchange equipment and
column costs. A number of different cases, including a range of mixtures, feed
compositions and column sequences, were studied in detail, but the effect of reflux
ratio on process costs was not explored.

"

On the other hand, Ho and Keller (1987) illustrated a case in which the capital costs
of‘ the process amounted to 47% of the total process costs. When the capital costs
for steam production were included, capital costs amounted to 80% of the TAC. In
this work, it is assumed that both capital costs and operating costs contribute
significantly to the TAC of a process.
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Tedder and Rudd (1978a) examined and optimized a number of column
configurations and found that their resulis corresponded closely with some other
researchers’ results, They concluded that “the economic differences between designs
are relatively insensitive to the vnderlying, comimon price struciure and the form of
the objective function, so Iéng as operating costs and capital investment requirements
are both considered”.

4.3.3 Objective functions for distiliation processm

A nu-nber of cbjective functions and column cost functions have been nsed which
incorporate both capital and operating costs of a distillation column. Some of these
Tunctions are presented in Table 4.2. The costs functions are all presented in terms
of the internal vapour flow rate in the column, V, and the number of stages in the
column, N. In Appendix A, the original forms of the cost functions proposed are
transformed into the forms presented in Table 4.2,

"Table 4.2 Form of cost functions for TAC (C) or column cost (C,,)
expressed in terms of number of theoretical stages, N, and vapour-
flow rate, V. (dia = diameter). Transformations of the original

expressions are derived in Appendix A, :
Authors Form of cest function or ohjective function
used.
Colburn (1936, cited by Malone | € = g + bNV + ¢V; {dia = V¥)
et al., 1985) _
McCszbe and Smith (1956) C.; o« NV: dig =« V*
Nishimura and Hiraizomi (1971) {C o faN + 5] V: dla o V%
Maione ef al. (1985) C o gN*RYPB L b8 o oy
or C=q + bN + ¢V dia « V¥
Fisher ef gl. (1985a) C = aN" 2 ®2P3 4 pVPS 4 Ve dig o« V4
Cheng and Liu (1988) C=[aN+BH VP + VWS +dV.diaxc V
Knight and Doherty (1989) C = gV % 4 pVPFN + ¢V + dV;
dia o= V*; column height = N
Remer and Chai (1990) C.qy = V3N or VAN®T; dig o« V4; height o« N
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The cost functions presented in Table 4.2 are based on empirical correlations (such
as Guthrie, 1969) or on trore theoretical considerations (for example, Nishimura and
Hiraizumi, 1971). The constants a, b, ¢, efc. of Table 4.2 are explicitly related to
process costs, including some of the followiny: specific steam costs, inflation, pay-
back period, heat transfer coefficients of keat exchangers, tray efficiencies, liquid .
density, materfals of construction and heats of vaporization.

The column diameter and the internal vapour fiow rate of the column are clearly
related, A number of different relationships are assumed in Table 4.2, While
McCabe and Smith (1956), Wishimura and Hiraizumi (1971), Malone et al. (1985)
and Fisher et al. (15853) take the column diameter to be proportional to the square
oot of the vapour flow rate, Cheng and Liu (1988} assume direct proportibnality
between the diameter and vapour flow rate, and the degivation of Knight and Doherty
(1989) implies that the diameter is propostional to V¥, as shown in Appendix A.

4.3.4 Rank order functions for distillation processes

Tedder and Rudd (1978b) assessed a number of functions against a particular cost
function (which they did not give). The success of the function, or rank erder
function, is its ability to rank in the correct order the costs of a number of similar'
distillation columns in a limited range of column configurations. These rank order
functions are presented in Table 4.3 in decreasing order of this ability.' Most of
these functions are comprised of the minimum vapour flow rate, the =xiimam
number of stages and the temperature drop across the column. These ﬁzn\.Lﬁens
cannot be used to compare columns using different reflux ratios for the same product
specifications. |

The minimum vapour flow rate in a column is found to perform fourth best of the
rank order functions, and Tedder and Rudd (1978b) therefore concluded that the
minimum vapour flow rate, which is closely related to the minimum energy
requirements of the process, is a satisfactory objective function for assessing
gistillation columns.
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The constants and power indices of the second, third and fifth functions appearing
in Table 4.3 are not discussed by Tedder and Rudd (1978b). Fresumably they are
best-fit empirical constants, unlike the constants of Table 4.2 which are explicitly
linked to process costs, It is not clear whether these furctions are still applicable,
since the assumptions about pay-back period, utility costs, efc,, are not made |
explicit.

Table 4.3 Objective functions presented in order of decreasing ability
fo rank costs of alternative column sequences. (Tadder and Rudd,
1978b)

g
&

Objective function
e Ay L |
90.22V,, + «33.9N,, + 344.28T
107.7V, + 203.35T
VHI
88.34V,, + 912.1N,
0.2996 CAP; + 0.52 OP,
VN OT
VN,
Feed rate/boiling-point difference
of components to be separated :
V5T 10

Gleol<d]lon|flwfea]m

V,: minimum vapour flow rate in the rectifying
section; N,: minimum number of stiges; 57
temperature drop across column. CAP,, capital cost,
OP,, operating cost, using V,, and theoretical number
of trays.

4.3.5 Time and place constraints of cost functions

The actua: costs predicted by a cost function change with time (Remer and Chai,
1990), not only due tc inflation, but also due to non-uniformity in inflation. For
example, rising energy costs and refatively stable capital costs need to be reflected
in the cost function. Similarly, different locations or countries will be subjéﬁtad to
quite different utility costs, labour costs, investment costs, transport costs, insurance

Chapter 4 Review of the Literature on Process Synthesis and Separation Process Optimization 71



~ capital cost portion of the process costs.

i

costs, etc. (Plasvic, 1993). Pay-back period is affected by both the location of the

process and the time at which the procers was evaluated, and étmngiy in; :ences the
A -

£
g

I

4.4  Heuristic rules for the optimization of distillation processes

A large amount of ":'tasearch ha: 3 into developinng heuristics for optn’mzmg
individual distillation cmszmns and. sequences of columns. The work vich concems
1tsc1f with sequences of columns will not be discussed here. Other work Has focused
on finding optimai pperating conditions for an individual column thh specified feed
ad product compositions. The most zmportant operanng pa:amcters inciude the
internal reflux ratio and the column pressufe.

4.4.1 Optimum column pressure /f |

A study by Tedder and Rudd (1978b) found that the column operating pressure is an
important optimization varigble. The optimum pressure was found for vary widely
from feed 1o feed, and the total process cost was found o be paruculaﬂy scnsmve

to low pmsures where refrigerants were requu'ed i N P

e .

4.42 Optimum reflux ratiol

Tn binary distiltation, it is well known that as the refiux ratio increases, for a given
product pair, the number of stages required decreases from infinitely many at the
minimum refiux ratio, to a minimum number of stages at infinite reflux. As the
reflux ratio increases, the utility requiremeﬁts of the columnn increase from a
minimun; value, as do the utility capital costs and the diameter of the column. As

the number of stages decreasss, the cost of the column decreases. These two effects
resuls in 2 minimum in the overall cost curve; the corresponding reflux rativ is the

optimum reflux ratio.

The value of the optimum reflux ratio has been found empirically to lie in the range
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1.03 to 1.3 times the minimum reflux ratio, R,,,. This heuristic, which is often
taken as 1.2 times the minimum reflux ratio, has become widely accepted. It may
not bg applicable, for example, to heat integrated columns, where a different reflux
ratio may lead to greater cost-saving opportunities than would the heuristically
sdetermined optimum reflux ratio (Linnhoff et al., 1983) precisely because of the -
ir:..ractions between processing units. It would also not be & _plicable to processes
whel« the minimun reflux ratio is zero or less than zetn. Such processes are easiest
to visualize using a McCabe-Thiele construction, where, for example, the operating
line of the rectification secifon at minimum reflux is horizontal or has a negative
stope.

It would app.ear that the total proccss cost has a relatively flat optimum with respect
to the reflux ratio (McCabe and Smith, 1956; Linnhoff ef al., 1983). Knight and
Doherty (1989) found that the TAC was relatively ingensitive to the reflux ratio for
the ternary case they studied. ‘I‘hey concinded that it is sufficient to use the heuristic
reflux ratio of 1.2 times the minimum reflux ratio. However, Tedder and Rudd
(1978b) illustrated a case in which the utility costs are relatively expensivs, and the
TAC is quite Jensitive to the reflux ratio, indicating that it is important o optimize
with respect to the reflux ratio, and not merely resy on the optimum reflux ratio
heuristic.

A number of researchers studied ternary distillation processes and optimized them
with respect to reflux ratio, nsing one of the objective functions presented in Table
4.2, The values of the ratin of the optimum reflux ratio to the minimum reflux ratio
evaluated by these researct.ers are presented in Table 4.4. These results show that
the heuristic that the optimur. zeflux ratio is 1.03 to 1.3 times the minimum reflux
ratio still applies to the ternary systems studied,

These researchers did not all use the same objective functions. In particular, Fisher
et al, (1985a) used a different criterion for optimizatior from Fisher et gl (19856)
as shown in Table 4.1 for cases ¢ and u. The results of Table 4.4 indicate that the
opiimum reflux ratio is not very seusitive to the cbiective function used, which is
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essentially the conclusion reached by Tedder and Rudd (19783).

1]

Table 4.4 Optimum ratios of reflux ratio to minimum reflux ratio
evalvated for ternary distillation processes.

Authiors Cases | Oplir " fion R /Ky, evaluated
Doukas and Luyben {1978) ¢ | Capital and 1.1
Energy costs
Tedder and Rudd (1978b) d " 1.03-1.11
Fisher ¢ al, (1985} ¢ . 1.07, L.09
Fisher ## . (1985h) u jColumns cosis  {1.29
and product loss
* Ses Table 4.1.

However, ternary distillation processes exhibit behaviour which is quite different to
that of binary distillation processes (Laroche ef al., 1992a; Fien and Liu, 1994). For
example, even for an ideal mixture of hexane, heptane and nonane, for which
relative volatilities are assumed constant, the minimum reflux ratio may actually
decrease as the purity of the distillate increases (Levy et al., 1985). Similarly, for

a fixed reflux ratio, increasing the number of stages does nct always increase product
separation (Laroche ez al,, 1992a). The pheriomenon of maximum reflux ratio (Fien
and Liu, 1994) which occurs in ternary distillation processes also implies that the
relationship between reflux ratio and number of stages required is different to that
for binary distillation processes. How the TAC function changes with reflux ratio
and product purity may therefore be quite different for binary and ternary distillation
processes.

4.5 Conclusions

A process synthesis exercise requires the optimization of individual columns and
sequences of columns. A range of optimization criteria have been adopted in the
literatare. The most commonly used criterion is to minimize the sum of the capital
investment requirements and the utility costs of the process; that is, the total annual
cost of the process.
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A number of cost functions have been presented for calculating the TAC of
disiillation processes. These functions are based on varicus empirical correlations
or theoretical mlﬁtionslﬁps The operating pressure is an important operating
parameter for distillation optimization where refrigerants are used for the cooling k[
utility. The most important opunumnon variable is the internal reflux ratio in the
column.

The heuristic rule specifying thai the optimum reflux ratio is 1.03 to 1.3 times the
minimum reflux ratio is well established for binary distillation processes. It has been .
confirmed for a number of ternaty separation processes. The TAC js found to vary
relatively little th the region of the optimum reflux mtso However, a Case was
reported by Tedder and Rudd (1978b) in which the TAC was relauvely sensmve to
the reflux ratio. Because of the difference between distillation column behavious for “
-binary and terndry mixtures, it is not clear that the heuristic rule for the optimum,
reflux ratio is always applicable to multicomponent systems. ' '

The subject of optimization of separation processes has been deali with extensively

for distillation columns. Research into the optimization of other VLE separation
alternatives is not known o have been conducted. The objective functions for the
optimization of distillation columns are specific tc distillation processes, and cannot
" be mmngﬁxlly extrapolated to other VLE separation processes. There is thus no
smple pmr-edure available for the comparison of a broad range of VLE separanon
PIOCESSES.
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Chapter 5

Introducing the Capacity Variables

5.1 . Introduction

It is clear from the work presented in Chapfer 3 q:at composition space alone cannot
be used for comparing alternative VLE separatidn sequences in process synthesis
exercises. A product of a.certain composition tnag be, obtained tarough a number
of different equipment configurations, but the cost effactivenes’-‘s of the various
options may differ widely. Tt is necessary to have a cost indicator which will allow
the selection of economically atfractive flowsheet configurations. At the flowsheet
generation stage, it should not be necessary to conduct full cost estimates on the
various alternatives.

The criteria for this cost indicator are that it should:
. indmporate_both capital and operating costs ‘
'+ 'consider both boiling and condensing requirements
«  be applicable t6 a wide range of VLE separation equipment.

Both capital and operating costs should be considered, since both of these have been
. shown to coniribute significantly to the total annual costs of a separation process.
There are utility and equipment costs associated with both vaporization and
condensation, so the cost of both these processes should be incorporated by the cost
indicator. Distillation columns are widely used for VLE separation processes; they
are not the only possible equipment, and it vhould be possible to consider vatious
alternatives when generating & flowsheet. A common basis from which to compare
the aiternatives is therefore needed.
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Tn this chapter a pair of cost indicators has been defined, one related to vaporization
and one related to condensation. These cost indicators have been called capacity
variables. A boiling capacity variable and 2 condensing capacity varizble are defined
in £e2ction 5.2, These capacity variables are associated with particular streams
within a process, of which there may be many. In Section 5.3 the definition is
extended and a pair of overall capacity variables are defined; these serve as cost
indicators for an entire process. The definitions are applied to a wide range of VLE
separation processes in Section 5.4. The results are summarized and the conclusions
to this chapter are presented in Section 5.5.

5.2  Definition and linear mixing property of capacity variables
5.2.1 Defisition of capacity variables
The boiling capacity, «, is defined for an equilibrivm stage in the following way:

K= Ky + ‘molar amount of vapour produced in equilibrium stags  (5.1)
molar amount fed to equilibrium stage

The condensing capacity, A, i defined for an equilibrium stage in an analogous

manner:

A = Ay + molar amount of liquid produced in equilibrium stage  (5.2)
molar amount fed to equilibrium stage

For a steady-state process, the right-hand term is the ratio of the molar rate of
vaporization (or condensation) in the equilibrium stage to the molar feed flow rate
to the stage, irrespective of the phase of the feed.

Each stream is associated with a capacity paic, In particular, the feed stream to a
stage is associated with the capacity pair (Key, Ag). Any streams leaving a
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particular equilibrium stage are associated with an identical capacity pair. (There
are two streams, the equilibrium vapour and liquid product, leaving an equilibrium
siage.) The feed capacity terms, «,, and A,,, accommodate feed streams which are
products from another part of the process. The capacity variables thus provide a
cumulative measure of the amount of vaporization and condensation experienced
upstream in the process.

5.2,2 Extension to non-steady state processes

Hgs. (5.1) and (5.2) define the capacity variables for steady-staie (flow) pmm _
These definitions may be extended to non-steady state processes by ;leﬁning suitably
the concept of an equilibrium stage and the following terms: Keu, Aey, the "amount
of liquid (or vapour) produced”, and the "amount fed” to the stage.

During a differential time-slice, the vapour and liquid phases are in equilibrium. An
*equilibriom stage” is taken to be the process over a differential time period, A,
The nett "feed" to the stage is the amount of material in the process +i the start of
the time pedod being considered, as well as any material added to the process during
that time period. The feed capacity pair, (g, A, i$ the capacity pair associated
with the nett feed to the process. The product capadity pair is associated with the
material in the process at time ¢ 4 Az and with any material leaving duiing the time
period Ar.

'The amount of liquid {or vapour) produced may be taken alternately as the amount
of liquid (or vapour) leaving the process during At, or as the amount of liquid (or
vapour, respectively) in the process at the end of the time period under

consideration,

The definitions of eq. (5.1) and (5.2) may thus be extended to non-steady state
processes in terms of quantities leaving the process:
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K= Koy + moles of vapour leaving during Az - (5.19)
' nett molar amount fed to equilibrium stage

A= pggt moles of liquid leaving during Ar {5.2a)
nett molar amount fed to equilibrivm stage

In terms of quantities "produced” (i.e., in the process at the end of a differential
time period), the definitions of « and ) extend to the following, for non-steady state
processes: '

K= Ky + moles of vapour produced during Az ’ {5.1b)
_ nett molar amount fed to equilibrium stage -

A = Aw +  moles of liguid produced during A¢ (5.2b)
nett molar amount fed to equilibrium stage

These tvo interpretations of the amounts of vapour and liquid produced give rise to
quite different restlts, as discussed in Section 5.4.1 and Section B.1.1 of Appendil
B. Only results arising from eqs. (5.1a) and (5.24) are presented in this chapter.

-, - -_,W., ',
5.2.3 Linear mixing of capacity variables -

The capacity variables obey the linear mixing rule. For example, if two streams,
of flow rates F; and F, and boiling capacities x, and «, respectively, are mixed, the
mixed stream will have itow rate F; + F, and capacity «°, where:

F, F

i LI et 5.3

* Fx"'szl " Fx"’szz €
that 3s

K=k (] - ) K . GA

Whereo soa=s 1, Sil'lCBa =FII(F}+F2).
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5.3  Definition of the overall capacity variables of 2 process

A separation process may be comprised of any number of equilibrium stages, each
of which has two product streams. The procass therefore may have several oniput
streams, each of which is associated with a pair of capacity variables. It is useful
fo characterize a process comprised of N product streams by the overall boiling
capacity of the process, «,,, and the overall condensing capacity of the process, A,,,
which are defined as follows:

N
LFx, :

inl
o (5 . 5)

K = r
IF,
is}

A, = B | 5.6

where the /* product stream is of flow rate F, and associated wiin capacity pair (x,,
A).

- The process then has a single capacity pair associated with it: {x,, A,). Itis
convenient to talk about the change in overall capacity of a process, which iél simply
the difference between the value of the capacity of the input (feed) stream and the
capacity of the process, namely, x,, - key 2nd A, - Mgy

5.4  Application of the definition: of capacity variablm_ to VLE separation
processes

In this section the definitions of the capacity variables will be applied to a range of
simple VLE separation processes. The definitions of eaphcity and overali capacity,
the linear mixing rule and the process mass balance are combined to obtain the
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results which follow. Results for non-steady state processes are ptésented in
Sections 5.4.1 10 5.4.4 using only the definitions of x and A given by eq. (5.1a) and
{5.22). These derivations are included in some detzil in Appendix B; the results are
presented below with little explanation. The focus of this section is on the overall
capacity of the processes considered. | )

54.1 Simple distillation

In this process, a liquid, of initial quantity Z,, and associated with capacity pair (x,,
AJ, is gradually boiled. The vapour, which is in equilibrium with the Lguid, ;f,
removed as it is formed. After some time, the quantity of liquid relaaining in the
stifl ig L and the capacity pair of the residual liquid is (x, A). The vapour which is
removed is accumulated to form a vapour product of quantity V°, associated with
capacity pair (x', ?\.')

“The following results are derived in Section B.1.1:

x =k, ~1In [.g_] (5'7?

A - A | (5.33)
for £ < £g,, by applying eq. (5.2a). | |

A=A +1 (5.8b)
for ¢ = gy, by applying eq. (5.2a).

=1 --Ed: (.80

by applying eq. (5.2b).

_ Lx, —Lx +V*
V.

-

K

(3.9
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A= - T ' (5.10)

=K, + 5.11)

‘“ ] L‘,

. L

A= }\ — .
w=ht T . 61

L4

The change in the overall boiling capacity of the process, «,—x,, is the ratio of the
" total amount of vaponr leaving the process to the total amount fed to the process.
Similarly, the change in the overall condensing capacity, using the definition of g,
(5.2a), is the ratio of the amount of liquid removed at the end of the process to,the
total amount fed to the process. ' . ff o
Using eq. {5.2b) to define N of an equilibrium stage results in eg. (5.8c). This
means that A increases infinitely with time, since in each equilibrium stage, the
amount L of residual liquid is "produced”, Eq. (5.22) defining A in terms of
quantities leaving the stage gives a resuit which is consistent with the other results
presented in this chapter. The contradictions of these two results have not been
resolved. However, it is argued that it is not possible to make a meaningful analysis
of the condensing requirements of a pure boiling process. Fs. (5.1b) and (5.2b)
give similar results for the other non-steady state processes presented in this chapter,
and wiil not be explored further.

£.4.2 Simple condensation

In this process, a vapour, of initial quantity V, and associated with capacity pair {x,,
A.), is gradually condensed and the liquid which is in equilibrium with it is removed
as it is formed. At the end of the nrocess, the residual vapour, of amount V, is
removed; the vapour is associated with the capacity pair (v, A). The condensed
liquid is collected into a product of quantity L, the capacity pair of which is given
by (¥, A"). '
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The following vesults are obtained in Section B.1.2 by applying the definitions of
 capacity and overall capacity to this process:

x=x, - (5.13a)

for ¢ < fyu
=x, +1 | (5.13b)

for ¢ = fg
oo=A -In [.:_’] (5.14)
' =x, (3.15)
A ow v;he "‘:}\“'L (5.16}

L .
X, =5, + _g: | .17
oy L B |

Ay =X, + v 64

The change in the overall boiling capacity of this process is the ratio of the amount
of residual vapour to the total feed to the process; The iange in the overall
condensing capacity of the process is the ratio of the total amount of liquid furmed
in (and leaving) the process io the total feed to the process. )

5.4,.3 Simple distillation with continuous addition of material

Consider a boiling process to which materiai is added continuously at 2 non-zero rate
of $ moles per unit ime, The capacity pair of the material added is («’, N'). The
vapour formed is in equilibrium with this mixture. The rate of vaporization is v
moles per unit tine. The feed mixture is of quantity Z, and is associated with the

il
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The. definitions of capacity and overall capacity are applied to this process. It is
assumed that the rates of vaporization, %, and feed addition, $, are constant and non-
zero, that fhe capacity values of the additional feed material, ’ and A/, are constant
with time, that ¥ # §, and that A’ # A. ‘The following results are obtained in

Section B.1.3:

v

x=& + 2 - -«
5 (

A=N - -x,)[__

hse

_ - . L
PRI B URPA S W 10 Aid Aol L,)] T}._;

L) ‘ ‘ -’ )
k= | w@ + .;.) P -k .E)(Lf'-"l.m - L) _‘.}_
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where x, and )\ are the mean hm!mg and mndenmng capacity, mspecnvciy, of the
- *“”"& feed given by:

T Lok, +.f:x’
_"° TLeE o
- L,J\ + $ex
A, = T e (5.26)

The change in the overall boifing capacity of the process. is the ratio of the total
amount of vapoms x,mduced within (i.¢., leaving) the proces; to the total faed to the
process. The chang in the overall condensing capacity of the process i the ratio
of the amount of liquid removed from the process to the pett feed 0 the process.

5.4.4 Simple condensation with contimnous addition of material

A vapour of quantity V is condensed at a constant rate of ¢ moles per unit time.

Material is caatinuously added to the process at a constant rate of & moles per unit -

time. This material is associated with capacity pair (¢, A). The feed tv the process
is of quantity V, and is assaciated with capacity pair (x,, ). .

It is assumed that the rates of c&ﬁdensaﬁon, ¢, and feed aJdition, ¢, are cbnstmt and
mon-zero, that the capacity values of the additional feed material, «/ and N\’. are
constant with time, that ¢ » 4, and that x" # x. The foﬂowmg results are obtained
in Section B.1.4: -

i - s S
v 1% A _
k=& - -x) l-‘-,-:l (5.274)
for ¢ < tg,.
- o
viF - “
k=& ~( ~x) [_17} + 1 (5.27b)
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for t = ty,

';\=y+£-m-1+£)(.f.)??3 | (5.28)
a 1 A )

[ -
PLIS I:d‘x’r + - x“)(VB_'EVW - V;)] 2.];; (5.2%)
e .
A = c:@'+§) . Y -x,,:._g.)(vf“vm - V) Z}" (5.30)
o |
..Kw -,‘—’0—-—'-—3}- (5.31}
A, =N (5.32)

where ¥, and A, ére the weighted averages of the mean boiling and condensing
capacity, respectively, of the feed streams to the process, given by:

W
w Vi, + drx

R - (.33
L L , .
5 o Yo * N (5.34)

¢ Vo« ar

The charge in the overall boiling capacity of this process is the ratio uf the quantity
of vapour removed from the process to the nett feed to the process, The change in
the overall condensing capacity of the process is the ratio of the totyl amourt of

W

liquid formed within the process to the total feed to the process. N
5.4.5 Single flash stage

A single flash stage, with a feed of molar flow rate ¥ and associated wiih capacity
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pair (ks M), is partially vaporized in a single flash stage into a liquid product of
flow rate L and a vapour product of flow rate V. The flash stage is an equilibrium
separation stage. The definitions of x and A may be applied as follows:

K=k + .}; (5.35)

(5.36)

A=A+

<t b

The capacity values of the vapour ~nd liquid streams are identical, as they arc the
equilibrium products from the same stage.

The overall capacity pair of the process is the weighted average of the capacity pair
of the twa product streams; it follows that x,, = xand X . =\, “

5.4.6 Single flash stage with recycle

Consider the processes shown in Fig, 5.1, in which a portion of onz the products
from a single ilash stage is recycled and mixed with the feed to the process.

«

oV xi {1-x}V i LY
‘Vic?..
F, Fi i
Kehe Kbyl Ll
l............._..... ” ¥ »
Lxi TANE (i-o)L k&
@ (b)

Fig. 5.1 Capacity vaciables of a single flash stage with recycle. (3)
Vapour recycled. (b) Liqguid recycled.

For these processes, the capacity ﬁairs of the two product streams are identical and
equal to the cverall capacity nair of the process,

The definitiens of capacity and overall capacity are applied to this process in Section
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B.2.2 to obtain the following results:

= Ky + (5.37)

&

K

- L
Ay T A+ ..F: (5.38)

The change in the overall boiling (or condensing) capacity of the process is the ratio
of the total rate of formation of vapour within the process to the nett feed flow rate
of the feed to the process. Thiz result is obtained by applying the definiticn of
capacity of the equilibrium stage, in which the nett feed rate to the stage and the rate
of formation of vapour and liquid product are considered. The boiling capacity of
the process is related to the vaporization rate within the process, V, ard not simply
to the neit flow rate of vapour product from the process, for example, (1 - @}V, in
the process depicted in Fig. 5.1(a).

5.4.7 Two flash stages grranged in ¢ - jeg

The product of a flash stage may form the feed to a second flash stage, as shown in

Fiy. 5.2.

V, ¥ E:! » (1-0}V, %, &,

| » I V% 4,

F &g A oV, | F"
e T
BL,

I Lk A,

L, x A, > (1-B)L, x, A,

Fig. §.2 Capacity variables of two flash stages arranged in series.

The feed to the second stage, of flow rate F', is the mixture of some portion of the
two products of the first flash stage; that is:

F' = aV, + 6L, (5.39)

where0 <o < 1and0 < 8 < 1, and ¥, and L, are the vapour and liquid product

Chupter 5 Introducing the Capacity Variables 38




flow rates, respectively, of the first flash stage.

The following results are derived in Section B.2.3:

VeV
R, = Ky * ot - (5.40)
A, = A, + 1 ;I‘* | (5.41)

The change in the overall boiling (or condensing) capacity of the process is the ratio
of the total rate of formation of vapour (or liquid, respectively) within the process
to the nett feed flow rate to the process. As was seen in Section 5.4.2, the total
vaponzatmn rate is not directly related to the vapour product flow rate, and thus the
overall bmlmg capacity is not directly related to the nett rate of vapour production.

5.4.8 Two flash stages arranged in parallel
A feed may be split into two portions, of flow rates oF and (1 - o)F, where

0 = o £ 1. These two streams are fed into two flash stages arranged in parallel, |
as shown in Fig. 5.3. |

— Vixih

cF:
F k¢ A¢ L L%, A,
[ ;x4

(TQF
b Lk

i

Fig. 8.3 Capacity variables of two flash stages arranged it parallel.

The definition of the capacity variables may be applied to each of the equilibrium
stages, and the definition of overall process capacity may be applied to the four
products of this process. It is shown in Section 13.2.4 that: A
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o =y + L {(5.42)
= Ap + -{'-‘-:;,:-L:-’- (5.43)

The change in the overall boiling (or condensing) capacity of the process is the matio
of the flow rate of vapour (ot liquid, respectively} produced within the p:ocess to the
ﬂow rate of feed flow rate to the process.

5.4.5 Two flash stages arranged in series with reflux

Consider the process illustrated in Fig. 5.4(a), in which the feed, of flow rate F, is
added io the first flash stage of two flash stages arranged in series withreflux. The
vapour and liguid products of the first stage are of flow rate V; and L;, respectively,
associated with capacity pair (x,, A;). The second stage products are of flow rates V,
and L,, associated with capacity pair (x; Az, The nett feed to the first stage is of
flow rate F°, where F" = F + L,.

F“sz'rl v V. e Faede ©
s Ky ; V, 5,0 1. Ky X Vzr%}l
I-ng—a-q}—-\—‘ ey H&ﬁ}—'\— et o]
L, x, A; 2 ¥ Ay
@ ®

Fig. 5.4 Capacity variables of two fash stages arranged in series
with reflux. (a) Feed added to the first flash stage. (b) Feed added to
the second flash stage.

The definitions of capacity and overall capacity are applied to the two equilibrium
flash stages in Section B.2.5 to give W following rasults:

V, + V,
K, =+ 2 S (5.44)
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o L+L | . (5.45)

The change in the overall boiling (or condensing) capacity of the process is the ratio
of the total rate of vapour (or liquid, respectively) prodduction within the process to
the flow tate of the feed to the process. The same result is obtained for a process
inn which the feed is added to the second flash stage, as shown in Fig. 5.4(b).

5.4.10 Distillation column

Consider the simple distiflation cotumn shown ini ¥ig. 5.5. The foed, distillate and
bottoms flow rates of the column are F, D and B, respectively. The capamty pairs |
associated with these streams are (ks As): (xp, Mp) and (ky, Ap) respectively. It is
assumed that the feed and products are saturated liquids and that there is constant
molar overflow in the column. The reftux ratio, 7, is the ratio of the liquid flow rate
“in the rectification section, L, to the flow rate of the distillate pfoduct D, The -
reboil ratis, s, which is not independent of the reflux ratio, is defined as the ratio
of the vapour flow rate in the ﬁ;/olumn, v, to the bottoms product rate, B, The liquid
flow rate in the stripping sec%_mn of the column, L', is the sum of the feed flow _:mte
and the liquid flow rate in the rectification section, i.e. L' = F + L,

F -
K Ap

vl
al)

g—»a Ky Au

Fig. 5.5 Capacity variables of a distillation column.
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Each stage of the column is treated as an ideal stage, and is simply an equilibrium
flash separation. Except for the condénser and reboiler, the nett feed to a stage is
the sum of the liquid from the previous stage and the vapour from the following
stage. The capacity of the nett feed to the stage is obtained using the mixing rule.
The overall capacity variables of the process are determined for a column with N
stages in the rectification section and M stages in the stripping section. The
following results for the distiflation column are obtained by applying the definition
of capacity to each equilibrium stage in the column. The stage-to-stage calculations
are generalized using inductive proofs, as shown in Section B.3 of Appendix B.

The total rate of vaporization in the column is V on each of N+ stages plus Vin
the reboiler. The overall boiling capacity of the prucess is found to be:

G oo L2 E2 ) | (5.46)

The change in overali boiling capacity of the process is thus the ratio of the total
vap&idmﬁon rate within the process to the feed flow rate to the process.

The total rate of condensation in the column is a rate L on each of N stag:sﬂ in the
rectification section, plus a rate L' on each of M stages of the stripping mcﬁon, plug
arate Vin the total condenser, plus a rate B in the reboiler. The overall condensing
capacity of the process is:

f .
LN+L£;+V+B - (5.47)

My = Dy

The change in the overall condensing capacity of the process is thus the ratio of the
total rate of liquid production within the process to the feed flow rate to the process.

ki

5.5 Summary of resulis and conclusions

In the previous section, the definitions of the capacity and overall capacity variables
have been applied to the following VLE separation processes: one flash stage, with
and without product recycle; two flash stages configured in series, in parallel and in
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series with reflux; simple distillation and condensing, with and without the
continyous addition of feed material (the rate of addition of material and the capacity
of this material wete assumed constant for these processes); and a simple distillation
colamn.

The fundamental definitions of the capacity variables are applicable to individual
equilibrium separation stages, The stage-wise definitions and the mixing rules were
applied to a range of VLE separation processes to obtain overail capacity variables,
which are of & similar form to the equilibrium-stage capacity variables. The overall
capacity pair is a measure of the internal vaporization and condensation reguirements
of the process. Thus, for a wide range of VLE separation processes, consistent and
elegant results have been obtairied for the overall boiling and condensing capacity of
the process, It is proposed, but it has not been proved, that these resuits are
generally true, at least for steady state VLE separation procasses.

In the light of the results of Chapter 3, in which regions of feasibie producis for a
range of VLE seﬁémtion processes were determined in composition space, it was
concluded that a cost indicator is required for the synthesis of such processes. The |
criteria for the cost indicator were that it shouid incorporate both capital and energy
costs, that both boiling and condensing should be considered, and that the cost
indicator should be applicable t0 a wide range of VLE scparation equipment. The
success of the overall capacity .variables to.fuifil these criteria is discussed below.

The overall capacity variables are related to internal vaporization or condensation
requirements, The utility requirements of a process in which there is heat exchange
to every equilibrium stage are therefore directly related to the overall capacity
variables. (All the processes considered, except column distillation, fall into this
category.) Similarly, in these processes, the physical size, and therefore cost, of the
equipment and ancillaries will be related to the flow rates of material into and out
of each stage of the process, and therefore fo the overall capacity variables.

In the distillation column, egs. (5.46) and (5.47) show explicitly how the overail
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capacity variables are related to the vapour or Yiquid flow rates in the column, which
determine the utility requirements and column diameter, and to the numbe: f stages
in the column, which determines the height of the column. Therefore both energy
requirements and capital costs are incorporated by the overall capacity variables.
The overall capacity variables are evalvated for a range of separation processes in
the following chapter, where this theme will be further developed.

In order to accommodate both boiling and condensing costs, two separate and
independent capacity variables were defined. Therefore costs of a process due to
both boiling and condunsing may be assessed, It is anticiprted that one of these
variables wifl dominate, either because boiling or heat costs are far greater than
condensing costs, or vice versa, or because the internal vaporization requirements

 of the process are far greater than the internal condensing requirements, or vice

yersa.

Conststent results are obtained for the overall capacity variables for a wide rangc of
VLE separation processes. This fulfils the third criterion for a enst indicator for
separation processes, As a result, alternative processes which may achieve some
specified separation may be compared on a common basis. A full costing of the
alternative processes would also allow such a comparison, but is time consuming and
inappropriate to the initial stages of process synthesis, and a common basis for
comparison is still not guaranteed.

The overall capacity variables are therefore found to fulfil the requirements of cost
indicators for VLE separation processes. In addition, these variables arise naturally
out of the material balance equations of a separation process, and thus are not
computationally demanding. That a physical interpretation exisis for the capaéity
variables permits the integration of engineering intuition and engineering science in
the synthesis and optimization of VLE separation processes.

Chapter 5 Introducing the Capacity Variables 94




Chapter 6

Case Studies: Applying the Capacity Variables to
VLE Separation Processes

6.1 Introduction

Two of the questions which must be answered as part bf process synthesis are:

»  Are the specified products of a given process feasible?

»  What are the costs associated with this process?
In Chapter 3, in which only product compositions were considered, it was concluded
that both feasible compositions and process costs must be taken into account. In this
chapter, the capacity variables which were introduced in Chapter 5 are used to
examine simultaneously the product compositions and process costs for a range of

‘processes.

The capacity variables were defined for single equilibrium stages. The deﬁni‘tions
were cxtended to overall capacity variables; which may be used to characterize
whole processes. These have been derived for a number of processes in Section 5.4.
'The: composition and the overall capacity variables of the products of Some of these
processes are presented in this chapter for a range of simple thermodynamic models.
Distillation is given particular attention. In all cases, the feed to the process is
assumied to be associated with boiling and condensing capacity values ¢ f zero.

Most of these results were calculated using SPARCompiler Fortran 2.0.1 and
Numericat Algorithms Group Foriran library routines Mark 16 (DO2BBF for
integrating differential equations, COSPCF for solving non-linear equations
simultaneously, COSADF for root-finding and E04ABF for minimizing objective
functions). Some of the constant relative volatility resulis were calculated using the
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spreadsheet package Quattro Pro V. .~
6.2 Simple distillation

In the simple distillztion process, 2 mixture is gradually boiled, and the vapour that
is formed is removed continuously. The overall capacity variables for this process
are given by egs. (5.11) and (5.12).

Fig. 6.1 illssstrates the composition-boiling capacity trajectories of the residual liquid
(capacity and overall capacity vs. composition) and the accumulated v&ﬁbar (capacity
vs. composition) for the simple distiflation of an ideal binary mixture. The overull
boiling capacity of the process is limited to I, as can be seen from eq. (5.11), but
the capacity of the residual liquid is not constrained, as can be seen from eg. (3.7).
The product regions for processes comprised of simple disti]laﬁﬁn and forward
mixing have niot been presented in this dis¢x: Ion, |

2.5 [3
Wb
24 \K
Iy
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" fiquid Accurmulated
s 14 compuéition ' vapour
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Koy ™, an xK* Y
0.5+ 2 1 SN
2\\
1
0 ' ; : a——
0 04 G2 03 04 05 08
X

Fig. 6.1 Compositions and stream capacity variabies for the simple
distillation of an ideal binary mixture. x and x,, are plotted for the
liquid residue and #* is given for the accumulated vapour product.
Points 1, 2 and 3 mark corresponding {x, «), {x, «,,) and {y, x*) pairs
at three arbitrary times.
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6.3  Processes comprised of one or iwo equilibrium flash stages

Chapter 3 examined the feasibie products of one or two equilibrium flash stages.
The product regions were generated in composition space for processes comprised
of flash separation and forward mixing, that is, mixing (without recy, 3 of

‘achievable streams. The feasible products of flash processes with mixing of pmdn‘}ts

(i.e., without recycle or feed bypass) are preseated in compnsmon-merall capacxiy
space ia this section.

6.3.1 A singie flash stage

A mixture may be separated in a single flash stage. The capacity pair is identical
for both products from this process; the capacity variables are given by egs. (5.35)
and (5.36). The locus of feasible product compositions and the associated capacity
variables of an ideal binary :nixture separated in a single flash stage are plotted in
Fig. 6.2. The vapour and liquid product compositions and the associated overall

. capacity variables are noted for an arbitrary product pair, x—y.

The liquid product compositions, for a particular feed, range berween the A
composition and the de.w-pnmt composition "of the feed. At extreme operation, an
infinitesimal amount of liguid at the dew-point composition is obtained when all the
feed is vaporized, that is, x,, = 1 and \,, = 0. The Hquid product has the same
composition as the feed when a zero-quantity vapour product is formed, thus x,, =
0 and A, = 1. The vapour product composition, similarly, lies between the feed
composition (x,, = 1, A,, = 0) and the bubble-point composition of the feed (x,, =
G, M, = 1}. Fig. 6.2 illustrates the relationships between the capacity variables and
product composition. It does not show explicitly quantities of products.

A region of feasible products may be constructed .in composition-x,, space for a
process comprised of a single flash stage and mlx;ng of products. The region
ABCDA in Fig. 6.2(a) is such a region for the separation of an ideal binary mixture.
Feasible products i:mrs may be mixed; therefore all points on all horizoatal fines

'
i
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' jolning feasible product points may be obtained. KA feasible product region in
composition-A,, space, EFGHE, may be similarlr_“-- - ;;’*ucred, and is shown in Fig.

6.2(b).
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Fig. 6.2 Product compositions and capacity variables for the
separation of an ideal binary mixture in a single flash stage. x» 0.38.
(@) x, which is equal to x,,. (b) A, which is equal to A,.

The feasible products of a ternary system separated in a single flash stage may be
plotted in three-dimensional composition-x,, space, as shown in Fig. 6.3. The
projection of these points in ¢ composition plane is the single flash stage arc-pair
_gﬁown in Fig. 3.6. For a process comprised of a single flash stage and mixing of
: ﬁmducts, the feasible product region is the surface formed by all constant-x,, mixing

lines between feasibie product pairs. - This feasible product region is not illustrated.
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#ig. 6.3 Product compositions and «,, for the separation of 4 ternary
mixfure using a single flash stage. X (0.40, 0.22, 0.38).

6.3.2 Two flash stages in paral'el

Two flash stages may be arranged in parallel, as shown in Rig. 3.11. The overall
capacity variables are given by eqs. (5.42) and (5,43). The total rale of vaporization
or sandensation within the process is some fraction of the feed to the process, so the
overall capacity values both fie between zero and unity. - .

Fig., G.4(a) shows two product pairs {x-y;, and xz—yz) and the stream capacity
variables (x; and ;) of such a process. The overall boiling capacity of this process
is the weighted average of x, and x,. Since the flow rate of fzed to the first siage,
oF, may range between zero and F, x,, may lie anywhere betwesn x; and ;. The
coupositions of feasible products lie between x; and y,, Therefore all products in
the restangle ABCD are feasible. Composition-capacity space does not make explicit
what quantities are involved. Some of the feasible groducts, for example, point 4,

are achievable only in infinitely small quantities.

The region of feasible products of tw.. clash stages arranged in parallel may be found
by_extending this argument for ail such x;-y, and x,-y, product pairs. The rectangle
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/' EFGH in Fig. 6.4(b), ranging from the dew-point composition of the feed to the

% bubble-point composition of the feed, i3 this product region for 2 binary system.
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Fig. 6.4 Product composition and boiling capacity variables for the
separation of an ideal binary mixture in two flash stages arranged in
parallel. (a) Product pairs x, ~y, and x,~y, are fixed. (b) Alf possible
products.

The feasible products of a ternary system separated by two flash stages arranged in
paratlel are, similarly, any mixtore of any feasible products of a single flash stage.
A convex volume, with the base given by the product region in the composition
plane (Fig. 3,13(d)), and a height of one, represents all possible composition-x,,
combinations for this process. This volume is not illustrated.
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6.3.3!_; Twa flash stages arranged in series

Two flash stages may be operated in series, as shown in Fig. 3.14. The total
amount of vapour or Liquid formed in the process is limited to twice the feed flow
rate; this results in an upper bound of two on the overall capacity variabies, as given
by egs. (5.40) and (5.41).

The product region in composition-overall capacity space, for the separation of an
ideal binary mixture of composition Z in  single flash stage, is illustrated in Fig.
6.3. One of the products of the first flash stage forms the feed to the second flush
stage. Each product is associated with a pair of capacity variables. The feed to the
second stage js then associated with 2 pair of capacity viriables, while the capacity
variables of the feed to the first stage were both assumed to be zero.

For example, a liquid of composition x,, flowrate L, and boiling capacity &, may
form the feed to the second flash stage, the products of which are of quantity L, and
V2 and comnpositions x; and y,, respectively, and are associated with boiling capacity
x;. The other product.of the first stagé is of quantity ¥, and composition y;. The
weighted average of the boiling capacity varinbles of these three products is «,,. ,Fig.
6.5(a) shows the stream and overall boiling capacity variables of a binary mixture
separated in this :process. y

Mixing between attainable products aliows any point on the line 4B between £y, x,,) .
and (3, «,) in Fig, 6.5:9) to be obtained. For a fixed second-stage feed, each
possible second-stage product pair will prodiice a similar line, The union of all such
lines for all possible second-stage feed compositions, is the region of feasible
-procusie of two flash stages arranged in series. Such a region is the region bounded
by C-Lr -F-G-H-J-K-C shown in Fig. 6.5(b). 'The compositions of points J, X, E
and I are bubble(bubble(s)), bubble(s), dew(z) and dew(dew(s), respectively.
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Fig. 6.5 Product compositions and boiting capacity variables for the
separation of an ideal binary mixture in two flash stages arranged in
series. (a) Product pairs x;—y, and x,—y, are specified. (b) All
possible praducts.

The region of feasible products in ternary composition space for two flash stages
arranged in series is shown in Fig. 3.16(a), where, for simplicity, it is assumed that
feasible products of the first fiash stage were not mixed, but fed directly into the
second flash stage. The product region in composition-x,, space is plotied in Fig.
6.6. The extremal products of this process are associated with finité capacity
variables.
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- Fig, 6.6 Feasible products and «,, for the %pmﬁm of a ternary
mixture in two flash stages arranged in series. Xz (0.38, 0.22, 0.40).

6.3.4 Tw flash stages arranged in series with reflux

Two flash stages may be arranged in series with reflux, as shown in Fig. 3.20. The
comiposition of the feed and one of the products, for cxample,' the liquid product, of
composition x;, may be specified and the range of feasible co-product compesitions
and overall capacity variables may be calculated using eqs. (5.44) an? (5.45). When
the extremal co-produi is abtained at total reflux, the products are associated with
infinite overall capacity variables. It has been avsumed that there is no external
mixing in this process, that is, the feasible products are not mixed with each other
to form the final products of the process.

Thic process, with feed addition to the first stage, is examined for an ideal binary
mixture. Fig. 6,7(2) shows the range of feasible vapour products in composition-«,,,
space for a given feed and two specified liquid products. The vapour products lie
between the feed composition and bubble(bubble(x,)) or between bubble(x,) and
bubble(bubble(%,)), where X, is the composition of the specified liguid product. The
product bubble(bubblefx,)) is obtained at total reflux and is associated with infinite
overall eapacity variables.
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Fig. 6.7 Product compositions and &, for the separation of an ideal
binary mixture in two flash stages arranged in series with reflux. (2}
Vapour products of two specified liquid co-products. (b) Liquid
products of two specifizd vapour co-products. {c) All feasible liquid
and vapour products. xz 0.38. '
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The range of liquid products which may be obtained for two specified vapour

products and a given feed are shown in Fig. 6.7(b). The extreme lquid product

compositions which may be obtained are dew(dew(y,)), <where ¥, is the mm_posiﬁmi%;

' of the specified vapour product, and are associated with infinite overall capacity

wariables. Fig. 6.7(c) shows feauible vapour and liquid products, in composition-x,,

space, for all feasible co-products of this process. '
[

‘The product region in cony:osition space is shown in Flg 3.21fora temary system.

The total reflux products of this region are associated with infipi* * - Jarge capacity |
/

variables, bacause of the infinitely large internal flow rates. The prwuct region for
this process (without external mixing) in composiﬁonmcapacity space is the surface
illustrated in Fig. 6.8. 1t may be noted that points on the total reflux boundary are
agsociated with high values of «,,.

Fig. 6.8 Product composmons and &, for the separation of a termary
mixture in two flash stages arranged’ in senea wuh refiux X (0.38,
0.22, 0.40}. _
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6.3.5 Comparison of preduct regions for configurations of two flash stages

The product regions of three configurations of two equilibrivm flash stages were
investigated in composition-space for a temary mixture in Section 3.3 of Chapter 3.
It was seen that two stages in series can obtain all products obtained by two stages
arranged in parallel. For the binary example studied, all the products which may be
obtained by two flash stages arranged in parallel may be obtained at the same or
smaller capacity variables in 2 single flash stage ¢rin two flash stages arranged in
series. . '
It was zls¢ observed that some products which are attainable by two ternary flash
stages with reflux cannot be obtained by two flash stages in series, and vice versa.
Fig. 3.24 shows that some subset of product compositions can be obtained by both
the serial and the refluxed configurations of two flash stages. For example, a range
of products which may be obtained at total réflux for the refluxed arrangement may
also be obtained by the serial arrangement. A qualitative comparison of the capacity
variables of the products of a ternary mixture, which are illustrated in Figures 6.6 -
and 6.8, confirms that the serial arrangement is associated with lower capacity values
than the refluxed arrengement for some range of products, arid that the opposite is
also true for some products.

In particular, a subset of the temary products on the total reflux boundary of the
product region for the refluxed arrangement (which are associated with infinite
capacity variables), can also be obtained at finite reflux ratios (where they are
associated with finite capacity variables}. The costs of these products were discussed
qualitatively in Chapter 3. The products obtained at total reflux are associated with
infinite costs, since infinitely large internal flow rates result in large equipient sizes
and high energy requirements. The products obtained in the serial configuration of
two flash stages are assoctated with finite costs, becanse the internal flow rates and
energy requirements of the process are bounded. It has thus besn qualitatively
demonstrated that ihe capacity variables follow the same trends as cost-&r fiese two
processes. ‘This demonstrates thas the overall capacity variables are effective as cost
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indicators and allow the cbmparison of different VLE separation processes.

This analysis could be extended to configurations of three and more flash stages.
For the serial arrangement of 2 finite number of stages, with forward mixing only,
the capacity variables will always have a finite bound, while the refluxed
arrangement (the distiﬂaﬁon-qplu:ﬁn-like configuration} will always be associated
with infinitely high capacity variables at total refiux. This suggests that, for larger
problems, it may be useful to compare the product regions and process costs of
distillation coluiuns and configurations of flash stages (in series, parallel, and
complex series-parailel-recycle configurations). The capacity variables would permit
this comparison to be made without a full process costing being required,

6.4 Column distillation

Column distillation is the most widely used VLE separation process. It isa complex
process, and not as well understood as it might be, as was discussed in Chapters 2
and 4. The capacity variables for'a simple distillation column, such as that
represented in Fig. 5.5, were evaluated and are presented in this section. Constant
molar overflow and ideal equilibdum stages, saturated liquid feed and saturated
liquid products were assumed. A constant pressure in the column of 100 kPa was
assumed. The resuits for some binary and ternary, ideal and non-ideal mixtures are
prezented.

6.4.1 Distillation of an ideai binary mixture

The separation of an ideal Hinary mixture in a simple distillation column was
simulated using the usumpﬁdns given above. A constant relative volatility of 2.47
was assumed, and both the liquid and vapour phases were assumed to show ideal
behaviour. The overall capacity for the process was calculated as follows: “The
feed, distillate and bottoms compositions were fixed, and a reflux ratio was
specified. The mass balance difference squations and equilibrium relationships were
solved simultaneously for the rectification and stripping sections of the column using
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the boundary value approach of Section'2.4.1. The number of stages required in
each section were calculated, using an algebraic McCabe-Thicle algorithm. The
overall capacity variables were calculated from eqs. (5.46) and (5.47), since the
number of stages required and the internal and feed flow rates were known.

Fractional stages were counted. Column operating Iines for a binary system may be
drawn on x-y axes, as shown in Fig. 6.9. Horizontal lines joining the compositions
of a pair of passing streams and an equilibrium vapour-liquid pair may be
constructed. For example, in the rectification section the passing streams (x,, ¥}
and the equilibrium pair (x,.;, ¥,,;/ may be joined, as shown in Fig, 6,10. This line
intersects the vertical line representing the saturated liquid feed. The ratio of the
length of the line x,—x, to the length of the line x,,,~%, is taken to be the fraction
of a stage which is required to reach the feed line. The fraction of a stage required
in the stiipping section is similarly calculated. 1t is not clear what the physical
meaning of a fraction of a stage is. It is assumed that the capacity variables may be
calcuiated for fractional stages, using egs. (5.46) and (5.47), exactly as if there were
an infegral number of stages. - b

i
X

Fig. 6.9 McCabe-Thiele construction for the separation of at jdleal
binaty mixture using a distillation column. xz: 0.38, xp: 0.975, x
0.10. R = 2.5. ' :
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Fig. 6.160 Construction showing how fractional stages are calculated
from where the operating lite intersects the feed line.

In Fig. 6.11, the overall process capacity variables are pldtted against reflux ratio
for specified feed and product compositions. It may be seen that:
() The values of x,, and X, are large for small refiux ratios, i.e., for reflux
ratios just larger than the minimum reflux ratio.
(i) The values of «,, and A, increase with reflux ratio for reflux ratios greater
than the vptimum reflux ratio.
(ifi) ‘The capacity variables show minima with respect to reflux ratio; the optimum
reflux ratios are at 1.43 and 1,55 times the minimum reflux ratio for x,: and
A TESpEctively.
(iv) 'The minima of &, and A, are not coincident.
These observations shall be ezamined in the light of well-known binary column
performance.

Puint (i) above notes that the capacity variables are large for low reflux ratios. At
low reflux ratios, large numbers of stages are required. From eqgs. (5.46) and (5.47)
it is clear that the overall capacity variables are large ior large numbers of stages..
Distillation at low reflux ratios increases capital costs since large numbers of stages
are required, and column height is related to the number of stages. Although the
energy requirements are low at low reflux ratios, capital cosis dominate the total
anpuat costs.
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Fig. 6.11 Overall capacity variables as a function of reflux ratio for
the distiflation of an ideai binary mixfure. xp: 0.38, x,,: 0.98, Xy 0.10.

Point (ii) above indicates that x,, and A, mcre:m for large: *&m flow rates,
associated with high reflux ratios. The annual costs df binary ‘distiflation columns
- follow t.:lcsely these trends; capital costs are related fo eolulipn diameter, w...ch in
turn depends on intereal flow rates, and operating costs are related to internal flow
rates,

Point (jii) highlights the minima in the capacity curves, Typical total annual costs |
ve. retly. atio curves also show minima, usually at reflux ratios between 1. )3 and
1.3 times the minimum reflux ratic. These typical annual cost curves apply to both
ideal and non-ideal mixiures. The capacity variables can thus be seen to follow the
same trends with respect to reflux ratio as annual costs. The overall capacity curves
are relatively flat, indicating that the overall capdéﬁty variables are not very sensitive
to reflux ratio near to the optimum reflux ratio. Total annual costs have also been
reported not to be very sensitive to the reflux ratio near to optimum operation
(McCabe and Smith, 1956; Linnhoff et al., 1983).

The optimum reflux ratios lie at 1,43 and 1.55 times the iainimum_mﬂux ratio for
Ko and A,,, respectively. These values are close to the heuristic cptimum of 1.03 to
1.3 times R,;. The two minima in the capacity curves occur at different optimum

reflux ratios, as noted in point {iv) above. The two 6bjective functions, namely the
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capacny variables, were determined and minimized independently with respect to
reflux ratio, and there is no particular reason why the two optimum reflux ratios
should be identical. 1\ o
The overall capacity variables were caloulated for 2 rzéige of reflux ratios for four
different distillate composition specifications. The capacity curves are plotted in Fig,
6.12. The following may be observed:

(i) Each curve has a similar shape o the curves in Fig, 6.11.

(i) The minimum capac:ty values increase with increasing product purity.

(ii) The optimum reflux ratios increase with* ‘creasing product punty
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Fig. 6.12 Overall capacity variables (— x,,,, ~~ A,,) for the distiltation
of an ideal binary mixture, for a range of distillate compositions. Xy
0.38, x: 0.10. Distillate compositions shown.

These observations, once again, correlate with what is known about the cost and
operation of binary disﬁllation columns. Point (i) generalizes the observaﬁons which
were made about the results presented in Fig. 6.11, that the capacxty variables fa"m\
the trends in cost for birary distillation columns.

It may be seen in Fig. 6.13 that the mimmum reﬂux ratio increases as the pmduct
furity increases. It would seem fto follow that, for optimum aperatxon, higher
operating reflux ratios would be used for higher preduct purities. This would be the )
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case, for example, if the heuristic rule of using a multiple of the minimum reflux
ratio were adopted. The increasfng qperating reflux ratios contribute to the increase,
with prodyt purity, in the operating-cosis component of the total annual costs.
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Fig. 6.13 Minimom retlnix rat’.» for the distillation of an ideal binary
mixture. xg 0.38, x5 0.10. P
i

0 L &
‘The number of stages reevired for a given reflix ratio, and for a giv“.:: miltiple of

the minimum reflux ratic:, are plotted in Fig. 6.14 and may be seentto mcrea.se w'th
- prrduct purity. 'The capital costs of the column thus increase with pmduct punty,
both because »f the higher minimum internai flow rates, and because of the lfuger _
number of siages niguired. "
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Fig. 6.14 Number of stages required for the distillation of an ideal
binary mixture using three different reflux ratios, xg: 0.38, x5 0.10.
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A smooth curve is cbtained in Fig. 6.14 when the number of stages requu'ed is
plotted against product compositizn, It thus appears that using fractional siages is
not inappropriate. It may also be obisceved in Fig. 6.14 that a change in reﬂux !é!ia-;; _
from 3 to 10 for impure products generally gives rise to a small increase in the
number of stages required, but for pure products, the number of stages required iy
far more scnsitive to the refinx ratio used. :

Two effecis have been observed: the minimum reflux ratio increases with product
purity, and the number of stages reqyirad increases with increasing product purity,
causing both capital and operating costs'to increass for a typical bmary colunn,

Point (ii) above notes that the capacity varizbles follow the same, trends\ as costs,
since higher product purities are associated with higher total annual costs. Point (iii)
also shows that the capacity variables follow the same trend as costs, since for .
optimum column operation, higher reflux ratlos are required for higher product
purities. Thus the capacify variables are shown to be effectivé ‘?;ost indicators with
- Tespect to product purity.

The minimum overall capacity variables for a range of distillate compositions were -
obtzined by minimizing the overall capacity variables with respect to reflux ratio for
specified product compositions. These valses are plotted in Fig. 6.15. The
following is observed: '
(i) The minimum overall capacity variables increase with inereasing product
purity. |
(ii) For distillation products approaching pure component 1, which is the more
volatile component, the minimum overall capacity variables increase sharply.

The first of these observations reiterztes that the capacity variables follow the same
trends as costs, with respect to product purity. As shewn in Fig. 6.14, the number
of stages required increases sharply as the product composition approaches pure
component I, leading to a sharp increase in cost. The capacity variables, which also
increase sharply for nearly pure products, as noted in point (i) above, may be seen
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to follow the tvends in annual costs as the product purity increases.

0.8 0.7 05 09 1

Fig. 6.15 Overal! capacity variables as a function of product purity
for the distillation of an ideal binary mixture. x;: 9.38, x,: 0.10.

The optimum reflux ratio (R,,) and the ratio of the optimum reflux ratio to the
minimum reflux ratio (R,,/R,;) are plotted in Fig. 6.16 for a range of distilate
product compositions. The general trend is that the optimum reflux ratio increases
with product purity. The trend is not smooth, however, especially for purer
products. The ratio R,,/R,,, decreases from around 3 at low product purities to
values of around 1.5 for purer products. The ratio R,,/R,,;, changes relatively fittle
for purer products, but does fluctuate within this small range, especially for products
approaching pure component 1,

The irregularities in the curves of optimum reflux ratio curves vs. product purity in |
Fig. 6.16 may stem from several sources. Firstly, the relaifonship betwesn the
number of stages required and the reflux ratio is non-linear, as it is governed by the
simultaneous solution of the mass balance equations and equilibrium relationships.
Secondly, it has been noted (and illustrated in Fig. 6.14) that the pumber of stages
is more sensitive to reflux ratio at higher product purities. Thirdly, the definition
of fractional stages is somewhat arbitrary, and its physical meaning is not clear; this
definition may give rise to mathen:tical anomalies. 1t is not clear what causes ihe
erratic behaviour shown in the reflux ratio curves of Fig. 6.18, but it is noteworthy
that this behavionr arises even for the most ideal of distillation processes: a binary,
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constant relative volatility system,

Reflux ratio
[\ ]

0.6 07 0.8 0.9 1

Fig. 6.16 Minimum reflux raw., optimum reflux ratio, and R,/
as a function of product purity for the distillation of an ideal binary
mixture. xg 0.38, x5 0.10.

The first of these three pi~ - will be examined in some more detail. The reflux
ratio and number of stages required, for a given product and feed specification, are
not independent. The number of stages required may be calculated by the .
simultaneous solution of the mass balance and equilibrium relationships Yor a given
reflux ratio. As shown in Fig. 6.14, there is a smooth relatiorship between the
number of stages, N, and the reflux ratio, R. The expressions for «,, :11‘1_(1 Ao also
depend on both the reflux ratio and the nunber of stages reguired. For example, the
overall boiling capacity is proportional to (R-+1)(V+-1) for a fixed product pair, The
curve of «,, v5. R is smooth for any particular product composition; it is the curves
of the optimum reflux rafio and the associated number of stages required as a
function of product purity which are not smooth. Also, the optimum reflux ratios
for minimum values of «,, and A, are sometimes identical and sometimes different
from, each other; the reasons for this must be similar to the reasons for the
irregiii}aritiés in the curves of the optimum reflux raticn vs, product purity.

The minimum capacity variables, optimum reflux ratios, and the numbers of stages
required for a range of distillate product compositions are pré'sented in Table C.1 in
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Appendix C. It is interesting o note that the number of stages required in either the
rectification or strpping section, for minimum x,, or X, is frequently;r\hut not
always, an integer. This result was generated by the minimization routine, for which
the optimization variable was the reflux ratio and was checked using a range of |
methods. Tt is thought that the non-smooth behaviour shown in Fig. 6.16 and the
occurrence of an integral number of stages in one column section are due io complex
interactions between the mass balance equations and the equilibrium relationships.
~ The underlying mathematics, which is based on the difference equations describing
the column mass balance, lies cutside the area of expertise of the author, so this
re.uit cannot be fully explained. This phenomenon is szen to occur for the simplest
case sfudied ~- namely, the distillation of an ideal binary mmture — as well as for
all the other distiliation columns studied in this chapter.

Summary

The capacity variables have been shown to follow known trends in costs asspciated
with binary distillation processes for an ideal binary mixture, for which constant
relative volatilities were assumed. The minimum overall capacity variables are seen
to increase with increasing product purity, following the trends in cost for a binary
distillation column, An optimum in the capacity curves, with respect to reflux ratio,
was observed, which is slso observed in the total annual cost curves for distiflation
processes, ‘The optimum reflux ratios, with respect to capacity variables, were, in
this case, approximately 1.5 times the minimum reflux ratio, that is, they were close
to the heuristic optimum reflux ratio of 1.03 to 1.3 times the minimum reflux ratio.
The capacity variables are thus seen to be effective cost indicators.

There are non-linear relationships between the reflux ratio and the number of stages
required, both in the simultaneous solution of the mass balance and equilibrium

equations, and in the form of the capacity variables. These relationships may give |
rise to the erratic behaviour of the optimum reflux ratio and number of stages with
respect to product purity which was observed. It is noted that this behaviour occurs
even for the highly idealized thermodynamics assumed here, namely constant relative
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volatilities and ideal vapour interactions, and for the relatively simple and well- |
understood binary distillation system. ' \

6.5.2 Distiltaticn of a non-ideal binary mixture

The distillation of a binary methyl ethyi ketone (MEK)-foluene mixture was
simulated, Non-idsal interactions in the liquid phase and ideal vapour phase
behavionr were assumed. The vapour pressures were described by Antoine
eguations, and'a two-suffix Margules equation was used to describe the liquid
behaviour. No azeotropes are formed by this system ut the simulation pressure of
100 kPa, Thermodynamic data for this mixture are given in Table 6.1. |
Table 6.1 Thermodynamic data for non-ideal binarv and ternary systems.

* Antoine equation: In(y [(KPa]) = 4; — BIT[°C] + C)
* Ay: 0.372; Ay: 0.198 (Smith and Van Ness, 1987)

A | B c Iny |
MEK (10,736 |1412  |147.468 [x2(dy + 2(Ay—Aiix)*
Toluene |10.829 [1517 [133.634 |x(dy + 2(Ap—Aytxy)*

Vinyl acetate |19.076 {5781 [327.420 |0

L)

The overall capacity variables for this process are plotted against refiux ratio in Fig.
6.17 for a specified feed and a range of product compositions. The curves in Fig.
6.17 follow the same trends of those of Figs. 6.11 and 6.12, and of typical total

annual cost curves.

The minimum overall capacity variables are plotted against distillate composition in
Fig. 6.18. The same trends noted for Fig. 6.13 are observed: the overall capacity
variables are seen to follow the frends in cost with respect to product purity, and to
increase sharply as the product approaches pure component 1 (MEK). The non-
idealities of this mixture do not fundamentally change the behaviour of the binary
distillation process, which is as might have been expected.
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Reflux ratio

Fig. 6.7 Overall capacity variables for the distillation of 2 non-ideal
binary mixture as a function of reflux ratio for a range of d:stﬂlate
compositions., xg 0.38, x5 0.05.
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Fig. 6.18 Minimum overall capacity variables for the distillation of
a non-idezl binary mixture as a function of product purity. xz 0.38,
xp 0.05.

The minimum and optimum reflux ratios are plotted in Fig. 6.19. For this non-ideal
mixture, the minimum reflux ratio increases with product purity, as for the ideal
mixture, but the irregularities in the R,, and R, /R,,, curves are more pronounced.
Possible reasons for this erratic behaviour were presented in Section 6.4.1. In this
case, as in the ideal case, the ratio R,,/R,, is larger for very impure distillate
products (where R, approaches zero) and fluctuates in a narrow range closeto 1.5
for the purer products. ’
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Fig. 6.19 Minin \wm reflux ratio, optimum reflux ratio and R_/R,,,
for the distilladon ‘\n‘t‘ a2 non-ideal binary mixture. x;: 0.38, x;: 0.05.

The :ninimum overall capacity variables, optimum reflux ratio and required number
of stages, for a range of distillate compositions, are given in Table C.2. In many
. cases, the optimum reflux ratio is associated with an jateg al number of stages in
either the rectification or stripping section of the column. Once again, it is proposed
that the non-linear'interactions between the reflux ratio and nuraber of stages causs
convergence at integral numbers of stages.

Surtmary
Y
‘When this non-ideal binary mixture is separated in a distiilation column, the capacity
variables follow the same trends as for the distillation of an ideal binary mixture.
This supports the argument that the capacity variables are effective cost indicators.

" 6.4.3 Distillation of an ideal ternary mixture

The distillation of 2 hexane-heptane-nonane mixture was simulated using difference
equations and the boundary value method. The overall capacity variables of the
distillation process were investigated and are presented in this section, The
thermodynamic data is based on that used by Levy et al. (1985). The constant
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AT

relative volatility of hexane and hepLﬁefis 2.47, tnd of hexane and nonane is 12.67,
{The value of 2.47 for hexane-heptane %5 derived from Levy er ¢l (1985) from the
vaiues of 2.57 for pentane-hexane and 6.35 for pentane-heptane.) The residue curve
map for this system is shown in Fig, 6.20.

2 02 04 0B 08 1
v Hexane

: ¥ig. 6.20 Residue curve map for the ideal hexane- neptane-nonane
system

Using d;ffere&nal equations to describe column dxstdlatmn Levy er al. (1985)
showed the minifivam reflux ratio decreasing with increasing distillate purity for this
system. The minimum reflux ratio was seen to approach an "absolute minimmum” as

the amount of nonane in the distillate product apprcached zero. In this work,

difference equations (2.5} and (2.8) were used to model column behaviour. It is .

shown in Fig. 6.21 that the minimum reflux ratio decreases as the purity of the /f
distillate increases, which agrees with the trends found by Levy ef al. (1985). Tha
numerical valves obtained are different to those obtained by Levy ef al. (1985), but
these differences may be attributed to the stightly different hexane-heptane refative
volatility (2,37) used by them, and to discrepancies hetween using difference
equations and differenﬁai equations to model columa behaviour.
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Fig. 6.21 Minimum reflux ratio for the distillation of a hexane-
heptane-nonane mixture. x;: (0,30, 0.30, 0.40), x;,: 0.001, xp,°
0.999,

The relaﬁonshi? between R, and distillate purity is not smooth. Figs. 6.22(a-¢)
show the column profiles at the minimum reflux ratio for fixed feed and bottoms
compositions and a narrow range of distillate compositions, ‘The stripping profiles
may be seen to just touch the rectification pmﬁlé§ at the siripping pinch point. The
pinch point of the stripping section moves from after the seventh stage to after the
sixth stage of the rectification section as the purity of the distillate increases. This
gives rise to a sharp change in the slope of R, . X5 5, as shown in Fig. 6.22(1).
Each of the changes in slope in Fig. 6.21 may be attributed to 2 similar change in
position of the stripping profile pinch.

The overall capacity variables were calculated for this System and are shown for
some particular product specification in Fig. 6.23(a). The number of stages required
in the stripping and rectification sections, as a function of reflux ratio, are shown in
Fig. 6.23(b). Near to the intersection of the rectification and stripping profiles, the
consecutive liquid composition points on the stripping prof dc He increasingly close
together as the reflux ratio decreases and approaches the minimum reflux ratio.
Therefore the number of stages in the stripping profile increases sharply, as the
reflux ratio decreases, until, at the minimum reflux ratio, the profiles just touch at
the siripping pinch point. This explains the sharp increase in the rumber of strilipif;lg
Chapter 6 Case Studies: Applyin= the Capacity Variables to VLE Separation Processes r‘£21
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Fig. 6.2Z (a-e) Column profiles for the distil*ation of an ideal ternary
mixture at the minimum reflux ratio. Stripping profile pinch point
moves from afier to before the seventh stage of the rectification
profile. (fy Minimum reflux ratio changes sharply with product purity
as a result of this change. X (0.3, 0.3, 0.4), x,,: 0.001, x5, 52 0.999.
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Fig. 6.23 () Oversil capacity variables for the distiliation. of a
hexane-heptane-nonans mixture, xg: (0.3, 0.3, 0.4), x5, 0.001, X, ¢
1-10™, (&) Number of stages required as a function of reflux ratio.

The minimum overall capacity varables were calculated for a range of distiilate
specifications, and are presented in Fig. 6.24. The minimum overall capacity
variables follow closely the trend in R,,, with distillate composition: minimum «,,
and A, decrease with incréésing product purity and exhibit changes in slope similar
to those of the R, curve. That x,, and A, decrease with product wurity is a
surprising result, since it suggests that annual costs decrezse with prdduct purity.,
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Fig. .24 Minimum ove:z:l cai:acity Variables and minimum reflux
ratio as a Tanction of procuct purity for the distiliation of a hexane-
heptane:ppnane mixture. Xz (0.3, 0.3, 0.4), xp;: 0.001, x5 ;: 0.999,

Fig. 6.25 shows that the number of stages required generaily changes very little with
product purity for a fixed reflux ratn {Tne upper curve tends to infinity where the
product specificaﬁon is such t!w the minimum reflux ratio is eql[xal to 3. For
product compositions to the right of the asymptote, separation is not feasible‘at a
reflux ratio of 3.) Given that the minitium reflux ratio decreases with increasing
preduct purity and that the number of stages is almost constant with respect fo
product purity, it follows that costs may well decrease with product pusity. The
‘surprising result that «,, and A, decrease with product purity does not therefore
imply that the capacity variables are poor cost indicators.

In Fig. 6.24, the minimum overall capacity variables show sharp changes in slope
in similar positions to the changes in the R, V5. X, ; curve. These sharp changes
in slope may arise through geometrical effects similar to those which gave rise to the
changes in slope in the graph of minimum reflux ratio vs. product purity.-

The optimum reflux ratios are plotted in Fig. 6.26 and may be seen to follow the
same gereral trends as R,,: the optimum reflux ratios decrsase with increasing

product purity, but the trend is not smooth. The opiimumn refiux ratios for x,, lie in
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the narrow ronge o;F 1.05 to 1.17 times the minimum reflux ratio, and for A, {1ey

lie in the range 105 to 1.28 times R,,,. Both ranges fall within the heuristic range

of 1.03t0 1.3 timeai@ R, Inboth cases, there is a slight general increase in the ratio

R, /R, with produict purity, although this trend is not smooth. These irregularities

may be attributed to the non-linear relationship between reflux ratio and number of
" stages, as dis'cussed; previously.

| 28
1‘. oo+
154 '

o |

!1'

|_r'

[ S E———

(R CABC " LI U T i S
| .

Fig. 6.25 Number of stages reuired as a function of product purity,

for two fixed reflux ratios, for the distiliation of a hexane-heptane-
nopane mixturs. Xz (0.3, 0.3, 0.4), x5,: 0.001, x;,,: 0.999.
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Fig. 6.26 Minimum reflux ratio, optimurm reflux ratio and R /R t
for the distiliation of z of a hesane-heptane-nonane mixture. X! (0.3,

0.3, 0.4), Xy: 0.001, xp,: 0.999.
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The number of stages which are required for minimum x,, and ), for 2 yange of
distillate product compositions are presented in Table C.3. It may be seen that, for
every specified distillate composition, optimum olumn operation requires the use
of an integral number of stages in either the stripping section (more usuaily) or the
rectification section of the column. The discrete changes in the number of stages |
requirsrd do not scem ta correspond to the discmte"éhanges in the slope of the
miizmum capacity variables with product purity.

6.4.4 Distil*-los of 2 non-ideal ternary wixture

The disti{lation of the systi:m methyl ethyl ketone (MEK) —toiuene—vinyl acetate was
simulated, and the behaviour of the overall capacity variables was exariined. All
three components were assuimed to behave ideally in the vapour phase. Vinyl acetate
was assumed to show idezl behaviour in the liquid phase, while the' behaviour of
MEKX and toluene was described by a two-suffix Margules equation The residue
curve map for this system is given in Fig. 6.27 and the thimodynamic data are
- given in Table 6.1. Three pases were studied for this mixture, the product
specificatians for which are given in ‘Table 6.2. The mass balance lines for these
cases are shown on the residue curve map in Fig. 6.28." : -

Table 6.2 Feed and product specifications of the non-ideai temai'y
distiliation jrocesses studied, '

Feed ' Distillate Bottoms composition
composition composition .
Case A {0.20.50.3 0.30.150.55 | %33 = 0.003 — 0.175
Case B {0.20.50.3 0.2 0.05 0.75 Xz = 0.01 — 0,29
Case C (0.20503 |x,, =0.005 ~0.334 | 020,75 0.05

The most vola & component is vinyl acetate. The distillate compositions may be
seen to be generally rich in vinyl acetare, and the bottoms compasitions are rich in
the least volatile component, toluene, In Case A, as the specification of the bottcms
changes along the mass-balance line, more vinyi acetate and MEK are introduced
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into the bottoms. In Cases B and C, the mole fraction of MEK, the intc:inediate-
boiling component, is held constant, and the product composition is varied, so more
Jow-boiling vinyl acetate remains in the bottoms in Case B, and more high-boiiing
toluene remains in the distillate ir Case C.

o o0z o4 08 : 1
Joluans a‘%mm

Fig, 6.27 Residue curve map for the MEK —totuene—vinyl aceiate .
system,

Fig, 6.28 Mass balance lines for the tiwee non-ideal ternary
distiflation cases studied.

Typical overall capacity-reflux ratio curves are shown in Fig. 6.2 for two different
product compositions, where the fead and co-product compositions are fixed. The
overall . apacity variables follow the trends in total annual costs, as was the case in
Figs, 6.11 and 6.12 for the ileal binary distiflation ¢xample. It may be observed
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that the minimum values of «,, and A, may increase or decrease with increasing
product purity, and that in all three zases the optimuin value of the reflux ratio
decreases with product purity. These two results seem counter-intuitive, since it
would be expected that the optimum reflux ratio and process costs would increase
with product purity, as they do in the case of a binary distillation columi. These
phenomena have been noted previously for the distillation of an ideal iernary mixture
in Section 6.4.3. It is also noted that «,, may be greater or smaller than A,.

" Fig. 6.30, in which the minimum reflux ratio is presented as a function of pro&tzs@
purity, provides some clues to why the optimum reflux ratic may decrease with .
product purity. In all the cases presented, R, decreases with product purity. In
Cases A and C, the relationship is not smooth, and in Case C it is not monotonic.
The general shape of the R,,;, curve and the vange of R,,, values differ for the three
cases, which ié indicative of the counter-intuitive behaviour of temary distitlation
systems. | |

*

The minimum reflux ratio curves end short of the feed composition in Cases A and
C because limitations on product oompaagti;n oceur? ther® are maximum feasible
values of x5 in Case A and x,, in Case C. The column profile regions for 2
bottoms composition close to the limiting product composition, B, and a fived
distillate composition are shown in Fig. 6.31(a) for Case A. Bottoms product
compositions on the mass balance line closer to the feed than the point B ire Mot
feasible, but those further from the feed (mi the left of pointhB' on dhe same mass
balance line) are feasible,
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Fig. 629 Overall capacity vasiables for two product compositions,
Yor the distiilation of a non-ideal ternary mixture. Xz (0.2, 0.5, 0.3).
| (a) Case A, (b) Case B. () Case C.

i

Chapter 6 Case Studies: Applying the Capacity Variables to VLE Seperation Processes



0 002 004 005 008 01 012 0.94 016 018

@

12

104
%8" f -
55T
s
x‘hﬁ

2+ Ruin

0 : : : 4 ;

6 005 681 015 02 028 03

XBIS M‘“ m} - +

a " "

0 005 01 015 02 025 03 045
X, 5 (Toluens)
©

Fig. 6.30 Mirimum reflux ratio as a function of product purity for
the distillation of 2 non-ideal ternary mixture. Xz (0.2, 0.5, 0.3). (2)
Case A. (b) Case B. (¢) Case C.
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Fig. 6.31 Column profile regions. X2 (0.2, 0.5, 0.3). (@) Case Az B®
is just feasible. (b) Case B. () Case C: D’ is just feasible,

Chapter 6 Case Studies: Applying the Capacity Variables to VLE Separation Processes’ 131



The boundary of the rectification profile region is given by the total reflux curve (ths
residue curve through D) and the reversible distillation profile (the pinch point curve
through D), as discussed by Wahnschafft er al. (1992). The boundary of the
stripping profile region is giver by the residve curve and the pinch point curve
through B" and the zero-reflux profile initiated at B*. The last of these three loci is
required to close the region, since the only common point of the residue curve and
the pinch point curve through B” is the pure vinyl acetate vertex. The .ro-reflux
proiile was not aiscussed by Wahnschafft ef al. (199_2‘.}. It represents the case where -
the lignid flowrate in the stripping section is equal to the feed flow rate. When the
intersection of the rectification profile region and the stripping profile region is a
single point, then the minimum reflux ratio is equal to the maximum reflux ratic,
which must also be equal to the optimum reflux ratio.

Similar limitations on the product composiiion are observed in Case C. Fig. 6.31(c)
shows the product profile regions for a distillation product which is just feasible,
since the product profile regions just intersect. Distillate products on the mass
balance fine closer to the feed than the point marked D" are not feasible, while those
to the right of D" and on the same mass balance line are feasible. The column
profile regions for the distillate and an arbifrary bottoms composition are shown in
Fig. 6.31(b). These regions may be seen to overlap easily and substantially, so that
product limitations do not arise in Case B.

The minimum overall capacity variables are plotted against bottoms product purity
in Fig. 6.32. In Case A, they vary smoothly, increasing sharply for very pure
products, and increasing slightly for x5, very close to the maximum feasible value
at B". The minimum values of «,, and ), vary relatively littie for 2 wide range of
bottoms compositicns. For purer products, the minimum overail boiling capacity is
smailer than the minimum overall boiling capacity, but around x,; = 0.085, the
order of these two variables is reversed. The two cases presented in Fig. 6.29(a)
also show how the mirimum value of x,, tmay be greater or smaller than the

minimum value of A,,.
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In Case B, Fig. 6.32(b) shows that the nﬁﬁimum values of «,, and X, increase -
smoothly as the product purity increases, and for very pure distifiate products, these
varizbles increase sharply. However, in Case C, the minimum overall capacity
variables decrease sharply as the produ:.t purity increases from the limiting
composmon at D+, and then generally increase and then decrease with increasing
product purity, as shown in Fig. 6.32(c). These general rends are interrupted by
' local changes in the slopes of the curves. The decrease i in the minimum overali
capacity variables as the mole fraction of toltene decreases 18 e er surprisifg, but
was also observed for the ideal ternary distillation process. The sharp increase inx,,
-, and A, for products approaching B" in Case A {x; = 0.176) ana D'in Case C s,

-—0334) will be seen to be the result ofoneranngcloserd?,..

The minimum and optimum reflux ratios for the feasible range of product

compositions are given in Fig. 6.33. In Case A, optimum reflux ratios,

corresponding to minimum «,, and A,,, vary between 0.64 and 1.45, which is 2

relatively narrow range. Optimum reflux ratio values generally decrease with
_increasing product purity, following the general trends in R, but close to the
- limiting product composition, Be, this trend is reversed. At B" the optimum reflux

ratio is equal to R, ' .
Therefore the ratio R, /Ry which is plotted in Fig. 6.33(), tends towards uniiy for
pfoducts approaching B+, but otherwise displays no particular trend with product
composition. The average of the values of the ratio R,,/R,,, fall within the heusistic
range, but some individual values do not. The irregularities in the R,,/R,,, curve for |
k. and A, are quite different from each other: changes in slope do not occur at
simifar product compositions, increases in R,/R,, for x, may be matched by
decreases in R, /R,;, for A, an? the magnitude of change i3 genertly greater for
X, than for A,,.
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In Case B, as shown it ”Fig. 6.33(b), the optimum reflux ratios decrease as the |
product purity increases, following the trend of the mirimum reflux ratio. The
optimum reflux yatio curves are uniformly not smooth. For both &, and A, the
ratio R, /R, generally fluctvates around the average value of R /R, (.e., in the
range of 1.10 to 1.52 times R,;) which is close to the heuristic range. The optimum
reflux ratios roughly follow the trends in R, as the product purity iricreases in Case
C. R, generally increases with product parity, 2nd for purer products, the optimum
reflux ratios fluctuate within a narrow range. The ratio R /R, is generally around
1.3 for x,, and around 1.4 for A_,, except for products approaching D", where the

ratio decreases asid approaches unity.

In all three cases, the opt’~um reflux ratios for «,, and A, are independant of each
other, as discussed for the ideal bfi.rv distillation case in Section 6.4.1. Likewise,
in all three cases, the optimuin refiux rario curves exhibit pronounced irregularities
similar to those reported for other distillation systems.

The minimum capacity variabies, optimum reflux ratios and number of stages
required for a range of bottoms product specifications are given in Tables C.4A to
C. For some choices of prodact composition, one or both of the capacity variables
are minimised when an integral number of stages is used in either the siripping or
the rectﬁymg section of the column. Some of the fluctuations in the optimum reflux
ratio appear to be associated with changes in the nufnber and position of the integral
stages for minimum x,, or A, "

In Case A, as shown in Fig. 6.34(a), the relationship between changes in the slopel

of x,,, particularly, or A,, and the number and position of the integral Stages in the
column may be seen. However, not all fluctuations can be linked to changes in the
number and position of integral stages in the column. In Case B there is no clear
relationship between the change in nuiber and position of the integral stages and the
irregularities in the optimum reflux ratio curves. It is shown in Fig. 6.35(b) that in
Case C the changes in the optimum reflux ratio for »,, follow closely changes in the
number and position of the integral stages. However, only some of the fluctuations
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Fig. 6.34 Optimum reflux ratio for the distillation of an non-ideal
ternary mixture. Integral number of stages required in the
rectification (R) or strippin; (S} section are marked. — x,,, - A, (&)
Case A. (b) Case C.

In Fig. 6.35, the total number of stages required, corresponding to the minimum
overall capacity variables, are ploiied as a function of product composition. In Case
A, the number of stages increases sharply for products close to the extreme feasible
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compositions: that is, as xp; approaches { and 0.13. For intermediate product
compositions, the total number of stages varies relatively little. In Case B, the total
number of stages in the column increase as the product purity increases, although
this trend is not smooth. In Case C, the rumber of stages varies little, but not
smoothly, for both minimum «,, and minimum A, as the product purity increases,
Howaiver, as the distillate specification approaches D+, the num’.r of stages required
increases sharply. In all cases, the irregularities in thess curves are related to those
in the optimum reflux ratio curves, illustrated in Fig. 6.33, since the capacity
variables relate the reflux ratio and the number of stages required.

Summary

The overall capacity variables for the distillation of a non-ideal ternary mixture were
studied for three sets of product specificatiors. All the overall capacity-refiux ratio
curves followed known trends of annual cos:: as 2 function of reffux ratio, showing
the capacity variables to be useful cost indicaturs with respect to reflux ratio.

All three casés showed R, decreasing with increasing pfoduct purity, not necessarily
smoothly. ihiz {rend is somewbhat unexpected, dut is the same as the trend
demonstrated ior the ideal ternary (constant relative volatility) system. “The
geometries of the column profiles are responsible for this trend, as well as ior the
changes of slope in the R, curve. In Case C, R, as a function of product purity
is not a monetonic function,

‘The minimum overall cape ity variables increase smoothly and sharply with product
purity for very puie produc:: in Cases A and B, but decrease in Case C, Where
there are limitations on product composition (in Cases A and C) the minimum
overall capacity variables increase as the product composition approaches the limiting
composition. In Case A, x,, and ), increase only by a small amount near to the
limiting bottoms composition. Cases where «,, 1s greater than A,,, and where «,, is
smaller than A, have been observed.
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The ratio of the optimum reflux ratio to the minimam nzlex ratio, R, /R, was
vlotted in the three non-ideal ternary cases considered. in all cases, thé values of
Rop/Rou lay close to the heuristic range and did not exhibit any distinct general
trends. This indicates that x,, and A\, agree with distillation experience and
optimization heuristics: that the ratio R,/Rus, Which lies in ~ narrow rangs, is
1latively insensitive to feed and product compesitions and system thermodynamics.
The optimum reflux ratio curves always show some frreguolarities, as they did for the
ideal binary case. '

A number of strange and “"counter-intuitive® features have been observed for the
distillation of a non-idea! ternary mixture. In Chapters 2 and 4, it has been argued
that present understanding of distillation: is not as developed as it might be. Xt is
asserted that the phenomena which have been observed are features of the distiilatien
process, rather than introduced by the capacity variables.

6.4.5 Summary of results for colums distillation

Binaty and ternary systems, both ideal and non-ideal, have been investigated
regarding the behaviour of their overall cepacity variables for distillation processes.
A small number of cases have been presented, and few common trends have been
observed. It is‘therefore not possible to draw general conclusions about the overall
capaeity variables for distillation. Several questions have been raised for which

answers are not yet available.

It has been argued that «,, and X, are cost indicators, from the forms of egs. (5.46)
and (5.47). For the binary columns studied, it is clear that these proposed cost
indicators do indeed foliow the known trends in cost ior binary distillation. The
costs and feasible products of ternary columns are not as well understood. Some
evidence has teen used to show that the behaviour of &, and A, agrees with
distillation practice.
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The minimum reflux ratios for a range of sysiems and product specifications have

been presented. Itis clear from the K, vs. product compositions curves that cofunin

operation changes with the system thermodynamics and product specifications.

Given that the minimum reflux ratio curves change with product specification, it is

to be expectad that trends in x,, and M, also change with product specification. Tha

the behaviour of the minimum reflux ratio as a function of product composition is

often "counter-intuitive" indicates that our infuition may not always be adequately

developed. The forms of egs. (5.46) and (5.47) relate the capacity variables to

internal flow rates and number of stages, sné thus to both operating and capital
costs, 'The obseived anomalies must be mtrod“uwd by unexpected relationships
between flow rate, number of stages and produp';' composition, rather than by the
capacity variables, o

Limitations in feasible products for a given mass balance line also appear to b¢
associated with increased capacity variables. Thisis contrary to general expectation:
surely it is always cheaper to achieve less separation than more separation? Limiting
product gompositions most often arise under limiting conditions of distillation
(Wahnschafft et al., 1992), for example, total reflux, or operation at a pinch point.
These limiting conditinns are associated with high costs, This would seem to
confirm that it is not necessarily cheaper to relax product specifications. ‘

It has been siown here and previously (for example, by Laroche et gl., 19922} ifiat
ternary distillaticn columns display some "curious” effects. It is proposed that the
strange behaviour of the overall capacity variables merely reflects the behaviour of
ternary distillation columns. It is likely that more such effects would be displayed
| by azectropic systems, which have not been considered in this study.

The irregularities in the curves depicting the optimum reflux ratios and optimum
number of stages are not fully explaired. The fact that they appear for the simplest
possible distillation case — naniely, for an ideal (constant relative volatility) binary
mixture — would seem to indicate that they are a property of the minimum overall
capacity variables for distillation. The algebra involved in the simultancous solution
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even for an ideal binary distillation column, is based on ditference equations and is
highly non-linear, and may be responsible for the apparently erratic behaviour of the
optimum reflux ratios.

6.5 Conclusions

In Chapter 3, the sets of feasible products of a ternary system separated by two flash
stages arranged in series and in paraliel were compared. It was proposed that, for
some product specifications, the serial arrangement of two flash stages costs less than
thé refluxed arrangement, and vice versa. It has been itlustrated here that, likewise,
some products which are feasible by both processes ace associated with lower overall
capacity variables for one process than for the other. The capacity variables have
been shown, iy this example, to allow the quantitative comparison of alternative
separation processes.

This work has presented some examples showing how alternative separation
processes may be compared, iltustrating that the capacity variables are useful tools
for process synthesis. For example, seme products of the refluxed arrangement of
two flash stages are associated with lower capacity variables than the serial
arrangement, and some with higher c:ipacity variables. It is not known ‘what
_ determines which process will i the most cost-effective. It has not been possible
to generalize these observations and thereby develop rules for predicting which
process will be associated with the lowest capacity variables for a given set of
specifications. '

It would be desirable to construct a region of feagible products in composition-
capacity space for the distillation of a particular feed. The capacity-product
composition curves of Fig, 6.32, for example, would lic on such a surface. Each
of these curves is associated with a particular co-product; the difficulty is
representing both the set of feasible products and the fixed co-product. Resolution
of this problem would enable the process synthesis questions about what the total
region of feasible products is, and where the focal or glebal minima are in the cost
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surface, to be answered. However, even the composition space answers to these
questions are not yet available; nor is it possible at this stage to generate a region in
composition-capacity space of all possible distillation products of a given process
feed.

The capacity variables of binary distillation processes have been considered in this
. ~udy. Binary distillation processes are well understvod, and the capacity variables
have been shown to follow closely the trends in costs, both with respect to refiux
ratic and product purity. Furthermore, costs and the capacity variables exhibit
similar behaviour, in that a flat optimum may be observed for both.

Temary distillation processes were also considered in this study. The costs and
other operating trends (such as minimum reflux ratio as a function of product purity)
of fernary distillation processes are not as weli understood as those for binaty
distillation processes. It is argued that the capacity variables are effective cost
indicators for ternary distillation systems, and that the *counter-intuitive” behaviour
of x,, and ), and the optirnum reflux ratio is more a reflection of ternar; distillation
phenomena than an indictment of the capacity variables. The capacity variables are
sensitive to the system thermodynamics and product specifications; this aflows a
process to bie optimized specifically, rather than by using the very general heuristic
optimization rules.

Process costs and the capacity variables are sensitive to product purity. Product
purity is therefore an important optimization variable. The product specifications for
a process should not be set too rigidly during flowsheet synthesis without considering
their impact on process costs.

Resuits for both the boiling capacity and the condenging capacity are presented in
this chapter, Both variobles cannct be optimized simultaneousty, since they are
defined independently. Both varigbles are required, since both boiling and
condensing processes have their costs. It is not yet completely clear what role each
variable wouid play in the evaluation of a process. It is proposed that process
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synthesis decisions be made once information about both overall capacity variables
have been calculated. These derisions would be based on the variable which
dominates process costs. For example, if steam is the heating utility and cooling
water the condensing wtility, one would generally be more concemed with
minimizing the boiling capacity; where refrigerants are used, the condensing capacity
m:y be of greater interest. For distillation columns, both minimum capacity
variables occur at similar reflux ratios and the capacity curves have flat minima with
respect to reflux ratio in the region of the optimum reflux ratios: in this case,
process synthesis decisions are not very sensitive to which optimization variable is
selected,
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Chapter 7

Conclusions

7.1  Imtroduction

In the synthesis of a separation process, the process design engineer is concerned
with the range of product compositions that a particular choice of equipment may
achieve, and with the cost-effectiveness of the processes being considered. The
feasible products of separation processes and the assessment and comparison of
flowsheet alternatives have been discussed in this work. This study has considered
the vapour-liquid equilibrium (VLE) 'separation of ternary, homogeneous, non-
reacting mixtures in constant pressure processes.

7.2 Composition of feasible products

Previous work on the feasible products of VLE separation processes has focuséd on
column distillation, which is the most common of these processes. Some ambiguities
and simplifications in past work have limited the generat applicability of the solutions
which were found. Boundaries of regions of feasible products were found $o arise
through processes which are only possible in the limit, such as very sharp splits,
fotal reflux and reversible operation. The costs associated with these boundary
points are therefore infinite. Ifis a limitation of composition space that process costs
and product quantities are not explicitly represehbed.

Processes comprised of any number of simple distillation, simple condensation and
mixing stages were examined for the region of feasible products. The product region
of these processes was found to be the entire composition space., An important
conciusion is that the products of VLE separation processes are not intrinsically
restricted; limitations arise from the specific choice of separation equipment.
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The product region of processes comprised of one or two flash stages and mixing
were invéstigated. Three configurations of two flash stages were studied, namely
two flash stages in parallel, in series, and in series with reflux (which is effectively
a two-stage distillation columnj. It was found that the serial arrangement of two
flash stages could achieve some product compositions which lie outside the region
of feasible products of the refluxed configuration of two flash stages, and vice versa.
Furthermore, the costs associated with achieving some particular product by the
refluxed arrangement were estimated to be far greater than those of the serial
arrangement. It was concluded that the two-stage distiliation column is not
inherently better than other two-stage VLE separation processes in ‘erms of botii
composition and cost. It appears that a flexible approach to the choice of VLE
separation equipment may be of benefit in the synthesis of processes.

7.3  Optimization of separation processes

An objective function for the assessment of the cost-effectiveness of altemnative
separation flowsheets was required. Previous research on the optimization of

istillation columns showed that total annual cost, incorporating both capital and
operating costs, is a suitable objective function.

The main optimization variable used previously for the optimization of distillation
columns is the reflux ratie. The optimum reflux ratio is generally accepted 25 lying
in the range of 1.03 to 1.3 times the minimum reflux ratio. This heuristic rule
provides a simple altetnative to full costing for the optimization of processes. The
rule is well established for binary distillation columns, and it has been shown to hold
for some examples of ternary separation which have been presented in the literature.
However, it is not clear that it is generally applicable fo multi-component
separations.

The vast majority of the research-dons previously into the optimization of VLE
separation processes has focused on column distillation. The heuristic rute for the
optimization of distiilation processes, which concemns reflux ratio, is not applicable
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to other separation processes. Sﬁ(;rt of costing processes fuily, simple techniques for
assessing cost which accommodate 4 range of VLE separation processes do not
appear to exist.

7.4  The capacity variables

The capacity variables were defined for an equilibrium stage, and the definition was
_extended to overall capacity variables for processes comprised of one or more such
stages. These overall éapacity variables were investigated for their suitability as cost
indicators. The criteria for cost indicators are that they should apply to a wide range
of VLE separation processes, that both boiling and condensing costs should Je
accommodated, and that both capital and operating costs should be incorpor&:eéi @

Two separate capacity variables were defined, one for boiling and one for
condensing. For the range of steady-state VLE separation processes considered,
consistent results are obtained for the overall capacity variables; that is, the equations
for calculating the overall capacity variavles are of the same form in each case. It
was argued that the capita! and operating costs of the process are incorporated by the
overall capacity variables. . .

The overall capacity variables of a number of separation processes were calculated.
‘The capacity variables of binary distillation columns were found to exhibit similar
featurss to the total annual costs of these processes with respect to reflux ratio and
to product purity. For the disiillation columns studied, flat optima were observed
in the capacity variables with respect to reflux ratio, as has also been previously
shown to be the case for the process costs of distillation columns. The optimum
reflux ratios, giving rise to minimum overall capacity values, were found to be close
to the heuristic range. Product compnsitions close to the boundary of the region of
feasible products were characterized by higher overall capacity variables, reflecting
that points or the boundaries of preduct regions are attainable only under Lmiting
conditions, and hence at nigh gost.

Chapter 7 Conclusions 147




The overzll capacity variables were thus found to fulfil the criteria for cost indicators
of VLE separation processes. That they are simple to calculate and have a physical
interpretation further advances the case that they may be used as tools for process
synthesis and optimization.

In order to calculate the overall capacity variables of distillation processas, the
difference equations describing fhe mass balance of the column and the equilibrivm
refationships must be solved simultaneously. Even for distillation columns separating
ideal biwary mixtures, seme apparently erratic trends in the optimum reflux ratio
with respect to product purity have been observed. The overall capacity variables
are often minimized for an integral number of stages in one section of the column.
The physical meaning, effects on cost, and mathematical consequences of using
fractional stages are not completely clear. This work has observed how the overall
capacity variables behave but has rot compietely analyzed the mathematics governing
them. '

‘Ternary distillation columns are well known to behave quite differently to binary
columns. The forms of the equations giving the overall capacity variables as a
function of reflux ratio and number of stages agree with our understanding of the
costs of distillation. However, some sirange, or counter-intuitive, trends have been
noted in the relationships between the overall capacity variables and product purity;
That costs of ternary distillation may decrzase with increasing purity of one of the
products is not known to have been reported previously. The - 1expected results fior
ternary distillation columns may be an obstacle to the acceptance of the overall
capacity variables as cost indicators, bu: follows logically from the column behaviour
{minimum reflux mﬁb, optimum reflux ratio and optimum number of stages) with

increasing product purity.
7.5  The overall capacity variables as toels for process synthesis

It is proposed that the overall capacity variables could prove useful tocls for process
synthesis and opiimization, Since they may act as indicators of process cost,
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alté, jive column configurations and $éparation flowsheets may be evaluated and
compared at the initial stages of process synthesis. Two separate variables have been
dofined. It is not compistely clear how the pair of variables will be used to make
process synthesis decisions. It is anticipated that one overall capacity variable will
be more relevant {o the particular process being considered (when, for example,
boiling costs are far greater than condensing costs), or that one will be far greater
than the other (when either boiling or condensing predominates), or that the overall
capacity variables will be fairly eveniy maiched (as was often the case for the
distillation columns studied), so thai decisions may be based equally well on either
variable.

It is clear from this work that thé product composition may have a large effect on
the minimuni process costs of distillation, as indicated by the minimum overall
capacity variables. It would be useful to construct a pair of minimum cost surfaces
for a given feed in composition-capacity space. This would enable a more general
examination {o be madé of the effects of product composition on pmces§ costs, since
compositions would not be restricted fo a single mass balance line. However, co-
product composition must also have an impact on the overall capacity variables of
distillation processes. There i thus no unique minimum cost or pair of minimum
overall capacity variables associated with a product of a particslar composition.
Consequently, a unique pair of cost surfaces cannot be constructed.

It has been noted previcusly that composition space and compdsiﬁun—capacity space
do not explicitly provide information about product quantities, In particylar, it is not
always apparent that some product is of zero quantity. 'This limitation would exist
even if cost “urfaces could be constucted. However, this information may be
obtained by appljing the Iever arm rule.
:

Informatien nbout process costs may nevertheless be simply obtatned for any
specified pair of feasible products, and changes in cost may be observed with
changes in reflux ratio, changes in product specifications or changes in feed
composition. This allows the comparison of different flowsheet alternatives. For

3
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example, different columui configurations, such as direct and indiract splits, mav be
" spared, Different choices of entrainer may be compared, to an extent, since
 dinterent entrainers will be associated with different optimum reflux ratios and
sisociated number of stages and hence different costs. 'The quantity of entrainer to
be added 1o a binary azeotrope may be varied, and the impact of the composition of
the feed to the column on process costs may thea be examined using the capacity
variables.

7.6 Mean resiclence time: A capacity variabie for processes involving reaction

The capacity variables of a separation process are anzlogous to the mean residence
time of a process involving reaction. Mean residence tirre has becorne accepted as
“a cost indicator of such processes, because it is related to the size of the reactor
required for a given feed flow rate, and because reactor volume domirates the costs
of these processes. Different types and configuraiions of ideal reactors may be
compared using mean residence time. For example, configurations of plug flow and
continuous stirred-tank reactors arranged in series, in paralle] and ia.complex series-
paraliel-récycle configurations may be compared. This facilitates the initial
evaluaﬁoﬁ of process flowsheet alternatives during process synthesis. .

Mezn residence time is sensitive to the exireme operating conditions of equilibrium.

‘Typically residence time {or the reactor volume required) increases sharply with
‘conversion as the reaction approaches equilibriumn. Thus, equilibmium gives a limit
on the compositions which may be achievéd by a process involving reaction, but
mean residence time indicates what conversions may be predically achieved, and
what the additional costs are of improving conversion by some amount.

Mean residence time is a useful tool, allowing alternative flowsheets to be evaluatéd
anu compared at the early stages of process synthesis. This varisble has its short-
comings. For example, while the residence time might recommend tae use of a
stirred-tank reactor for the given system kinetics and process feed, this is not
necessarily a praciical solution for gas-phase reactions. Mean residence time cannot
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distinguish between vessels operating at high and ambiznt pressure; residence time
does not accommodate different materials of construction; residence time does not
incorporate costs of heating or cooling the feed or products of reaction. Mean
residence time is not well-suited to indicating the costs of non-ic :al reactors. in
spite of these and other deficiencies, mean residence time has been accepted as a cost
indicator and has proven useful in *42 synthesis of optimal flowsheets.

Mean gesidence time emerges naturally from the mass balance equations dess: ibing
ideal reactors, obviating the need for complex costing calculations. This variable is
a “capacity variable”, in that it i* 2 measure of the physicat size or capacity of the
reactor or sequence of reactors required. It is the ratio of the reactor volume t. the
ve. etric flow rate of the feed, and thus has a physical interpretation, which aids
the. ... ition of the design engineer.

7.7  Closing commenis

A need for cost indicators for VLE separation processes has been shown to exist.
In this work, a pair of new variables have bgen introduced, and some ideas
concerning their use in proces.: synthesis and optirﬁization have been developed.. The
éverali capacity variables have been proposed as useful tools for process synthesis
in the Yight of the resuits for a number of %inary and ternary distillation exampies,
as well as for a range of other separtion processes. However, how these cost
indicators behave is not yet understood at a fundemental level, Some of the issues
which could be addressed in further work are nﬂtéd below,

General rules about the behaviou: of the minimﬁm overall capacity variables with
respect t0 product compositions are not known. 1t is not known what controls, for
example, where the cost surfaces of two flash stages arrang\\d in series and of two
flash stages arranged in series with reflux intersect. Theref’ore, rules cannot be
developed to deseribe the conditions under which it is more cost-effective to use the
serial arrangement ihan the refluxed arrangement, 1t is not Lpown what govemns
whether, for a sequence of two distiiation columns, a dirset o an indirect split is
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more cost-effective, nor is it known under what conditions the use of more complex
columns and configurations of columns would be beneficial. The overall capacity
variables of more complex columns {for example, with more thaa one feed, or with
more than two products, or cither without reflux or without reboil) have not been
determined. Capacity variuhles for heterogeneous systems have not been defined.

i
b

A pair of new variables have been introduced in this work, arising out of a need to-

compare various separation procecses without costing them fully, These new cost
indicators have been explored theoretically and numerically. The capacity variables
of a rumber of examples of simulated VLE separation processes have been prmenfed
~ and are shown to follow known irends in process costs. The foundarions for a new
tool for process synthesis and optimization have been laid,
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Appendix A

-Transformation qf Cost Functions

l__t__o a Common Basis

‘The original form of the cost correlation "3y be expressed in terms of the number
of stages, N, and the vapour flow raie, ¥, as presented in Table 4.2,

A.1 McCabe and Smith (1956)

Column cost is approximately proportional to the total plate area (which is the
product of the number of plates and the cross-sectional area per tray), The tray
cross-sectional area is approximately proportional to the vapour flow rate, i.e., the
diameter is proportional to V*. Thus the column cost is approximately proportional
to the product of the number of stages and the vapour flow rate:

Cae NV | (A1 -~

Utility costs increase with reflux ratio. The total cost is the sum of the column costs
and the utlhty costs. Utility capital costs are not explicitly considered.

A.2 Nishimura and Hiraizomi (1971)

TAC = ¢'(column volume) + b'(heat duty) 1.
= a@"(N + 2)-(cross sectional area) + b'Q
= &"(N + DV + ' VAH,,,)
[a(N+2) + B]V - (A2)

where the 2 is the heat duty, AH,,, is the heat of vaporization of the mixture, which
is taken as constant. The cross sectional area is proportional to the vapour flow rate
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(i.e., the column diameter i3 proportional to 1.

A.3 Malone ef al. (1985)

Using the annualized capital cost correlation from Guthrie (1969);
TAC =  CN9% 4 008 4+ Y | (A.3)

ﬁme column height 15 propurtional to the number of stages, N, and column dimneter“

- is proportional to V%,

Linearizing the above equation, they obtained: -
TAC = C,+EN+FRV | (A9

and found k/k, = 0.1 to 0.4, i.e., that the TAC is more strongly dependent on the
vapour flow rate in the column than on the number of stages in the cotumn.,

£y

A4  Fisher ef al., (1985a)

L]

Using the con‘eiﬁﬁons of Guthrie (1969), and assuming that the cost correlation for

AT

the column shell includes the cost of internals: Ly
Clcolumn) o ANPRWOSH (A.5)

since the column diameter is assumed to be proportional to thz square root of the
vapour flow rate.

Therefore:

vy
s
\

TAC =  C(column) + Clheat exchangers) 4 _qutilities) ..
= aMmpS s yoy . A
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A.¥* Cheng and Liu (1988)
Citing Rathore ef al., 1974;

dgia = 1.7057 R + )P T/(vp)

A7)

1
where dia is the column’ diameter, T is the dew-point temperature of the v.pour”
stream Jegving at the top of the colunin in Kelvin, (R+1)D is the vapoa: flow rate
in the column and v is the vapour velocity in the columm in m/hr, given by v =
25.31/p, where p is the operating pressure,

By xearrangmg the previous equatiun, it may be shown that the column diameter is

proportional to the vapour flow rate in the column.
Column height = 0.6/ N+427=oN+8 (A.8)

where y is the stage efficiency

Citing Peters and Timmerhaus (i980), the installed cqium.i cost, C{cg"?f?n): ,

Ccolemn) =  4263.7 did"® H. (index)
« VPN+g A9

TAC = C(column) 4 Ciheat exchangers) + C(uﬁlities)
aV'"PoN + f) + bV + ¢V (A0

where index is some cost index.

A.6 Knight and Doherty {1989)

Citing Peters and Timmerhaus (1980), for a "column operating at 80% of the
maximum vapour velozity, with 24-inch tray spacing:
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: 1P b \ - - .
: = i ""_ i . : -
dia ; ——H—TO.S{{‘ ¥ i " i _ o {A.11}

where vis the ;épour velocity in the column and ¥, is the maximum vapour velocity,
which may be considered fixed for 4 given system, since:

7 = l”‘;‘:’i | .12)

where p, is the density of the liquid phase and gy the density of the vapour phase,

The vapour velocity in the column may be given by the ratio of the volumetric flow
rate of the vapour, 0, to the cross-sectional area of the column, Fora vapour which
cbeys the ideal gas law, the following expression may be obtained:

. o s
_l 4g i
dia x0.8», -rdia’J
_ - L (A.13)
s _ |4 | [4veDp]s
=0.82 i xdia’ ,,I
Therefore:
1 \ '
e A.14
dia pr | (A.14)
or, equivaiintly:
dia = V4. _ o .+ {A.15)

IS
i

!

Using the cost corre” Jons of Guthrie (1969), where column height is proporuanai\\

to the number of stages, since tray spacing is fixed:
Ctshell} = - (index)- 101.9 dig g3
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= gpupm | (A.16)

Cltrays) =  (index)-4.7dia"H-N
= Yy (A.17)
TAC = Cshell) + C(trays) + L(heat exchangers) + Clutilities)
= QWHINOI . Iy L AT g gy (A.18)

A7 Remer and Chai (1992

Cost o (Size)®, where R is roughly constant for a given equipment type.

"For towers, a number of values for R are presented. Two of these cited are:

1: Cltower, diameter fixed) e (Size)®™;
C(tower, height fixed) o (Size)'? (Perry, 1963)  (A.19)

2: - Clower, diameter fixed) o (Size)'? |
C(tower, height fixed) o (Size)*” (IChE, 1977)  (A.20)

If dig o V* and height o N, it follows:

1: ‘C(column) oc VAN | (A.21:
%: Cleolumn) o VW¥N (5.22)

The TAC would be calculated accordingly, adding utility capital costs and operating

Costs.

-
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Appendix B

Derivation of Capacity Variables for VLE
Separation Processes

[R—

)
This appendix contains detailed derivatians.<f the boiling and condensing capacity
variables for a number of separation processss. The results are summarized and

discussed in Chapter 5.
B.1  Non-steady state processes
B.1.1 Simple distillation o

A Tiquid of quantity I, is boiled at 2 rate ¥ moles per unit time. An equilibrium stage
is approximated by a differential time penod The “feed" to the equilibrium stage
isLi, thie "feed” capacity pair is {x};, A). The "product" capacity pair is (¢]sa
Alia). The amount of vapour produced, which is also the amounc of vapour leaving
" the process is vAf moles. The amount of liquid “produced” (i.e., in the still at the
end of the time period) is L], 4, while the amonnt of liquid leaving the stage is zero |
(for ¢ - At less than fg,) or L}, g for ¢ equal to £, Therefore definitions for.x
given by egs. (5.12) and (5.1b) are identical in this case. However, the quantities
of lignid *produced™ in and leaving the stzge are not identical. Therefore the
condensing capacity of the p  cess will be determined using both egs. (5.2a) and
(5.2b).

A mass balance over the stage gives:

RSl IS C

L{,, =L} -%At ®.1)

Hence:

' Appendix B: Derivation of Capacity Variables for VLE Separation Processes B.1



-f*«

e Bl e i e
Aﬁv ‘ﬁh"}‘#.;?\vu" W k‘v’x‘"’ ’¥ ]}- ST .. S5 AT "'.": - o R R S in g gk i3

&£,y - : (8.2
This equality is true for 2l finite values of ¥.

Applying the definition of x to the equilihrium stage, using either eq. (5.1H) or
(5.1a):

VAL
Kfop, ® K[, * - B8.3)
oz <t IT | _
Therefore: | ¢ ;
de _ v ' .-
—— S l4
a L ' B4

Substituting eq. (B.2) into eq. (B.4) and integrating with respect to L and x from the
initial conditions, namely L = L, x = x,:

wx ~1n|E ] : 5

k=x ~In I:-f'- | (B.5)
. J : .

The total amount of vapour produced, V°, is: ‘

Ve - ivf’dr =L -1 (B.6)

The capacity of the accumulated vapour is the wmghbed average of the capacﬁy
values of the incremental packets of vapour:

V' = Jvud
nL
= ~§xdl
e ®.7D
T L])dL
A [‘f‘
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- Since V" is given by eq. (B.6), x* may be found from eq. (B.7).

The overall capacity of the process, x,, is the weighted average of the capacity
variables of the product streams. The total feed to the process is L,. The product
streams are the residual liquid, of quantity L and capacity &, and the accumulated
vapour, of quantity V" and capacity «":

Lk, =Le + V*'x*

=Lk +Lx ~Lx + V" ' (8.8)
=Lx, +V*
Therefore:
v '
Ky = Ky + 5 : B.9)

-]

A.The. change in the overall boiling capacity of the process is the ratio of the tot:ﬁ‘ o

amount of vapour formed in the process fo the nett flow rate of the feed to “the
process.

Thie condensing capacity of the process is determined below in terms of the quantity
of tiquid leaving the equilibrium stage. It is supposed that only after completion of
the process, at fg., is the liquid removed from the still. Therefore, from eq. (5.2a):

My = Al + 0 - . ®.10)

fori -+ &2 < £y, Therefore A = A, Fort + Ar = fpy!

Lf,, - -
Mo = M, + r‘ff (B.11)
H

For small Atf, L], and L], are approximately equal. Therefore eq, {8.11)
becomes:

d =1 (8.12)
Therefore Mg = A, + 1.

The vondensing capacity of the process does not change during the process, except

Appendix B: Derivation of Capacity Variables for VLE Separation Processes B.3
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in step-wise fashion at ¢ = £, as shown-in Fig. B.1,
’ 21
T At d

A,

- time

Fig. B.1 Condens:ng capacity of a simple distillation process.

The condensing capacity of the liquid in the still and the vapour leaving it are
identical. The condensing capacity of the accurnulated vapour, N, is calculated from
the following equation:

amnd
VAT = VA d

:.m?a-m‘ ' (B.13)
= ‘! VA, 4t + V| g A

The congdensing capacity of all incremental amounts of vapour, except the last, is M,
The capacity of the last incremental amount of vapour is A, + 1. As A tends to
zero, a negligible error is introduced by substituting vAzx, for the term VA, gur
Therefore the overall condensing capacity of the process may be caleulated from the
following: )

L\, = LM g+ V*A*
ninal
=LAl + | A &

- (B.14)
= L(h, + 1) + V* N
| w LA, + L
Therefore:
-....i L
» = - . (B.1
wrh ®.15)

That is, the change in the overnil capacity of this process, in terms of quantities
leaving the equilibrium stage, is the ratio of the wtal amount of liquid leaving the
still to the nett feed to the process.

The condeusing capacity of the process, in terms of the quantity of liquid

Appendix B: Derivation of Capacity Vasiables for VLE Separation Processes B.4
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"produced”, is determined below. In each eguilibrium stage, a quantity L], of
Iigquid is produced, Applying eq. {3.2b):

Mo = M+ %
o L],I-'»I"%A: ®.16

vAL

SURSES. -

iIn the limit, as Af tends to zero:
d\ =i - Y (8.17)

L

From eq. (5.17) it follows that X increases infinitely with time, since in each of

infinitely many differential time periods, a quantity L}, of liquid is "produced"”.

It would appear that an analysis of condensing in a process comprised purely of

- boiling is not meaningful. Further mathematical examination of eq. (B.17) has not
been attempted.

Ii is not clear whether eq. (5.2a) or eq. (5.2b) is a more suitable definition of A for
this process. Eq. (B.15), in terms of the quantities leaving the stage, gives a result
which is consistent with eg. (B.9) and many results which will be presented later,
The meaning of eq. (B.17), in terms of the quantities "produced” in the stage, is not
clear.

The simple distillation process is equivalent to a series of flash stages in each of
which a differential amount of vapour (of the bubble-point compeosition of the "zed)
is produced and the liquid product of which forms the feed to the next stage. In
sectiont B.2.1, it may be seen that the change in A for each such flash stage is 1.
Therefore X increases infinitely with the production of vapuur.,” Eq. (B.12), which
applies eq. (5.22), in terms of liquid leaving the stage, also reduces to this resuit if
the series of flash stages is modelled assuming that each flash stage is a complete
process, so that the remaining liquid 15 removed from the still after each incremental
time step. It seems quite plausible that the condensing requirements of a pure

Appendix B: Derivation of Capacity Variables for VLE Separation Processes B.S



boiling process are infinite.

‘The ambiguity arising from the alternative definitions of A {or this non-steady state
p-ocess has not yet been resolved. The capacity varizbles ove proposed as cost :
indicators for VLE separation processes. It is unlikely that the concensing costs of

& pure boiling zrocess would be of concern for the synthesis and optimization of
sucha process 1t is concluded that this ambiguity is not a significant obstacle to the
application of the capacity variables, For the rest of Section B.1, results'..  both
definitions of x and h will be presented, for completeness, but contradictions
obtained will not be discussed further. ‘ i

B.1.2 Simple condensation

A vapour of quantity V associated with capacity pair (x, \), is condensed at a rate
of ¢ moles per unit time. An equilibrium stage may be approxir=ted by a
differential time interval, The “feed” to the process is V|, and the ca pair of
the feed is (x|, A]). The quantity of liquid leaving the stage, which is equal to the
quantity of liquid produced in the stage, is éAr. The quantity of vapour produced

: ﬂin the stage is V},., but no vapour leaves the siage, except when ¢ + Ar is ?qual
t0 Z5,,; and all the residual vapour is removed from the process.

The mass balaiice on the process is:

V) = VI, - oa (8.18)
Hence: | |
dv _
&y - . 19
=t _ (B.19)

Applying the definition of the condensation capacity to the equilibrium stage (ed.
(5.2a) or (5.2b0))
hln& = )‘lx * Ej‘_: | BT . (B.20)
Vi,
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<o

®.21)

&5

Substituting dV = —édt from eq. (B.19) into eq. (B.21), and integrating, where the
initial conditionsare A = A, and V = V;
fan=1f -Lav
i v

¥,

*

|4

.

(B.22)
! A= }\o - In [—K]

J The condensed liquid may be accumulated over the same time period, the quantity
of which is ", and the condensing capacity of which is «™:
L*= fodt=V, -V | (8.23)
b
The capacity of the condensed liquid is the wei%’ﬁsgd average of the capacity of the
incremental packets of liquid: '
[
L*\* = (¢ dt
h 3

=—fth - - :
7, B9

Jo-fgher

VA - VA + L

Since V* is known, A" :ﬁay be t.und from eq. (B.24).

The overal! condensing capacity of the process, A\, is the weighted average of the
capacity of the two product streams. ‘the total feed to the process is ¥,. Hence:

V.\, = VA +L°A" f
=VA"’V,)%"‘W+L' (B.25)
= VA +L°

Therefore:
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L* | |
A, = A, * A (3.26)
The change in the overall condensing capacity of the process is the ratio of the total
- amount of liquid formed to the total feed to the process.
| { -

‘The boiling capacity of the process is determined below in terms of the quantity of
vapour leaving the equilibrium stage. It is supposed that vapour is only removed
from the process at Z,,,;. Therefore, from eq. (5.12):

kg = X, + 0 (8.27

for ¢ + Af < tgy.
Hence:

dx =0 N | (B.29)
It follows that A = x, for ¢ + Ar <z,

For ¢ = t,,, vapour, of quantity V|, ., i3 removed from the process:

x!c.ﬁul = xlt * V‘I

(B.29

H .

For small Az, the right-hand term of eq. (B.29) is approximately equal {o 1. Hence:'
| e = 1 ‘ ‘ (8.30)

Therefiore Mo gaar = %, + 1. A step change in x, analogous to the step change in «
illustrated in Fig. B.1, is thus obtained at &,

The boiling capacity of the accumvlated liquid is given by:

Winal
L x* = ‘I éx dt
ol (8.31)
= g ox dt + eAtx| 4y

As Ar tends to zero, eg. (B.31) I_:«aduc:es; fo:
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0

‘
Lox" = {éx, dt =L°x, (®.32)
§ ..

‘The overall boiling capaéity of the process is therefore:

L, =Ve v L*x"

=Vi{x, + 1) +L"¢ (B.33)
=V, +V
Hence:
X, = K, + %’.. | (8.34)

The change in overall boiling capacity of this process, in terms of quantities leaving
the process, i3 thus the ratio of the toial amount of vapour leaving the process to the
nett feed to the process.

The boiling capacity of the process may also be defined in terms of the quaniities of
vapour “produced” in the process. In each equilibrium stage, the quantity of vapour
"produced” is V],,». Applying eq. (5 ib): ' Vs

Vi.. p
xlﬂ-m = xl: * -“’;‘;Tﬂ
&
_ SAL (B.35)
= x" -+ 1 -i;l_
Hence:
de =1 - S8 | (B.36)

From eq. (B.36), it follows that x increases infinitely with time, since in each of
infinitely many differential time periods, a vapour of quantity V},,, is produced.

The ambiguity arising from the alternativi: ways of extending the definitions of x and
A te non-steady state processes was discussed in Section B.1.1; it is suggesied that
ambiguities arising out of an analysis of this pure condensing process in terms of its
boiling requirements do not form a major obstacle o the application of the capacity
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variables.
B.1.3 Simple distillation with continuous addition of material

Consider a boiling process to which material i+ continuously added at a non-zero rate
of ¢ moles per unit time, The boiling and condensing -capacity variables of the
addesd material are x* and A/, respectwe!y The equilibrium stage is approximated
by a differential time period. The nit feed to the equilibrium stage is the sum of
the residual liquid, of quantity I, and the material added, of quantity SAs. The
vapour formed is in equilibrium with this misture. The rate of vaporization is ¥

moles per unit time. .

From the mass balance:
Ll:om = th + $4r ~ VA : . ®B.37)
- Hence: "
dL
—_—=5 -V : : .38
T v (B.38)
This equation is true for ail values of & and v. ‘

The mean capacity of the feed to the stage, x, isthe weighted average of the capacity
variables of the two streams making up the nett feed:

(L], * $A0X = Lk, + $A1% ,_ (8.39)

Applying the definition of x (eq. (5.1a) or (5.1b)) to an equilibrium stage:

«| =E+.__?£__
s L], + 3At

Lk], + $XAf A (B.40)
I A R .Y

It iv assumed that, for small Az, the difference x'—x, evalyated at s+, is
approximately equal to that diference evaluated at ¢. Therefore:
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 The quanth,”of accumulated vapour, produced over & time period 7, is V*: !

FRT e gk e RN

(B.41)

L% -3 - %) +‘v

It is further assumed that the rate of addmon of xbed $, and the bmlwg rate, ¥, are
constant, 5o eq. (B.38) may be integrated to obtain: ; :

L=L +{$~-t
If «' is constant, $540, 0 and $%v, eg. (B.41) may be integrated over a time

period £ as follows:

(B.42)

= de - P .. - 3
i'x’—xa--.,:. ' %'I'Id: !:L,-t-(sp-f')z
LT - . (B.43
_ml-" "*i‘_l-; ¢ 1L, +@-nel o | - ® ‘)
l ¥ -x + .?. 2=y .Lﬂ | 5 1-.. J
S
Simplifying this equation: i
F1s
k=i + ..' - (o ~ -g) l_{‘-] | - (B4

)

dt = L, ~ §t - L (B.45)

"
-1 1Y
<

M
N

‘Thé capacity of the accumulated vapour, £”, s givea by:

Vig* = fi’x dt

o )
L, V! =
¢ +
= {9 ,ch-_'."i-(x' x+...)[___.£.._)£] dt {B.46)
) $ L § _
‘ i
ey .E) f O -+ g)(z,}‘“f.m -1)

o o |

f
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Hence " may be determined, since V" is known from eq. (B.45).

A

The overall boiling capacity nf the process, x,,, is the we1ghted average uf the
capacity variables of the product sireams, where the nett feed to the process is
L,+3t

(L, + $Dx,, = L +~ V" «" . BAT)
which, on substitution of eqs. (B.44) and (B.46), simplifies to:
(L, + $9x, = Lx, + stx’ + v B.48)

The mean capacity of the nett Teed, &, is:

- kI +x3t N
= 2% . 49
%o L, + 3t @4

Therefore eq. (B.48) may be rewritten as follows:

Ka\r = Eo * L""__v_: it . (B.SO)

| That is, the change in the overall boﬂmg capacity of the pmceSs is the ratio of the
total amount of vapour produced to the total feed to the process. *

The definition of condensing capacity of an equilibrium stage 75 ap,¥'=d to this
process in terms of quantities leaving the process (eq. 5.22). Since no liquid leaves
an equilibrium stage, for 7 + At < fg,p

Mo = A ®.51)

where X is the mean capacity of the feed to an equilibrium stage, given by:

@, + SADN = LAl + SAIN | ®.52) .

It is assumed that A’ i3 constant. If it is assumed that for small Af, and 7 + A? <
Lgnyy hie difference A’ —X, evaluated at 144y, is appronmately equal to the dlfference
evaluated at #, then: . : RS
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LR asov - (B.53)
which may be integrated for a time period # {f < £,,), where A = \, initially, and
A A

S Y N S S 54
g‘rf“"ﬁL,+@-ﬂ: @349

Hence, fort * A < fg4

NaN -V - h,)(_,%)?’g (B55)

The residual Jiquid is removed from the process at time fy,,. Therefore; ;
Mg = M + 1 (B.56)

Hence:

Mg = My + 1+ SO0 = Aj, + 1ar (B.57)

Therefore, as At tends to zemy:

}\I:M = Alr +1

The ébndensing capacity of the process for the accumulated vapeur, A’, is given by -
the integral: ‘
tfinal

VA dt

1 - (B.58)

--V.lt - j
g VA dr + VA], AL

As Ar tends to zerc, the right hand term of eq. (B.58) is approximately equal to
VAIA, where \ is given by eq. (B.55). Therefore:
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=T

VA" = il’r‘)\d&

R

iﬁ N=(N - A)(_L_(’:i).f) dt (b.33)

veN + QV - k,)(Lf”LF‘* ~-L)
Sisice V* is given by eq. (B.45), A" may be fourd.

The overall condensing capacity of the process, )\, is given by: (B.60)
(L, + 3O\, = LA| s + V*2*
=L [x’ ~(N =\ o) (- )’"“" L-I + 9N + (0 =)\ )(L(_)'” ~L,)
=LA +&N +L o

= (L, + St)?\ + L
where );‘, is the weighted average of the condensing capaci.y variables of the two

feed streams, given by:

@, ~ 4B\, = L), + $tN - ®B.61)
‘Combining the above two eguations: .
. LT L
- . 62
R L, + 38t (B.62)

Tkese results show that the change in the overall condensing capacity of the process,
in terms of quantities of liquid leaving the process, is the ratio of the total amount’.
of liquid removed from the process to the nett feed to the process.

These results assume that the rates of vaporization, ¥, and feed addition, 3, are.
constant and non-zero, that the capacity val_ues of the additional feed material, «' and _

A, are constant with time, that ¥3£3$, and that A’ £,

Eq. (5.2b) defines A in terms of quantitics “produced®, ie., in the process at the end
of the differential time period: "
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= Ll + ($-9)Ar

Maosc * M ~grmr— ®639)
H

where x is given by eq. (B.52). Substituting for x, and assuirling that the difference
A—X' evaluated at ¢ -+ Az is approximately equal to the difference evaluated at

ah =1+ 3 -M; S0 4 | (B.64)

Therefore \ increases infinitely with time.

B.1.4 Simple condensation with continuons addition of feed material

A vapour of cfaantity v is condensed at a rate of ¢ moles per unit ime. Material is
continuously added fo the process at 2 rate of & moles per unit {ime. In this
discussion & and ¢ are assumed constant. 'This capacity pair of the material added

is (v, A"). An equilibrium stage is approximated by a differential time stice.

The mass balance gives:

VI:+A: = V|, + dAr - ¢ (B.65)
Therefore:

av :

——— = d - c .

5 (B.65)

Integrating over a time £, where 4 and ¢ are constant and initially V = V,:
V=V, +{-&t B.67)

The nett feed to the stage is associated with condensing capacity, », which is the
weighted average of the capacity variables of the two feed streams:

(V], + dADN = AV], + aALN (B.68)
Applying the definition of A to the equilibrium stage:

. SAL
Mise =2 * g B.63)
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[t P 1

Therefore:
(V] * GBON,,p = AV, + AN + eAr (B.70)

Assuming that the difference A' —\, evalvated at 1+ 4z, is approximately equal to the
difference evaluated at 7 for small values of Az, it may be shown that: '

dh s ;- +
Ve e - W) e (8.71)

This expression may be integrated for a time period z, where hitiafly A = A
H . 1
p— -

L E ATTEHT
SV | ®.72)
Nodrgt o 4 v e@-on
i AT |
L. — - a
¥ -
Therefore, for ¢ + Ar < feu
| 2
A=W +-§ BN U Y %) [_;';'.] (B.73)

The condensed ligquid may be accumulated over time, ;, to form a pioduct of quantity

L and condensing capacity A" )‘
L'=§cdt=V,+ai‘-V ®.74)
tl.
L*\* = gé)\dr
= el f-ov- -)[V*V“ Vyz “dr ®.75)
d -

- 1OV + .5) PN -6+ _&)(VF’VW - V)

from which A" may be obtained,

-
|t

The overiil cc;ﬁdensing capacity of the process, \,,, is the weighted average of the

Appendix B: Derivation of Capacity Vasiables for VLE Separation Processes B.16

B R T



capacity varizbles of the two products:

(V. + anN,, = VA + L*)"
= VN, + &N « & ®.76)
The 1aean condensing capacity of the nett feed to the process, A, is given byh

k4

(V, + 49X, = V), + &N s ®.77)
Therefore: :
A, =N, + L: - S | B.78)

That is, the change in overall condensing capacity for this process is the ratio of the
total amount of liquid condensed in the process to the nett feed to the process.

-

The mean boiling capacity of the feed to an equilibrium stage is given by("
(V], + 6T = V|, + aAre (B.79)

Since no vapour leaves the equilibrium stage, jt follows from eq. (5.1a), which
defines x in terms of the quantities leaving the process:

+

Klog =% +07 | (B.80)

for ¢ 4 Ar < g,

Combining eqs. (B.79) and (B.80), for £ + Az < L,
V], + addxl|,.,, = V|, + aAzx’ (B.81)

It follows that:
V,‘g_ = d(x’ - x) . . " (‘B.SZ)

if it s assumed that the difference »’ —« evaluated at 1+4A¢ is equal to that at £ for
smail Ar.

From the mass balance:
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V=V, + (@ - & ®.67)

Integrating eq. (B.82) from the initial conditions, i.e., ¥ = x,, where & # x:

x dx a‘ d
el B T

i . v i) 4 ) V. v @-0] ®.83)
Y =x | @-¢ Y,

-]

The following result is then obtained for £ + Az < £,

k=i - —x,)(.;.'.)?-'* | (B.84)

When ¢ + Af = %, the aniount of vapour removed from the equilibrium stage is

approximately equal to the feed to the stage, therefore:

- Vi -
Klone =K + --_--l'—“i-— =g w1 (B.85)
Vi,

It follows from eq. ?,’585) that;
Klopar = Kl + 1+ @0 = k| gy + DA? (8.86)

As At tends to zero, k. ga is given by:

K= = ()G + (B-87)

The boiling capacity of the accumulated liquid, «*, is the weighted average of the
capacity variables of the constituent liquid elements.
i sufbnal = At
Lk, = g ek dt = .I, Cx dt + CAtx|, oy (B.88)
For small A, a negligible error is introduced by using « given by eq. (B.84) in the
right hand term of eq. (B.88). Therefore: '

Appendix B: Derivation of Capacity Varisbles for VLE Separation Processes ~ B.IS8



L'x* = fexar
]
2 |
cfelw - -x) l-———--v" * (H)j ?| & (B.89)
5 7,
i - )

=tk e (- YV vER . v
‘The overall boiling capacity of the process, x,,, may be obtained by combining egs.
(B.87) and (B.89): L
(V, + ahx,, = Vx + Lx* "
m Vi, +dtx’ + V (8.50)

The weighted average of the boiling capacity variables of the feed streams to the
process is given by: :
.V, v ax

—_ wr ; . 1

X, YT (B.91)
Hence: o
X = -E L v' (3'92)

A AT
i ‘

The change in the overall boﬂjlig cafﬁcity of this process, in terms of quantities
leaving the process, is the mtfg of the total quantity of vapour to leave the process
to the neft feed to the prod’éss‘

These results assume that the rates of condensation, ¢, and feed addition, 4, are
constant and non-zero, that the capacity values of the additionzal feed material, «’ and
A, are constant with time, that ¢:%4, and that ' #x. )

Using eq. (5.1b) to define « in terms of the quantities in the process at the end of the
time interval: | '
- Vi +adr-cAt

xlﬂ*.& Rl Vlt'{‘dm (B'QB)
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 where N is defined by eq, (B.79). Assuming that the difference ' —x evaluated at
" £+ Ar is approximately equal to that difference at £: “

de =1+ d(xl". -x)v.;. (a-¢) dt y B9

Therefore x increases infinitely with time.
B.2 Equilibrium flash processes
B.2.1 .Single {lash stage
. A single flash stage, witha feed of molar flow rate F and capacity variables x, and
Ap is partially vaponzed n\ a single flash stage into a liquid product of flow rate L

and a vapoui product of ﬂ&\v rate V. The flash stage is an equilibziom separation
stage. The definitions of x and A may be applied as follows:

EErTr A - .95
A= * 5 | (B.96)

‘The capacity values of the vapour and liquid streams are 1denucal as they are the
equilibrivm prot'rets from a single stage.

The ovesall cap ¢ity of the process is the weighted average of the capacity variables
of the two product streams, therefore &, = xand A, = A,

B.2.2 Single flash stage with recycle

Consider a flash process where a fraction o (whére 0 < o < 1) of the vapour
product is recycled and mixed with the feed to the process of flow rate 5, as shown
in Fig, B.Z. The nett feed o the flash stage, of flow tate F;, is a mixture of the
seed fo the process and the recycled vapour product, of quantity oV, where the
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1 Wuct flow rate from the ﬂe.sh stage is V. The capacity variables of the
ue, seod to the equﬂxbnum flash stag \:, and )\1.

aVed & (o}l
I\l" KA
F, sF

wfl,, " ™ e

o |__L 1,
~ £
Fig B2 A single flash stage w*h a portion of the vapour recycled.

Applying the definitions of x and A to the equilibrium flash stage:

= . v )
K = xl + 'F.l' . L (3'97}
L.. il - .
Ao g | | (B.98)

But x, and ), are given by the weighied averages of the capacity variables of the two
streams making up the neft feed to the equilibrium slz:gc

Fix, = lii' x, + o Vi (8.99)
F m E b aVA (B.100)
 Therefore it can be shown that:

Fc aV

14
K= '-"'"xp +* —k Tt i
RYRE, (®.101)
=Ny ¥ e
F Fo
x=££hp+%‘—{;\+—; !
ORCR o e
= AF h :
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Since the two product streams, of uantities (1—c)¥ and L, both are associatéd with
 the capacity variables « and ), the overall process capacity x5 = nghd A, = A, as
given by egs. (& 101) and (B.102) above: that is, the change in me\&:e&n boiling
(or condensing) capacity of the process is the ratio of the total rate of vapour (or
liquid, respectively) production within the process to the total flow rate of the feed
fo the process. (Whil= the total vapour product cbtained from this process is of flow
rate (1-a)V, the total vapour production rate within the process is V) This result
arises from the definitions of x and A for an equilibriom stage, which are bgsed on
the feed and pr&ductiﬁowg rates to that equilibiam stage, as opposed to the process

as a whole, S
| y, XA
F, F, _

KeAe T K Ay
LK;\;

- . Tdlxa (oA
Fig. B.3 A single flash stage with a portion of the liquid recycled.

Consider also the process shown in Fig. B.3, in which a portion « (where 0 < o,
= 1) of the lignid product from the flash stage is recycled and mixed with the feed,
of flow rate F, and capacity variables x, and A as 1 the previous case. The mixing
rule is applied to find the capacity variables of the feed to the equilibrium stage, x,
and A

E, I

5 = ket :'.;:l_x -- . (B.103)
F, L o

7ot %.x | (3.104)

The definitions of x and M\ for an equilibriuem stage are applia;)to show that:

X = + .F‘.’. | (B.105)

i
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Aej 2 | (B.106)
i . .

By combining egs. (B.101), (B.103), (B.102) and!(B.104), it muay be shown that:

K= Ky + .....K ' " (3.107)

AR W (B.108)

Since, as before, both product streams have the same capacity variables, x and A, the
overall capacity vanables of the process are «,, = xand A, = A: that is, the change
in the overall bciimg (or condensing) capacity of the process is the ratio of thé wtal
rate of producnon of vapout {or liquid, respectively) within the process fo the total
flow rate of the feed to the process.

B.2.3 Two flash stages arranged in series

The product of the first flash stage may form the feed to a second flash stage, as
shown in Fig. B.4. The feed to the second stage, of flow =ate F*, is the mixtutre of
some portion of the two products of the first flash stage: n

Fl=aV, + 8L, ' (B.109)

where 0 < o < 1and 0 < 8 < 1, and V; and I, are the vapour and liquid product
flow rates, respectively, of the first flash siage.

V, %, » (1-0)V, K, X,
. r—l"l__v ' VA,
x!__}.g_' o aLs‘ |
L, %3,
L, % &, > (P, %, Ay
Fig. B.t Two flash stages arranged in series.

The capacity pair of the feed to the second-stage is {x;, A):
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V .
K =K * "Ff . (B.95)
A = Ay + % (®.96)
«n the second flash stage, the flow rates of the vapour and liguid products formed ]

are V,-and L, respectively, Applying the capacity definitions to the second flash
stage:

v h ’
N =g
®.110)
M= 2

Fgs. (B.95) and (B.96) may be substivisted into the above equations to show that:

v,
T (B.111)
L, . )
A=kt =
Combining egs. {3.119) and (B.111):
LR V V N
xz = xF L 4 .....FE. + .F‘.}
(B.112)

L L
"2 kj,-c-?-l-F

The process then has a number of product streams, with quantities and capacity
variables as follows:
Product quantity  Boiling capacity  Condensing capacity
(1-a)V; Xy M
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L1=B)L, ’ X | AN

LZ X2 . }\z

The overall procese capacity is the weighted average of the capacity variables of the

product stréams:
Fx, = (L=e)Vix, + (=)L, + Vi, + L,
= (F ~ Flyx, + Flx,

R e =1’"':
| v v
= (F - F) [,—;F + EF + F! [x, + ot --’;J

Ry
k!

FJ

= FxF +i'Vl + Vz

o _
i3 ﬂ_,_:_z:: .

. = (- VA + (1 mL;\,+V)s, L),
= (F - F)\, +F"}a1

| . + T4
’(F‘F)[)‘;"'—FEJ F[r ?E' -F_"]

""E\p"'z';""Lz
‘Therefore:
V. + V,
X, =K * 1F 2
;.‘.'.+}.'.2
Ao = Ap + lF

* 8.113)

| B.114)

(B.115)

(8.116) |

The change in the overa®: %iling {or condensing} capacity of the process is the ratio
of the total rate of formation of vapour (or liguid, respectively) within the process

to the nett flow rate of the feed to the process.
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B.2.4 Two flash stages arranged in paraliel

A feed may be split into two portidns, of flow rates -« and (1 —r)F, where 0 <
= 1. Thesemosuwnsmfedmtptwoﬂashstagesamgedinparaﬂel, as shown
in Fig. B.S.

| — v1"11|
afF
P Pty g
FKFLI et Ly g g
[—> Vix,d,
(1-a3F |
e L%, A,

Fig. B.5 Two flash stages arranged in parailel.

The definition of the capacity variables may be applied to each of equilibrium stages.
Stream flow rate  Boiline capacity Condensing capacity
Vi, I % M
Vi, Ly x My

where:
% o | B.117)
| (8.118)
Ap + .__..IB___ :
-a)F

The overall capacity of the prucess is the weighted average of the capacity variables
of the product streams: |
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Fx, = Vg + Lix + Vox, + Lx,

V
= G‘F("p +* --) + (1 ~a)F(x, + -»—-K—-) :

o) F
= Fi, + V, +V
Similarly: |
P VN SLN T eLN
= aF (A + ;’%’,) + (1-a)FQ, t """'"""""'—"'(1 “;)F)
Therefore:
V,+ ¥,
Ko = M T

I

@.119)

(8.120)

8.121)

®.122)

i.e., the change in the overail boiling (or condensing) capacity of the process is the
ratio of the rate of vapour (or liquid, respectively) production within the process fo

the flow rate of the feed to the process.

B.2.5 Two flash stages arranged in series with reflux

Consider the process illustrated in Fig. B.6, in which the feed, of flow rate F, is
added to the first flash stage of two flash stages arranged in series with reflux. The
vapour and lgw.d products of the first stage are of flow rates ¥, and L,, =spectively,
with capg,aéty pair (x;, Ap). The flow rates of the products of the second stage are
v, and’i,,, with capacity pair (i, A;J. The flow rate of the nett feed to the first stage

1sF' hereF’ F L,

F x, Ll .
, | .V__.......;‘ ey, Ky
5 L} ‘C‘ l-{ ” W
L.x 2,

Fig. B.6 Two flash stages arranged in series with reflux. with feed

added to the first flash stage.
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The mean boiling capacity of the feed to the first stage, x“", is given by:

Fox® = Fp + Lyx, | __ (8.123)
The definition of the capacity variables may be applied to the two equilibrium flash
stages:

¥ -
Ky = K *oan (B.124)
Vl .
Vi
= x* + L 125)
KL *K 7 | (B ;

- Therefore eq. (B. 125) becomes:

|4 : : .
K = .i.;_':xp + %"z + ‘FIT : {B.126)

Combining eqs. {B.124) and (B.126), it may be"shown that;

LY W

glsxp-i-......m-l-.?
1
F+L, v,

._ v (B.127)
= kR |
“z "F * F Vl * F

The overall process capacity, i, is the weighted average of the capacity variables
of the two products:

A — i Animr

LY, vz] I A T

' |4
=..,15',,,”(:,,[4-1@)_3;.qk_(z,z-yrf;)_‘.’_'*;l
HF"F"'V;*V:!

Therefore:
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K, = Ap + '; 2 - (8.129)

| that is, the change in the overall boijling capacity of the process is the ratio of the
 total amount of liquid produced within the process to the feed to the process.

" The condensing capacity may be similarly treated. Applying the definition of A to
the first stage: '

A=A+ L (B.130)
' F
" where F' = F + Lyand F'A" = F\; + L),
Applying the definition of A to the second stage:

L “L'z;‘ ., , @.131)
N and A may .thus be cetermined: : "
L L, o (®.132)
'I:he overall p..rocess capacity, \,,, may therefore be determined: )

FA, = Ly + VM
" r
“ I, + Vi /)
|4

133)
_ L L. L ®.1
FQF+?'~“¢;+'F) Vz_: .
= Fhg + Ly + Ly
Therefore:
Ay = Ap + 3 ;I‘* ) ®.134)
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that is, the change in the overall condensing capamtv of the process is the ratio of
the toial amoynt of liquid produced within the process to the feed to the pmcess "

For the case where the feed is added to the second stage of the process, as shown
in Fig. B:7, the defirition of the capacity variables may be applied to each stage as
before: : o

|4
o TET I
;.. (B.135)
= * oy _.....?... :
'i'f-l "2 Fi "
where_F'mF-i- V, and F'x" = Fr, + Vixy.
| 1F Ly
V. K, A
e : szzllz
L' E1 aql . S
L. x,A;
Fig. B.7 Two flash stages with refiux; feed added to the second fiash -
stage. . o '
It may be shown that:
xlsx},.+;f.£_".+f$q-_:_: '
vV, V, - {B.136)
;(2 = xp -+ ..F,_._.. + -F .

As before, the overall boiling capacity of the process may then be shown to be:

[

i+ ¥
3

8.137)

£
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where F’l‘ = F’\p -+ Vi)g.

Combining the above equations, it may be shown that:

L
A = dg v 22 (8.139)

Again, the change in'the overall process capacity is the xatio of the total amount of
liquid produced to the feed to the process.

B.3 bistillatiou column

The capacity variables for a sim~"  {istillation column are determined below. The
following simplifying assumptioﬁa are used to describe the behaviour of the column:
- the feed is saturated liquid |
»  the products are saturated liquids
" »  there i3 constant molar overflow
»  each stage is ideal, i.e., sn equilibrivm stage.

It follows from these assumptions that:
.+ the liquid flow rate, L, is constant in the rectifying section, and equal tt; rD,
where r is the reflux ratio and D is the distillate flow rate.

»  the vapour flow rate, ¥, is constant throughout the column, and equal to
{(r+1)D or equivalently sB, where s is the reboil ratio and B the flow rate of
the bottoms product, |

> the liquid flow rate in the stripping section, L', is constant, and egual to F+L
(where F is the feed flow rate) or equivalently, (s+1)B.

The capacity variables for the column will be determined 'by applying the capacity
definition to equilibrium separation stages in the rectifying and stripping sections of
the column, and by applying the mixing rules to the stage at which the feed is
introduced. Results will be proved by induction.

Appendix B: Derivation of Capacity Variables for VLE Separation Processes B.31



B.3.1 Boiling capacity

It will be shown that the overall boiling <apacity of the process is the matio of the
total rate of vapour production within the process to the feed flow rate to the
proces. This will be proved by applying the definition of x to the condenser and
the ﬁrst tray in the rectification section of the column, and proving results for the
boiling capacity of an arbitrary stage in this seciion of the column by induction. The
definition of x will then be applied tc the reboiler and the first stage of the stripping
section of the column. The boiling capacity for an arbitrary stage in this section of
the column will be found by induction. Lastly, these results will be applied 19 the
stage at which the feed is introduced, and general results will be obtained by proving
a number of smaller results by induction, and combining these results using the
definition of overall process capacity. |

B.3.1.1 Rectification section
Condenser

The definition of « is applied to the condenser shown in E“*g B.8; no vapour is
formed in the condenser:

=k =k o (B.140)
Dx, A |
v K, A, Lk A,
Fig B.8 Condenser: distilation cotumn, Flow rates and capamt) of
process streams.

First stage

As shown in Fig. B.9, the first stage of the rectification section is fed by the vapour
from the second stage and the lquid from the condenser (zeroth stage).
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R

Fig. B.9 First stage of reciification section, Flow rates and capacity
of process streams.

The nett feed has quantity F* = L+V = 2(r+1)D and capacity, x, given by
{L+Vix' = Lz, + Vx,. Applying the definifion of x to the first stage:

1 4

K = k" + g
L A o Y S (B.141)
2r+l ® 2r+1 % 2r+l

By substituting ex{, (B.140) it may be shown that:
K, =Ky + 1 : (B.142)

N stages a

The following shall be proved by induction:

w-i

X, = x,,,l*-E (L) (B.143)

r+1

For case n = 1, it has been shown in eq. (B.142) that x; = x, + 1. Thus eq.
(B.143) holds for n = 1.

Eq. (8.143) is assumed to be true for j and shown to be true for j+1.
The (j-+1%) stage in the rectification section is fed by the liquid leaving the / stage
and the vapour leaving the (j+2%) stage. Therefore F'x" = Vx,,, + Lg. Applying

the definition of « to the {j+-1%) stage:
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r+l r rvl
%1 T By * .:'22'-&-1 * G+l

_ . or+l r Sor r+l
= HagT * i‘m[’ﬁ-ﬂ * Ea(ﬂl)t] + TS|

(3.144)"

Therefore, it can be shawn that: /|

= + { Ty 145)
Kl = K Ea (;:;i' ) _ 8.
Thus eq. (B.143) is shown true for alin = 1.

The symboj s, is introduced to denote the sum:

a1l

T (L) | (B.146)

r =
* e r+l

The foliowing equations may then be written:

Xp, ¥ K,
= K

=x2+sl -
=Kt TS _ (B.147)

Nt .
= Kyt )5,
sl

where N is the total number of stages in the rectification section of the column.
B.3.1.2 Stripping section

The stripping section is numbered from the bottom of the column: the reboiler is
thus the zeroth stage of the column section.

Reboiler

The reboiler is illustrated in Fig. B.10. Applying the definition of x to the reboiler,
it is found that: | |
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4

(B.148)

Fig. B.10 Reboiler of distillation column. Flow rawes and capacity
of process streams.

First stage '

As shown in Fig. B.11, the first stage of the stripping section is fed by the vapour
leaving the reboiler (the zeroth stage) and the liquid leaving the second stage.
Therefore F* = (25+1)B and F'x" = sBx!, + (s+1)Bx;.

L'x’, ri
vV 1.'1 —,

u.“‘
Ay ——— 1

¢
Fromar] L% AL~

VxLal

Fig. B.11 First stage of stripping section. Flow rates and capacity
of process streams.

Applying the definition of « to the first stage, and substifuting eq. (B.148), it may
be shown that:

o s (e S (B.149)

s+l A+l

M stages
The following will be proved by induction:

Ky = o + TS | (B.120)
" kb os+l
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For casc'm = (, it has been shown in eq. (B.148) that eq. (B.150) is true.

« EBq. {(B.150) is assumed 1o be true for j and shown to be it true for j+1.
‘The (j+1") stage in the siripping section is fed by the liguid from the (f+2%) tray
above and by the vapour from the / tray below. Applying the definition of :

f -~
Kpg =K * F 4
F s+1 5

= K, W

1Y 2Tt T . @151

= _f 1 S+l ¢ s
‘-T"[“ E‘?:r’”] H%

The above eguation may be rearranged to give:

/= Sy | B 152
K1 :9.:*2(‘“1 ® )

Thus eq. (B.150) is shown te be true for alim = 0.

The symbol o, is iatroduced to denote the sum:

. . -
0, = LIy ® 153

The following equations may then be written:

x;, = x’ \
= K; “+ 0'9
= Ky + o *roq (B.154)

M

where M is the total number of stages in the stripping section of the coluinn.
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B.3.1.3  Feed tray mixing

For a column with N stages in the rectification section and M stages in the <tripping

section, the feed is introduced as a saturated liquid zbove the M™ tray of the stripping

section, as shown in Fig. B.12.

. . N
Vit b | [La
F e, 7
vl | L'l Rl

P

Fig. B.12 Muzmg of streams at the feed tray. Flow rates and

capacity of process stream. -

The fwd 1s of flow rate F and capacity x,. The vapour leaving the ™ stage and that
entering the N* stage are identical in flow rate, composition and capacity. The
Hquid entering the M™ stage is a mixture of the liquid leaving the N* siage and the
feed. Therefore this mixture has a mean capacity, ¥, which is the weighted average
of the capacity of the fwo constituent streams. For consistency, the liquid stream
 entering the M stage of the stripping section will be denoted by the subscript M+1,

and the vapour stream entering the N* stage of the rectification section wﬂl be .

denoted by the suhscnpt N+1. Tt may therefore, )Je written:

I 2
lﬂ-ﬂ - KH

F z
R A A

Combining eqs. (B.147), (B.154), (B.155) and (B.156):

: L N1
xp =K, + (1 + -‘F-_)(i-fx + 5) + Eos*

and:
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=Ky + £(°'u + 5 + -§°'k 4 ’ (B.153)
F k= ){ '.-’ .

"‘.?;Z\rr

4 :
From egs. (B.157) and {B.153), the overall capacity of the proc.'s may be
determined: 5\ "

wa'f;-:g Dk, + B
\‘. :.____ o N N
tf’xp * D{rsy * E’ls“) + B{so, + Eo““)

(B.159)

The following will be proved by induction:
Fx, = Fx. + VIN+ M + 1) (B.160)

1t is noted that V = D(r+1) and that V = sB.
_ 7

& [
/
First it is shown that the follov/ing is true for all #:

r e r( TP s (Y = | -
r(m)' * sl-d-l r(r+1)’ + ig:ﬂ_(.r"'l)l r+1 (B‘Iﬁl)

.Eq. (B.161) is tsue for case n =  since:

PRSI R . _
CrEp (r-f-].)’3 rel L (33162)
P

)
Ii is assumed that eq. (B.161) is true for j and shown to be true for j+1:

F ot o P e E oy g oy b T
?'(;-1-}” E(m)'-r(m)“ (;-i»)“ 2 (—)

_ i T+l
Y ¢ e Tow
) T EGY

(8.163)
=7+l

Thus eq. (B.161) is true for all » = (.

Using this result, the following will be proved by inducdon:

N |
TSy + fi-"z =({r+ On __ (B.164)
F )
It is first shown that eq. (B.164) is true for case N = 1:
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_’.E.fl . .':'

- ‘Z;s, = {r+ 1)s, = {rd)z(_..)* »pr+1 ' (B.165)

It is then assumed that eq. (B.164) is true for case j, and shown to be true for case

& 2 &

. O p
I’SM + ES; = rL(———)" + spg + Esa

= r(..._)' TS Syt }:‘,s '
i (B.166)
» r(?':i-_]_)’ Syt (r~1)f

=(r+el) +(r+1)
={r+0D{+ 1

Thus eq. (B.164) is true for N > 1

The following is assumed to be true for ail n:

g s )*'"1 = z:( )*** + S{}":'i')m =5 (B.167)

First, ... (B.167) is shown to be true for m = 0:

LI S § =
) 331 +SS+1 § | (B.168)

)J( ) |

o s+1 s+1

-

Then it ir assumed Jhat eq. (B.167) is true for j and shown 1o be true for j+I:

il
ku LIRS | l' 2
T o sy ):( e DS o
= +] +1 .
3_:0(“ P sy
=35
Thus eq. (B.167) is true for all m = 0.
it must be shown that the following is true for all n:
so_ + %q = spm + 1) - B.170)
i
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" First it is shown that g (B.170) is wue for m = 0:

50, + Lo = 6+ Do, = s + DECEI = @.171)

It is then assumed that eq. (B.170) is tri: “or j and shown to be true for j+1I:

B =t Do, R
3., * g, =5 * a, k 2
i) & i fall |§) i

| M og g
= (5 + ])Eu(m)k“ * E’“}

5 e d
=g + 3(};.1_)“ + So, + Enai
=5+ +1)
=s(j + 2)
T follows that eq. (B.170) is true for all & = 0.
It has been shown that:
N M '
Fx, = Fx. + D(rsy + §,5,) + BGsoy, + Y ) (B.159)
. k=1 f 21 :
and that: |
:"._': » "' - -
riy+ s, =@+ DN {B.164)
i=1
and thar:
o u
so, * Lo, =s(M + 1) (B.170}
i=0
Since V = (#+1)D and V = sB, it follows that:
Fx, = Fx, + V(N + M + 1) _ {B.160)
ie:
Ky =g+ N M) ®.173)

F

In other words, the change in overall capacity of the column distillation process is
the ratio of the total amount of vapour praduced (a flow rate V in each of N«
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stages, pius a flow rate V produced in the reboiler) to the tofal flow rate of the feed

to the process. This result has been proved for ¥ = 1 and M = 0 and will be

proved for N = 0 in fhe following section, so that eq, (B.173) holds forall N' = 0,

B.3.1.4 Completion of preof

Eq. (B.173) is val.d for N = i1and M = 0. To further generalize this result, it is
necessary to show that eq. (B.173) is frue for all values of ¥. In particular, this
equation must be shown true for N equal to zero, which is the case where the feed
is addec‘. immediately below the condenser, as shown in Fig. B.13.

Dy Ay

vra| JLed,

VK'II 'HI l'-"c'mt Al

Fig, 8,13 Flow rates and capacity variables of process streams for
~ the case N equal to zero.

@

In this case, the results for the stripping section, namely, egs. (B.!50) and (B.154),
hold, The rectification section consists only of a total condenser, which is the zeroth
stage. Therefore:

X, = K, * K, (B.140)
The liquid leaving the zeroth stage iz mixed with the feed to form the liquid feed to

the if™ stage of the stripping section, and the vapour leaving the M™ stage is the
vapour feed to the condenser, as shown in Fig, B.13. Therefore:

Ky = = x, . . (B.174)
and:
F L _ F L
U v A e LI 5y LA ¥y (B.175)
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But eq. (B.154) kolds for the siripping section, henee:

M
Ky = Ky + L0, - (B.176)

ket
Similarly, eq. (B.150) holds, hence:
Kig = Kooy + Oy ®.1m

Eqs. (B.175) and (B.177) may be combined to show that:

My = F.. Xg * —£'-~(K;:+1 + ;fu) "
" xp + ?o'” ! :

- Egs. (B.174), (B.176) and (B.178) may be combined to determine the overa'l boiling
capacity of this disﬁllation columns
e, = Dxy + Bi
T ! i Mo
= Dry + B(kya + x)-:uo}‘) (8.179)

N
= Fr, + B{so, + Yoy
. P

From eq. (B.170) it follows that:

P .;(M-rl) (B.180)

which is identical to eq. (B.173) for the case N equal to zero. Hence eq. (B.173)
istrueforall N = OQand all M = 0.

'B.3.2 Condensing capacity
In this section the obndensing capacity of a simple distillation column will be
determined. The same assumptions are made as for the determination of the boiling

capacity cf the columa, as discussed in Section B.3.1 of this appendix. The zesults
are proved by induction.
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B.3.2.1 Rectification section
Condenser

Apolying the definition of A to the condenser of Fig. B.8:
Ap=h, = +1 (B.181)

First stage

The first stage is fed by the vapour from the second stage and the liquid from the
first stage, as shown in Fig. B.9. This mixture has capacity A'. Applying the
capacity definjtion to the first stage:

NN
= r }\ L r+1 7\! L r (B.}.sz)
2r+l ¢ 2r+l Zrel

Substituting eq. (B.181) into the above, it may be shown that:

M=k o+ 2o @18

N stapes

The following will be proved by induction:

A, = Ay * 5+ T () (B.184)

r+l: Pl 2 |

For the case # = 1, it has been shown in eq. {B.188) that eq. (B.189) holds.

Eq. (B.184) is assumed to be true for j, and shown to be true for j+1. The (+1%)
stage is fod by the vapour leaving the (2% stage and the liquid leaving the /*
stage. Applying the definition of A:
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e AT —_—
XJ*I * F*
- r+l
T2 2r+1)‘7 2r+1 | | (B.183)
r+l r
2r+1)5’" 2r+1 ["7 r+1y .E»‘z r+1)t] s
from which it may be shown:
Na = Na * (':1-}"1 _“' E(m)b | (B.136)

Thus eq. (B.184) is shown true forall # = 1.

The following shall be proved true by induction:

Ay = Aoy + 5B+ 2 =~ K)ot ) + 1 ®.187)
: el r+l

This statement is true for case n = 1, since egs. (B. 18’1) and (B.183) may be
combined as follows:

hp = A, + 2..’L1. +1 (B.188)

re

Eq. (B.187) is assumed to be trve for j and shown to be true for j+1 by substituting
" eq. (B.186) into eq. (B.187):

Mo = N+ £042 =BT 4 1
= Dya Gt e B Y 2002 - DCDF ¢ 1 @189

r+1 g1 r+l
- ____t i
at TG+ +2 DG

Thus eq. (B.187) is true forall n = 1,
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B.3.2.2  Stripping section i
Reboiler

Applying the definition of A to the reboiler fllustrated in Fig. B.10:

o oo . B i
Al')\o'hl""‘f}' hl"';::i' (B.190)

First stage

The first stage is fed by the vapour from the reboiler (zeroth) stage and the liquid
from the second stage, as shown in Fig. B.11. The capacity of the nett feed fo the
first stage is therefore given by: (V+L)ON" = VA, + L'A). Applying the definition
of A to the first stage:

N o=ar o« £
=5 ¥ s+l ;s s+1 "ﬂ.
23"'1 ¥ 25“‘1M * 25+1 (B 191)
= S.__(x' + ._.].'_) + .._.....s"'l )\; + .____.s*l -
251 ¢ s+’ g+l 25+1 .
= ! + ! s + 1

3+l g+1" =

M stages
It is proposed that the following staternent is true:

s+1 s+l =Ly

m-1
NoaNg+ L Epevedly (B.192)
+ 'This will be proved true by induction.

For case m = 1, it has been shown in eq. (B.191) that eq. (B.192) is true.
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Eg. {B.192) is assumed true for j and shown to be true for j+1. The (f+1%) stage

is fed by the vapour leaving the / stage and the liquid leaving the (+2%) stage.
Therefore the capacity of the nett feed to the (f-+1%) stage is the weighted average
of the capacity of these stages:
I
)‘;ft = A"+ -;—;
5 47, Stlyy s+l
BTt Tl ¥ T

5 r . 1,8 g3t s s+1 7 . s+l
25+l [x"" +}':f('s+_ly+§n(s+1 ).] o et 25+l

- I l S5 £ I 5
ot oG B

=

(B.193)

‘Thus eq. (B.192) is shown true forall m = 1.
The follewing will be shown to be true by induction:

AR I YR B Y
No= M+ =2 Y+ B - B (®.194)
For case m = 1, e, . (B.190) and (B.191) may be combined to show that eq.
(B.194) is true:

L]

s | .
1 s .1 “ (B.195)

Eq. (B.194) is assumed to be true for case j, and shown to be true for case j+1:

Y 1 4,5 I . $
Ay = Mg + -;:TED(?:{)" * .-3;00 k)(m)t |
a2 G BT s G B P G
oy 188 w Bt - by Sy 196
Nt oA RO NGy @99

Thus eq. (B.194) is shown true forall m = 1.
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B.3.2.3  Feed stage

Consider a column which has N stages in the rectification section and M stamﬂi?in
the stripping section. The saturated liquid feed is introduced above the M* stage of
the stripping section, as shown in Fig. B.12. Since the feed is saturated liquid, the
capacity of the vapour stream leaving the M™ stage of the stripping section is equai
to the capacity of the vapour stream entering the N® stage of the rectifying section,
that is;

xm.: = )\:t _ . J_:,‘:{(B.IW)
The mixture of the feed and the liquid leaving the A stage of the rectification
section has capacity A” given by: '

(F + D) = (F + DNy = N, + L), | (B.198)

The sums f, and g,, are defined in the following way:

Ly e T '
T (';;-'f)' £ g(r_'_l) | {B.199)
and: '
R R VE |
&G T B | . @20

Thérefore eqs. (B.184) and (B.192) may be rewritten as follows:

A= Mg+ L (B.201)
and:

Ny = Mot * £ (B-202)
Substituting in the relationships given above for Ay, nd AY,,, it may be shown
that:

F;;L U + &) | @® 203)_

Ay =hp ¥

and:
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New = 2 * 2y + ) (B.204)

It follows fwm egs. (B.201) and (B.ﬁOB) that:

fJ

F+L
_}‘Nﬂ * = -fN

(B.205)

The overall condensing capacity of the process is the weightcd average of the
. capacity of the process streams, By combining eqgs. (B.187) and (B.194), it may be
shown that:

FA,, = FA, + DIif, + z W2 - B+ 11

i

f (B.206)

k 5 \__ﬂ-}r Jp‘l
BISSM ﬁka(m) E M - k)(m} I+

It will be proved by indnction that the change in overall condensing capacity of this
distiflation column is the ratio of the total rate of liquid production in the column to
the feed flow rate fo the column. The total rate of liquid production is a rate L ==
rD in each of the N stages of the rectification section, and a rate L+D in the
condenser, a rate L' = (s+1)B in each of the 3 stages of the stripping section, and
a rate B in the reboiler, Therefore, it will be shown that eq. (B.206) is equivalent
to: '

FA, = F\; + D@@+1) + I) + B((S+I)M + 1) (B.ZO?)

This equivalence will be proved inductively, by showing that the coetficients of D
in egs. (B.206) and (B.207) are equal, as are the coefficients of B.

First, it is shown that the following is true for all z:
T oye Ly = 208
MYy B =y (8.208)
Eq. (B.208) is true for case n = 1 since:

r(....,.)l * )l = " (B.209)
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Eq. (B.208) is assumed true for j and shown frue for j+1:

rf")**‘+z( )*ur( )f‘*«-( r‘-rr,(——)‘

g r+l

T T
= (. F + E (L =p |

P+l k=1 ¥l

It will further be shown that the following is tiue, where £, is given by 2q. (B.199):
rf s Ttn+2 - (- + 1 = r(asl) + 1 . B2l
. el el
Bq.-(B.211) is true for case n == 1 since:

rf, g(nz -+ 1
= (o)t + E( }k] * 2-——1- 1 8.212)

r+l

“Q"m*zm”

=2r+1

Eq. (B.211} is agsumed to be true for j and shown fo be true for j+1, using eq.
{B.208):

hon +’i:'(fﬂ-1+z-k)<-’i)*+1
. r(m)'*‘+z<_—)=+za+1+2 DL P

= @red) (o5 )"” + ?'E (——)" E(r
= r[(——-)’*E(—-) ]+E(J+2 k)(—--1" *1+ ?'(———)’ + E{---]"

J
- v(_f._)h-l

r+1 b1l
‘= f + 3};1(' +2 - k-)(m)" +1+7r f“,
=r{j + 2+ 1 (3.213)

Thus eq. (B.211; has been shown to be true for afl # = 1. It follows that the
coefficients of D in eqs, {B.206) and (B.207) are equal.

¥ wiil be proved by induction that the following is true:
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Sy e b (Tf =5+ 1 - (B.218)

s+1 =i}
Eq. (B.214) i3 to:e for case m = 1 since:

S+ (2

s+l s+1

P e D) vl ms ] ®215

Eq. (3.214) is assuined to be true for § and shown tc be true for j+-1:

S(——)’"+ 2(——)" st )’*‘ +( )/

ko S+l s+1 )t

- _,(___), z(m)b ®219

Y =35 "' 1

Thus eq. (B.214) istrue forallm = 1

The following will be shown to be true, where g,, i3 given by eq. (B.200):

ot B + T B e+ Dm el (B2IT)
f= s+1 :

13 - E !
58, + m& —+T)t E(l k)(-—-')
=.s'._1‘.._s_ g5+ I s . 1 w1 (B.218}
s+l 5+1 s+1 3+1 s+l
=y +1)+1

Ttis assumed that eq. (B.217) is true for j and shown to be true for j+1:

5 * E o "(1*1 - k)(——)"

s+1
u: ; ! e Y a3 *1 - —
s[s+1 s+l )f * }"(s+1” .v:+1.3‘::|(.s-|-?t)Jt v(, 1 k)( )k
= 1 _ £
sm(m); DASBONERE JEHPRE, +1)*+§(i BT
rsg 12:(-—-1-)* ):u k)(-)* + 5%l
@D ¢ 1 (s.219)
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 Therefore eq. (B.217) is true for all m = 1, and the coefficients of 7 . 4gs. (B.206)

and (B.207) are shown to be equal,

Thus, by proving eqs. (B.211) and {8.217), it has been proved that eqs. (B.206) and
{B.207) are equivalent. In other words, the change in overall condensing capacity
is the ratio of the total rate of liquid production in the column fo the flow rate of the
feed to the column. This result is valid for ¥ 2 { sne M 2 1. In the foliowing

section eq. (B.207) will be proved for N = 0 and M 0, so that the resuit holds ..

for N a lad M 2= (.

B.3.2.4 Coxapletion of proof
Eq. B.207) has besn proved true for all N = 1and all M > 1. It is requirsd fo
generalize this result by provi.;lg it true for N equal to zero and for A1 equal to zero,

These two cases will be presented separately,

N equal to zero

" Consider o -olumn in which the feed is added immediately below the congenser, as

shown r Fig. B.13.. -Therefore N is equal to zero. Egs, (B. 194)3 (B.202) and
(B.217) hoid for the stnppmg section.

The condensing capacity of the producis of the condensef is: _
Apmdg = v 1 e . @18)

The vapour leaving the M® stage of the stnppmg section is the vapour feed to the

condenser, therefore;
My = A, | | ®.220)

Eq. (B.202) holds for the stripping section, and therefore egs. (B.181) and {B.230}
may be combined as follows: | :

Ay = My + gy *+ 1 | - B2
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The feed is mixed with the liquid product of the condenser to form the liquid feed
to the M* stage of the stripping section. Therefore: '

F L
EY T TaEe |

F. L |
v = SR ®.222)

Fi
Nagy *

L]
l‘..k_--_:?

L .
=_F._,{g.“+l) 'PAF

Since egs. (B.194) and (B.217) hold, the overail condehsing capacity may be
determined as follows: -

Fr, = DX, + BA;
M
= DN + g * 1)+ B [E}:a(M—k-l-.}_.)(._s_,)k]

s+17 541
_}H 1 =
=FN +L(g,+ 1) +Dg,+D + B[«%'(M—k-l-m! | ,T_f)t

x

1 M

= FN + 7+ BJ sei =y EGt & (M_k)(él—)t] @2z

g+1 @ s+1 o

Eg. (B.217) may be substituted into the above equation, giving the following resuit;

Fh, = Fh, + V + BIM(s+1) + 1] (B.224)
This is identical to eq. (B.173) for the case N equal to zero. !
Case M equal to zero

Consider the case in which the feed (o the column is added directly above the

.  xeboler, as shown in Fig. B.14. It i necessafy to prove that eq. (B.207) is valid

for this case, in which M is equal to zero. The rectification section has N stages,
and egs. (B.187), (B.197) and (B.201) hold.

Appendis B: Derivation of Capacity Vaciables for VLE Separation Procssses B.52

oo A
cer el SRRSO



k 4

y N
V %3 Ry Le,d,
F e A : a—.
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k2

Brgdy

Fig. B.14 Flow rates and capacily variables of procass streams for
the case M equal to zero.

The condensing capacity of the products of the reboiler is giver by:

D HES HEgLE (B.190)

The vapour produced by the reboiler forms the vapour feed to the A™ stage of the
rectification section. Hence: T

A'ml = )‘3 = xrll (3.225)
The liquid product of the A® stage is mixed with the feed fo form the feed o the
reboiler., Therefore: y

Ne=F i+ L

1= 5P T TSR wd (B.226)

By combining egs. (B.190), (B.201) and the two previous equations, it may be
shown that:

- -2l 4 W
A Ty s A R V)

Rearranging this equation:

L, L+F 1 '
Np = Ag + _if,, e (B.228)

From eqs. (B.187) and {B.225), it follows that:
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N S
o= g+ LV+2 B )t 4 1 (3.229)

where, for convenience, the right hand term of eq. (B.229) will be denoted by 4,
Che, hp = A T A

From egs. (B.137) aud (B.22Y), it follows:

~ F\, =D\, + BN,

= D(\y + A) * BQ)
= FA} + DA (®.230)

F+l
= FA, + mee + DA
p ¥ Ilfy To1 +

Since F + I, = L’ = {s+1)B, and since, from eq. (8.211), #fy, + 4 = n(N+1)+1,
it follows:
F\, = FA\p + B + D(rfy + 4)
= FA, + D[r(N+1)+1] + B | .. (B.231)

Therefore eq, (B.207) holds for the case where M is equal to zero. This concludes
the proof of eq. (8.207) for 2 distillation column.

i
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Appendix C
Case Studies ~— Data

This appendix details the results of the distillation simulations presented in Section 6.4.
The thermodynariic data used is presented in Chapter 6, and the feed and product
compositions are noted. The minimum capacity variables (x,, and A,), the optimum
reflux ratios associated with them (R,,), the minimum reflux ratio (R,,), the optimum
number of stages (N) and the ratio RJR,,,,;, are presented for both &, and A, for a range
of product gpecifications. For each product specification, it is noted in the last two
rofumns whether an integral number of stages was required in either the rectification
(R) or stripping (S) section: for example, an entry 85 in the Int(x) means that exactly
five stages were required in the stripping section in order to minimize «,, for the given

product composition,

Table C.1

Ideal binary distillation. x.: 0.38, x5 0.10

Appendig C; Case Studies — Data

Xp,1 Kae Rokn) Mo Byfdod Ry Nk} N Ry Ry R /R Int(x) Int(\)
d D

0.65 5.551 0.625 7.548 0.662 5.215 5709 5.564 2906 3.076 84
076 6360 0.363 8.589 0969 0.440 62317 5934 1960 2.202 84
075 7340 1.269 9.666 1.277 0.665 6510 6483 1908 1920 S4
0230 8229 1547 10685 1.585 0.800 7.099 6968 1730 1780 R3 S4
0.85 9363 1815 11835 1.892 1115 7911 7675 1.627 1.697 84
090 10.674 2,148 13,110 2.200 1.340 B8.688 8.532 1.603 1.542 34
093 11.666 2,385 14.024 2385 1475 9317 9217 1.617 1617 84 84
0.95 12504 2396 §4.782 2.508 1.565 10.199 9.848 1.527 1.602 RE§ &4
096 13,100 2.560 15.266 2.569 1.610 10.273 10273 1.596 1.555 S4 54
0965 15.416 2.431 15544 2.600 1.633 11.080 10.527 . 9 1.593 54
097 13,732 2487 15825 2.563 1.655 11.235 10994 ;403 1548 R7?

0.975 14,176 2,662 16,156 2.662 1.678 11,098 11008 1586 1586 S4 54
098 14.576 2431 16534 2,630 1700 12.443 11.726 1430 1547 RS

‘N85 15285 2741 17.043 20111 1,723 12.0:% 12.0)8 1574 1574 R8 Rs
099  16.127 2.598 17,710 2.598 1.745 13248 13.248 1488 1483 R WY
0.995 17.570 2.720 1B.795 2720 1,768 14.09¢ 14.099 {538 1.538 R10 K10
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Table C.2 Non-ideal binary distillaticn. x.: 0.38, xs 0.05.

Rix) Ne  Efhd R M) N(Mwwm‘}m}

X L

0.6 7321 0495 8545 Q631 0.188 7.1632 G513 263 335 S5
0.630 8.189 0.657 9.795 0.853 0.350 7.683 6816 188 244 S5
0.650 8500 0965 10406 1.002 0,453 7.142 6993 211 219 §5
0630 9.818 1.117 11412 1.224 0620 7354 7440 180 197 55
0.700 10439 1.208 12.088 1372 0.729 8314 7.695 1.66  1.38 55
0720 11.059 1.441 12,691 1.521 O.837 3200 7934 172 1382 R3 85
0.750 12,166 1658 33.725 L7743 0.999 5708 %414 166 L75F S5
0770 12861 L7 14431 1351 1207 9283 ATS L8617 S5
0,800 14.041 2.095 15532 2114 1269 9311 2249 165 1.67 ° 55
0.830 15272 2.213 16713 2336 7.431 10334 9839 1355 163 RSV S
0.350 16245 2473 17.583 1.484 1.539 10339 10303 161 161 55
0.880 17,795 2707 18994 2,707 1791 IL.074 11.074 159 159 S5 S5
090G 19425 2,731 20,102 2855 1.309 12135 11723 151 1.58 5%
0.930 21257 3.631 22.060 3.065 1971 13071 12958 1.54 1.56 RSB

0.950 23.277 3.226 23.758 3226 2079 14023 14.023 155 155 S5 55
0560 24.564 3.193 24.859 3.240 2.133 15155 14978 150 1.52 RID

0970 26.168 3.263 26.18%8 3.287 2.137 16.113 16016 149 150 TN
0,980 28317 3.426 27.950 3426 2.7241 17.030 17.03¢ 1.53 1.53 Ri1z Ril
4.990 31.391 3.522 30.83% 3.522 2295 15.087 19.087 1.53 153 .85 S5
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Table C.3 Ideal temary distillation. X (0.3, 0.3, 0 4), xp,5: 0.999, x5 0.01

Ips ke Bt M RO R Nk NG 1::?_ ]:ifgx“ Ini(x} TntQy)

1B-12 24.499 2,335 29.583 2.538 2.006 23.521 22437 116 126 S11 510
2B-12 24.623 2,401 29.776 2.601 7Z.099 23.i63 22.097 1.14 124 S11 810
3E-12 24,676 2350 30.192 2.603 2,124 23589 21.784 [11 127 R12 810
4B-12 25.052 2.534 30.610 2.77% 2.163 22,659 21.555 1.7 128 S11 S10
5E-12 25248 2586 30.835 2.827 2.226 22,503 I1.418 116 1.27 S11 510
6E-12 25364 2.618 30971 2,858 2.266 22398 21322 1.i6 126 &1t 510
TE12 25.433 2,641 31059 2.8380 2.294 22318 21.247 LIS L26 Si1I Si0
8E-i2 25.485 2.6598 31.118 2,898 2314 22.2%4 21.186 115 12§ SIt S0
9E-12 25.516 2671 31.159 2509 233 22200 21134 11§ 125 Si1 SHD
1E-11 25535 2.681 31,186 2,918 2342 22,153 21.087 114 125 511 5810
E-11 26,265 2.696 32.418 2.884 2.442 22,719 21634 110 118 si2 si1
3E-11 26.471 2.828 33.073 3.009 2.592 22.431 21375 1,09 116 Si2 St
4B-11 27.105 3.069 23.363 3.069 2.661 21.236 21.236 1.15 11§ si1 Sit
SE-11 27.218 3.104 233,515 3.104 2,701 21,13% 21.139 115 11§ Si11 81l
6H-11 27.274 3.126 33.603 3.412 2,728 21.062 20056 1.15 125 §S11 R0
TE-i1 27311 3.124 33,703 3.152 2746 21.105 20985 114 115 RI10 51t
8B-11 27.584 3014 34362 3272 2.76 21.$38 20813 i.09 119 §12 Si1
9E-11 28.054 3.108 34.853 3361 2.787 21794 20,693 1.1z 121 S12 Sit
1BE-10 28,418 3,181 35234 3.4%; 2.860 21.839 20.602 1.11 120 512 s1
2E-10 29016 3.486 36.797 3.726 3.706 21.260 20214 109 116 812 Sil
3E-10 30221 3.581 37.228 3,819 3.30% 21052 20,051 108 115 S12  Si1
4E-10 30.892 3.706 38439 3.706 3.359 20910 20.210 1.J9 L.10 S12 812
SE-10 22,352 3988 40.060 3988 3.573 20.650 20,650 1.12 142 S12 S12
68-10 33289 4,167 41,005 4.167 3769 20502 20502 111 L1i SIi2 512
TE-10 33929 4.293 41,801 4.660 3.902 20404 19345 1.1 1.19 S1i2 811
BE-I0 34,415 4385 42289 4751 4.00 20332 19280 110 13y S12 Si2
SE-10 34.776 4.456 42.660 4.821 4075 20276 19.22% 109 L18 S§12 s11
1E-09 325059 4.512 42951 4.876 4.135 20.231 19.1% 109 118 S12 Ssit
2B09 36975 4.618 45429 4949 4394 20969 19.873 105 113 S13 812
3E-09 41,502 5.822 50,418 5822 5206 19453 19453 L1z 112 812 812
4B-09 44,022 6.242 $2.814 6242 5639 19289 19249 L11 1t S12  sSI2
S5B-09 45320 6450 54.214 6490 5293 19.196 19.19¢ 1.10 L.10 S12 5812
6E-09 A6.163 &6.654 55.125 6.654 6.051 19.131 19431 L1 110 Si2  S12
TEG9 46,749 4771 55761 6771 6.178 19.081 19.081 110 L0 &1z Si2
BE-09 47,175 6.857 56.226 6.857 6268 19.040 19.040 108 109 S0 SI2
B.SE-S 47345 6.803 56.413 6.893 6303 19.021 19.021 109  1.09 312' |12
9E-00 47.495 6.925 56577 6.925 6335 19.004 19,004 1.09 1,09 S12 S12
9.5E-9 47961 6.729 57.485 6729 6364 19,713 19713 106 105 R7 R7
1B-08 49,213 6,849 58085 6.84% 6383 15928 19928 1.07 147 S13 513
1.05B-8 50,701 7.121 60.591 7.121 6.569 14839 19339 108 108 SI13 S13
i.1E-08 52,651 7.367 62,037 7.367 6&.81% 19.76F 19.76% 1.08 108 813 812
1.2B08 54.406 7,795 64.355 7.795 7.254 19.648 19,648 1.07 10T S13 813
1.5E-08 59,551 8,725 70.041 B.725 B.189 19438 19438 [.07 107 S13 813
2B-08 64.642 9545 75459 9.645 9104 19270 19270 106 106 813 813
3B-08 &9.655 10,555 20734 11.256 10,013 19,120 18,100 1.05 LI2 813 S§12
4E-08 72.102 1i.008 83.307 11.719 10.463 19.042 18.025 1.05 112 S13 S12
SE-0R 76,810 11.239 B8B.694 11.940 10.726 19.947 18.880 1.05 LIl Si14 3513
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Table C.4A Non-ideal ternary distillation. x5 (0.2, 0.5, 0.3), X,: (0.3, 0.15, 0.55)

X1

xp3

L

Ryt A Rl

NGv) KR By'Rosy Tnb(c) Ini(A)
d Q)

0.08
0.0825
0.085
0.0875
0.0925
0.0975
0.0988
0.1
9.1013
0.1025
0.1033
0.105
0.1063
0.1075
0.10838
0.1
0.1113
0.1125
0.1138
0.115
0.1175
0.1225
0.125
0.1275
0.13
0.1375
014
0.1425
0.15
0.1525
0.15%
0.157s

0.031
0.082
0.024
0.0385
0.026
0.088
0.09
0.092
0.094
0.096
0.008
a1
0.101
a.102
0.103
G.104
0.105
0.107
0.108
0.104
0.1
a.111
0.112
.113
0.114
0.115
0.117
0.119
01155
0.12
0.1205
€.121
0.1215
0.122
0.1225
0.123
0.1235
6.124
0.i245
0.125
0,1255
0.126
0.127
0.129
0.13
0.131
0.132
0.135
0.135
0.137
0.14
0.141
0.142
0.143
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15.146
13.154
11.20%
1n.553
10.034
5210
8584
8.067
7.67%
7316
7.062
6.321
6.700
6.629
€.595
¢ 552
4.501
6377
6.307
6.235
$.204
6.216
6.21%
6,208
6.190
6.164
6,003
3.999
5.973
5.945
3.917
5907
5911
5.919
5.933
5951
3974
6.001
6.025
6.044
6.058
6,068
6,071
6.069
6.051
6.026
3.9%
5.865
5.813
5.756
5.533
5.492
5,447
5439

0.645
0.643
0.672
€.683
a.704
0,725
Q.737
0.740
0.765
0.786
C.843
0858
0,906
0,949
1.008
1.031
1.04%
1.080
1.093
1.071
0.971
0.944
0972
1.061
1.045

1329
1.394
1.418
1.424
1.454
1.460
1.439
1.387

20.234
17.330
14.40G
13.444
12.679
11.46%8
10.539
9.722
9.185
B.655
8.225
7.843
7.663
7.488
7318
7178
7.048
6.802
6.684
6.568
6.452
6.341
6.290
6.235
6.177
6.i16
5.985
5.846
5.810
5.773
5.736
5.699
3.661
5.623
5.584
5.545
506
5.467
5.442
5.443
J.444
5.443
5.435
5398
5.371
5.339
53m
5.165
5112
3.056
4871
4.304
4.734
4.663
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0.641
0.64%
0.656
{.661
0.668
0.684
0.705
0.724
0.761
©.786
0.759
0.770
.75
0.782
0.763
4,763
0.790
0.832
0.349
0.864
0.877
0.891

2,928

0.944
0.952
0.962
0.980
0.995
0.999
1.002
1.006
1.009
1,013
1.016
1.019
1.023
1.026
i.018
1.005
1.041
1.072
1,089
1.122
1.161
1.i79
1.i95
i.210
1.252
1.265
1.278
1.316
1.32%
1.342
1.355

0.526
0.527
0.53¢
0.532

0.540
0.547
0.557
0.365
0.579
0.589

B 613
0.620
0.626
0.632
0.636
0.661
0.672
0.681
0.689
G.697
¢.703
0.708
0.713
0.726
0.760
0.787
0792
0.798
0.803
0497
0.812
0.816
0.820
0.823
0.827
0.830
0.833
0.335
0.838
0.840
0.844
0.873
0.896
0.916
0.935
0.980
atggz

1.029
1.036
1.041

5.738
5511

5 ?53
5.748
5.730

5, 533
5478
5.412
5.358
5.220
5,131
5.14
5\‘046
5.016
5.084
52

16.011
13.754
11.607
10.849
10.304
9,363
8.519
8.016
1477
7035
7.145
6.970
6.868
6,758
6,836
6.864

1726
1.229
1.268
1.284
1319
1.342
1.346
1,329
1.254
1.258
1.432
1.468
1.477
1.530
i.611
1.631
1642
1.633
1.626
L.572
1.4c0
1.354
1,383

1.413

1.493
1.509
1.518
1.521
1.522
1.523
1.430
1.439
1.392
1347
1.306
1.264
1.253
1.276
1,298
1.316
2333
1.364
1412
1.418
1.421
1.422
1.422
1.421
1.419
1.413
1410
1382
1.326

1.218
1.229
118
1.242
1.250

R3
R3

1,266 °

1.288
1.300
1.346
1358
1.288
1272
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1.218
1.208
1.342
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1.264
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1.278
1,320
1.328
1.33%
1.325
1.289
1.264
1.261
1256
1.253
1.251
1.247
1.24%
1.243
1.241
1.241
1.226
1.211
1247
1.279
1.308
1.329
1.330
1.313
1.304
1.294
1.277
1.275
1.274
1.279
1.233
1,289
1.296
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Toy  Xas K Rdvad M RO) R Mk mxﬁﬁﬁﬁhﬁnm'

01625 0.145 54490 1289 4.520 1289 1.054 56899 5691 1222 1222
01675 0.147 S.570 1200 4453 1.200 1.059 £311 6311 1133 L1
0,17 D148 5738 1159 4477 1159 1061 6768 6768 1003 1.093
1725 049 6.057 1.121 4583 1121 1062 1470 7470 1.055 1.05%
0.173% C.1495 6307 1.102 4677 1.102 1.062 7.94% 72941 L038 1.038
0.175 015 63813 1.084 4.506 1.084 1062 3R06 %306 1.021 1.021
0.1755 0.1502 7.147 1.077 50685 1.077 1.062 9349 5349 1.014 1014
0.176 0.15%04 7.654 1070 5312 l.o7 1062 10.151 10151 1.008 1.008
0.1763 0.1505 8.118 1.067 5.544 1.067 1062 10.862 10.842 1.005 1.005

LeLBgEEes
888888888

Appmd:x C: Case Stadies — Data C.3



'Fable C.4B Non-ideal ternary distillation. X (0.2, 0.5, 0.3), %2 (0.2, 0.05, 0.75)

%o fw Blad A Ruld Ru M) NOW BB R R lntfs la()
Ed O

001 33.143 3.162 44404 3,205 2318 190322 I8.TI2 064 1426 87

0.02 28753 3.081 38.553 2.362 2342 17371 16266 101§ 1435 S15  Si4

003 25561 3.240 34590 3,512 2368 15327 14498 1355 1483 813

004 23,834 3242 232256 3.636 2395 14345 13.214 1.35% 1518 $12 811

0.05 22,092 3,314 30,081 3601 2425 12332 12584 1387 G489 8l

6.06 20.61% 34831 28,190 34 2457 12311 12263 1406 1414 T

007 19.29% 3258 26499 3678 2491 12400 11.263 1308 1477 0 S9

0.08 18,072 2455 25008 3716 2,527 11354 10.730 (367 1470 5%

0.09 17.021 3408 23.582 3798 2.567 11137 10287 1.328 1.463 3

0.10 153%9 3562 22.516 3.303 2.60° 10358 9895 1365 1.458 S8

0.11 15037 3.429 21291 3960 2.657 10436 9281 J1.291 1494 38 57

0.12 14127 3.772 20244 3.802 2708 9361 9.313 1393 1.404 S7Y

013 13255 3.635 19234 4.149 2763 9483 8540 1316 1.562 87

014 12484 2599 18.183 4,177 2.825 9.1290 8332 1309 1.46) 56

0.15 11666 3.962 17299 4071 2,892 R404 B248 1370 1408 S6

0.16 10896 3.851 16404 4421 2967 B4G6 7.633 1.298 1450 B8&

0.17 10202 3.871 15449 4505 3.054 8345 7357 1267 1475 55

0.18 5479 4286 14.620 4343 3,151 T.549 7429 1360 1.378 S8

0.19 5743 4242 13.226 4715 3.263 7491 6944 1300 1445 S5

0.20 8,072 4195 12952 5153 3.392 71545 6430 3237 1519 SS

021 7428 4471 12.084 5.034 3.545 T.147 6443 1251 1.420 84

022 6Te% 4934 11526 5166 3.728 6512 6318 1323 1,386 5S4

023 605 498 10522 5755 3549 6570 5.880 12456 1457 54

0.24 5383 35006 9520 4406 423! G619 5457 1183 1514 sS4 53

025 4733 5616 8772 6303 4800 6155 353538 1221 1270 33

026 4406 6427 7931 7.1%8 5109 35.607 5231 1258 1409 S3

0.27 3276 6886 6571 8.811 53874 5663 4,783 1169 1300 53

028 2541 7921 53844 10.115 7.196 5.693 5.044 1101 1.406 52

0.29 15309 10.339 4.697 4233 1196 1481 82

1.635

12.361 4.66%

Appendix C: Case Stodies — Daia
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Table C.4C Non-ideal ternary distillation. Xz (0.2, 0.5, 0.3), X5 (0.2, 6.75, 0.05)

Zpy  ¥py K Buleld M Rulh) Ry M) NQL) R Ry R/R,, Imix) IntQ
kA
0334 0466 25656 0486 37402 0486 27,722 27,723 0485 100 100 RO RO
0333 0467 22616 0503 32,572 0503 24106 24.107 0456 101 1481 RO RO
0332 042" 21263 0.519 30981 0.519 22407 22.408 0507 102 102 RO RD
0331 0469 20391 0,535 20.689 0.535 21,260 21.260 0518 1.03 103 Rd RO
033 047 19782 0552 28.779 0.552 20.416 20416 0529 104 1.04 RO RO
0325 0.475 18171 0.637 26317 0.637 17.874 17.874 0583 109 1098 RO RO
032 048 17531 0.725 25.271 0.725 16.482 16482 0.638 1.14 114 RO RY
031 049 17128 0912 24.449 0912 14.760 14.760 0.747 122 122 Ro RO
0.3 0.5 17.256 1.116 24.400 1.116 13.681 13.681 0.858 130 130 RO RO
029 051 7.630 1.336 24.695 1.336 12.885 12,385 0.969 138 138 RO RO
2% 0.52 13,217 1.576 K278 1.576 12293 12293 108 146 146 RO RO
Q27 053 18.871 1734 26.013 1.838 12.015 11.302 L1901 150 154 812
0.265 0.53% 19218 1.861 26.458 1.911 12.030 11.847 1.2¢6 143 1,53 S12
626 0.54 19560 1.939 26.892 1.952 12046 11998 138) id49 130 Si2
£.25 055 20,225 2.093 27.731 2.093 12.080 1Z.080 1.40% 1.4% 149 812 512
02¢ 0.56 20.862 2245 28.533 2245 12116 12,116 1514 173 148 S12 Si2
023 057 21.467 2394 29.294 2304 12,155 12.155 1.617 {.35 148 S12 8512
022 0.58 22,027 2.430 30.007 2.540 12.613 12,196 1715 142 1.48 512
621 059 22523 2441 30.66F 2.479 13.13% 12.242 1.808 135 1.48 s812
020 0.600 22951 2.516 31.257 2,810 13.361 12202 1.8%4 133 1.48 813 E12
0.195 0.605 23.141 2570 31.526 2.872 13360 12319 1934 133 1.4% S13 S12
0.1¢ 0.510 23.314 2.621 3L.774 2531 13.421 12348 1972 133 149 S13 S12
0.185 0.615 i3.467 2.670 31.999 2.986 13.453 12378 2.037 133 149 8i3 512
0.1% G.620 23,508 2.714 32.200 3.038 13.457 12.411 2.038 133 1.49 813 512
-5 0.625 23,707 2,794 32373 3,085 13524 12,445 2067 133 149 S13 512
0.17 0.630 23790 2790 32,517 3.127 13,563 12.482 2.092 133 149 Si3 SI2
0.165 0.635 23.845 2.820 32.627 3.163 13.605 12,522 2.112 134 150 813 812
.16 0.640 23.868 2.845 32,701 3192 13 J50 12.565 2.128 134 150 813 512
§.155 0.645 23.856 2,863 32.733 3.214 13.700 12.611 214 134 150 813 512
0.15 ©0.650 23,806 2.873 32.721 3.228 13.753 12.662 2.144 134 1,51 813 Si2
0.145 0.655 23.711 2.374 32.656 3.23Z 13.812 12.718 2.174 132 149 813 812
0.14 0.660 23,567 2.865 32.534 3.223 13.877 12.785 1218 129 145 SI3
0.135 0.665 23.366 2.845 132,345 3,184 13.949 13906 226 126 141 Si3
0.13 O0.67¢ 23.175 2,908 32.080 3.135 13,707 13.204 2298 127 {35 R!
0.125 0.675 23.149 3.132 31.780 3.156 13.006 12.930 2335 134 135 812 Ri
012  0.680 23310 3.179 31865 3.426 13.056 12352 2367 134 145 SI2 Rl
0.115 0.685 23.44% 3,221 32.027 3.529 13.109 12.018 2396 134 1.51 S12 S11
011 0680 235558 2258 32,185 3.641 13.165 12,145 2.42 135 150 812
0.105 0.695 23,635 3,287 32302 3.635 13.22§ 12300 1438 135 149 8512
210 0700 23.674 3307 32372 3.623 13.291 12449 245 135 148 312
0.095 0705 23.668 3.317 32387 3.605 13.363 12595 2454 135 147 Si2
0.09 ©0.710 23.608 3.315 32338 1579 13.444 12,735 2448 135 146 512
0.085 Q715 23.484 3,298 352212 3.543 13.534 12870 2432 136 146 Si2
0.08 0720 23,281 3.263 31.992 3.495 13,638 13.000 2401 136 146 S12
0075 0725 22982 3.204 31.65% 3431 13.75% 13136 2415 133 142 812
0.070 0.730 22,561 3117 31.182 3.346 13904 13.249 2437 128 137 3512
0.065 0.735 22170 3.202 30519 3.237 {13.457 13373 2452 131 132 Rz
0.060 0.740 22.151 3.345 30.174 3.585 13070 12431 2457 136 1.46 S11 R2
0,053 0745 22.165 3341 30.176 3.665 13.194 12352 245 136 1.50 SIi
0.05¢ 0750 22092 3314 30.081 3.601 13.338 12.554 2425 137 149 Sit
0.045 0,755 21.898 3.255 20.338 3.536 13.513 12.751 2376 137 149 511
0.040 0.760 21.533 3.i50 29.381 3.431 13,735 12.944 238 132 144 5§81l

Appendizx C: Case Studies — Data



LI TR - Ryltu) hn  RulAn) R NixJ NOAW Ry/Ru RofRue htls) Ini(A)
0.035 0765 20955 3.054 28.603 3279 13,790 13.136 1379 128 138 R3
0.030 0770 20383 3.256 28.0i2 3.594 13.13¢ 12242 2356 138 153 810
0.0 0775 20802 3,181 27.240 3483 13428 12598 23063 138 151 510
0020 0.780 20402 3,008 27.24% 3311 13852 12968 2298 131 144 S10
0015 w785 201242 3.i% 26452 3426 13.190 12559 2349 142 152 S
0.0i6 'E7T90 100727 2566 25933 3176 13.94F 13304 2223 133 j43 8
0.005 0.795 20222 2.964 25239 3.037 14204 13.936 2166 137 140 R 58 =
r\l ]
Iy “
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