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CHAPTER 1
Sorm

1.1 INTRODUCTTON

As Levenspiel (1962) has said, "The design of chemical
reactors is probabiy the one area of interest in engineering that
is unique to chemical enginec.ing, and it is probably this function
rore than anything else which justifies the existence of chemical
engineering as a distinct branch of engineering.®

In the chemical engineering design of reactors, knowledge
is required in the fields of chemical kinetics, economics, mathema-
tics, thermodynamics and heat, mass and momentum transfer.

There are four main stages in the design of chemica}
reactors:-

1.1.1  Cholce of Reaction and Determination of Reaction Kinetics

The decision to build a chemical plant, choice of reaction, raw
materials and products may well be outside the scope of the reactor
design enginesr. Generally, the reactor designer will also not be
required to obtain kinetic data for the reactor. These, together with
the required production rates will be made available to him at the out-
set of the design. (Denbigh, 1965). His task, therefore, will be to
use the information susplied to design a reactor which will require
minimum acceptable capital expenditure and operate as economically as
possille.

1.1.2  Evaluation of Possible Reactor Types

It is necessary to obtain a mathematical model for each poss-
ible type of reactor. The most accurate model will, of course, be

that obtained by solving differential heat, mass and momentum balances

in the reactor. The number of variables in industrial reactors is apt
to be large, however, and the resulting differential equations may be




complex. The engineer will thus be forced to make sirplifying
assomptions in order to solve them. Boundary condi’.ions for the
equitions will also have to be decided. Unfortunaely, each diff-
erent assumption made, and each set of boundary conditions chosen
is Viahle to lead to a different matiematical mode) for the reactor,
and the designer will have to decide which of these best describes
the behaviour of the real reactor,

In many cases pilot plant studies can be used to evaluate
the models and choose the most accurate. Without such studies, how-
ever, chuize of a mathematical model is extremely difficult.

1.1.3  Economic Model of Reactor (Profit Function)

Economic information relating reactor variables to plant
profit can be incorporated in the mathematical model obtained in
1.1.2 to give an economic model for the reactor., The economic model
will thus relate the reactor variables to plant profitability, and
Wil crovide a profit function which can be optimised by suitable
cheize of reactor variables. This economic model must include
inters tion between the reactor ard other items of equi.ment on the
plant, 1
1,1.4  Design of Optimm Reactor

Combining the mathematical and economic models above, the
optimum operating conditions and reactor design can be obtained for
each reactor type in 1.1,2. The optimum reactor can now be chosen,

This completes the design engineer's task.

1.2 SCOPE OF THIS INVESTIGATION
An actempt has been rade in this thesis to approach the

design of a reactor in as realistic a manner as possible, and to
study and elucidate some of the problems encountered. The design

of a laboratory scale reactor was accordingly carried cut as outlined




in 1.1, although a complete economic model as in 1.1.3 could not
be obtained and a simplified profit function was assumed. The
reactor was then constructed and the various mathematical models

tested.




CHAPTER 2

2.1 CHOICE OF REACTION SYSTEM

As stated in the introduction, tne reaction system and
reaction kinetics will usually be supplied to the design engineer.
For this work, however, a reaction system had to be chosen which
would best fllustrate certain of the problems encounterad in reac-
tor design,

A reaction system was required on which some form of opt-
imisation could be carried out for one of the reacting species, A
simple example would be consecutive irreversible first order reac-
tions of the type A+B+C, with the possibility of optimising B come-
ertration,

In order tu show up inaccuracies in toe various mathematica)
models, however, non-linear kinetics would be better than linear,
(Levenspiel and Bischoff, 1959), so a set of consecutive reactions
with non-linear kinetics was sought,

In order to minimise experimental diffic:ities {nvolved in
obtaining diffusivities, .nalysing reaction mixturns, caliurating
flowmeters and carrying out remperature control policies, !t was
decided that a homogensous reactien in 1iquid medium wis preferable,

1t was felt that stagewise saponification reactfon: of the
esters of dibasic acids or dihydric alcohols might be suilable, and
accordingly a literature survey was carried out to discover resction
velocity constants for these v = tion systems.

Meyer, {1909), studied the kinetics and obtained the rate
constants For both the acidic and basic saponificatine of a wide
variety of dibasic and di- and trihydric esters., Of toese reactions,
the basic saponification rate constants appeared to be of acceptable




order. Two practical difficulties arose at this point, however, the
first heing the problem of obtainirj raw materials for the reaction
in large quantities, and the sscond, the experimental difficulty in-
volved in analysing the reaction mivtures.

Eventually, the stagewise saponification of ethylene glycol
diacetate was chosen, since ethylene glycel diacetate, 98,9% purity,
ccild be obtained from the Dow Chemical Company, and the reaction

‘ixture could be analysed by stardard wet chemistry techniques,

2.2 REACTION MECHANISM
It was Meyer, (1907, 1909), who first realicca that the

alkaline saponification reactions of the esters of dibasic acids and
dihydric aicohols were second order and consecutive. Different
mechanisms had been proposed for the reactions by Geitel, (1897, 1898),
Knoblauch {1898), Ostwald (1902), and Xremann, (1905).

None of the mechanisms assumed by these workers yielded
reproducible values of reaction velociiy constants for different in-
let concentrations, however, and all were abandoned, .cemann, (1905),
studied both sthylene glycol diacetate and monsacetate alkaline sap-
onifications, and assumed that each reaction wes bimolecular but did
not assume that the reactions were consecutive. He was thus able to
get repreducible values of the rate constants for the mnoamtite sap-
onification, but not for the diacetate.

Finally, Meyer, (1907, 1509}, studied the individual steps
in the saponi/ication reactions, first in acid and then in alkaline
media, HWe worked with a wide variety of esters, using those of di-
basic actds and di- and trihydric alcohols. He propused *“at the
saponifications were consecutive and that each step was bimolecular.
Since he was able to obtain reproducible values of the rate const-
ants, this mechanism has been accepted. For the alkaline saponifi-




cation of ethylene glycol diacetate, the reaction scheme is as

follows:~
CH,CO0CH, kl CH,OH
+ NaOH  —2s | +  CH;COONa
. COOCH 5 CH,COOCH !
ethylene sodium ethylene sodium
glycol hydroxide glycol ace ate
diacetate monoacetate
CH,O0H 3 CH,0H
+ NaH  —E +  CH,CO0Na
L CO0CH 4 2O
ethylene sodium ethylene sodium
glycol hydroxide glycol acetate
monoacet te

k; and kg are the rate constants of reactions I and II respectively.

2.3 REACTION KINETICS
2.3 Previous work

Meyer, (1909), did two sets of runs in a batch reactor to
obtain the reaction rate constants ky and ko for reactions I and II.

In the first set, pure moncacetate was reacted with caustic

soda. This meant that only reaction Il was oroceeding in the solu- )

tion and the reaction velocity constant, L could be obtained from
a knowledge of the inlet concentrations and by meas ring the rate of
change of caustic soda concentration with time,

In the second set of runs, pure diacetate was used, which
meant that reactions I and II took place simultznesusly in the sol-
utfon, In order to solve the resuiting rate equations for the reac-
tion rate constont, L Meyer was forced tc assume a relationship
between ky and L, Since he ha! found the ratio in acid medium to
e "z :kgzzm, Meyer astumed that the ratio for alkaline saponifi-

cation would be the same. Having made this assumption, he was able

34




to solve for "1' in the same fashion as for 3(3, i.e. by a knowledge
of initial diacetate and caustic concentrations, and the rate of
change of caus®ic concentration with time, (see Appen. vit).

Meyer's results are tabulated below:-

TABLE 2.1
Inftiei  Inftial  Inftial % kg
Conee (] - conee () coner () ST maleatn air®:
) 0,01268 0,01 18 - 8,734 17,468
) 0,04306 0,05 18 - 7,448 14,882
) 0,01268 0,01 25 - 15,905 31,810
0 06,01932 0,02 25 - 6,719 33,438
1 0,02000 0 0,02 18 15,334 . -
: 0,01000 0 0,00 18 15,040 . -
0,01174 0 0,00 25 32,85 . -
0,05286 N 0,05 25 32,862 . -

Note: Meyer's concentrations are given in cm3 of 0,01 4 HCY used 20
titrate 25 m3 of alkaline sample, Hence all concentrations in hiz
tables must be multiplied by 0,01/25 to transform them to gn.moles/

Titre (M),

The reproducible values obtained for kg show that the resc-

tion 11 rate data are fitted by a bimolecular model. By writing the

Arrhenius relationship in the fom

'log",'a#bﬂ'

and solving for a and b from his r2:ults, Meyer was atle to =xtrap-

olate his ks values to 0°C and 19,8°C and compare ther with Kremann's

{1905) values of ";; at these temperatures, The values are given
below in Yitre/gm.nole min,




TABLE 2.2

Temp. °C Kremann ., Meyer k.,
A il Meyer k,
9 2,8 1,33
19,9 12,5 9,69

Hayer felt that the agreement between these results was satis-
factory.

Since the f<1 values do not differ greatly from each other,
and since they are all roughly twice the k2 values at the same
tenperature, Meyer concluded that reaction 1 is also bimolecular
and that &, = 3k,

There are several possible sources of inaccuracies in
Meyer's work. Firstly it fs diffic.it to determine the accuracy
of the approximation that ky = gk, from Meyer's results. Secondly,
Meyer does not report the purity of his raw materials, and if they
were not 100% pure, this would, of course, produce errors in his
calculated & values. Thirdly, Meyer pipetted samples out of his
batch reactor and ran them into acid solution to quench the reaction.
No mention 15 made of the time taken to guench ihe samples, and if
this was great, the reactor concentrations would be in error,
Lastly, the acid saponification reactions will take place slewly in
the quenched solution, and these produce acetic acid (see B.4), hence
backtitration must be done soon after quenching or else errors in
concentration will be introduced. Meyer makes no mention of taking
this precaution,

“ince caustic soda concentration in the reaction mixture is

eastast to follow, it was decided that this would be measured during

the kinevic experiments, and a regression technique (see 2.3.4) used
to obtain the best k, and Ky (Note: Meyer (1909) in Tables 1-2 (nages




268-271) gives his concentration of NaOH vs time data, so the re-
gression technique was also applied to these.)
2.3.2  Batch eactor

Initially it was decided that a batch reactor would be used
to check Meyer's results for diacetate and monoacetate. The react-
ants would be mixed in the reactor at time t-g, and samples of
reaction mixture would be withdrawn from time to time and quenched
in hydrochloric acid solutfon. This solution could subsequently be
backtitrated with sodium hydroxide, and the origina’ caustic soda
concentration in the reactor thus obtained.

In order to study the possible catalytic effecis of
materials present in the tubular reactor which was to be used for
the main runs, these substances were included in the batch reactor
used for the diacetate runs. Thus the diacetate batch reactor wall
and flcor were constructad of PVC and perspex respectively, since
the main reactor was made of perspex, and the reactor system piping
was PVC. A stainless steel stirrer was used in the batch reactor,
since retaining screens in the main reactor as well as the outlet
quench stirrer were made of this materfal, The stirrer speed for
all batch runs was 200 r.p.m. The diacetate reactor was also filled
with the same glass beads as those used in the main reactor, these
being poured into the reactor with the reactants at the start of the
reactior. Diacetate used for these runs was supplied by the Dow
Chemicai Company and was 98,9% pure, the main impurity being mono-
acetate. Samples were withdrawn from the diacetate reactor through
a wide bore glass tap let into the bottom. The values of rate con-
stants cbtained with this reactor show, by their close agreement
with Meyer's values, that the above materials had no cataiytic
effects.

For the monoacetate runs, the reactor used wa¢ a simple
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glass besker, and samples were withdrawn with 2 polythene scoop
which held 20 m3 of reaction mixture. Unfortunately, only S0%
puré¢ technical grade monoacetate could be obtained from British
Orug Houses for these runs.

A11 samples were stored under high purity nitrogen, in glass
beakers fitted with rubber stoppers wrapped in aluminium foll. The
titration procedures used were the same as those for the main runs
(see Appendix vi - section 1,)

In the reactor optimisation section, 4.3, it was decided
that the main runs would be carried out isothermally. It was thus
necessary to choose the inlet concentrations for the reactor low
enough to 1imit the temperature rise during reaction to 1°C. On the
other hand, the inlet concentration could not be made too low, or
the concentration measurements would have become inaccurate,
po In order to ensure that the reaction could go to completion.
the diacetate and caustic soda inlet concentrations were maintained
roughly in the stoichiometric ratio of 1:2. The same retio wus used
for the monoacetate runs.

From the runs in the batch reactor, the upper limit of di-
acetate inlet .oncentration was found to be 0.1 gm mole/1itve, and
this could not even be used for the runs at 25°C, because it led to
a temperature rise of 2,3°C during reaction.

It was also found that mea.urement of Jiacetate concentra-
tions of lower than 0,005 gm.mole/litre led to errors of greater
than the 1% specified for this work (see 8.1). The lower limit of
diacetate concentration was thus set at 0,005 gn.mole/litre.

The coricentrations and temceratures used in the batch runs

are given in Table 2.3.
A1l batch runs were carried out in a constant temperature

—
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room in which the temperature could be thermostatically centrolled
to within 1°L,

There were several sources of error in the batch experiments.
With the highest inlet concentration used, the diacetate reached 50%
conversion in € seconds, where percentage conversion is efined by:-

(concentration at time 0 - concentration at tim: t)} 100

——

(concencv-tior at time 0)
The sample time for the diacetate reactor was of the orier of 2
seconds, which maue the exact quench time very difficu!t to ascertain
for the initial par* of the concentration-time curve. Toe pulythene
scoop used for the menoacetate runs reduced the quenct time to under
0,5 seconds, but led to splashing of the quench solutisn. For hoth
diacetate and monoacetate runs the concentration of caustic soda to-
wards the end of the run was much lower thaa at the beginning, and
the measurement is consequently Yess accurate.

In order to reduce acid saponification to a minimum, the
quenched sclutions were analysed as soon as poscible, but since
samples were taken for batch residence times of up to 16 minutes,
the initfal saaples had consequently to stand for this length of
time bofore they could be analysed.

2.3.3  Plug Reaclor

The difficulties encountered in the batch reactor can all
be ovsrcome in a plug reactor system in which the outlet stream fs
neutralised as seon as it leaves the reactor. The main experimental
runt were done in this type of reactor, and the quench and sampling
systums are discussed in 5.2.5. With this reactor, vutlet caustic

concentratinns for residence times of from 27 te 116 s2conds could

be measured very accurately.
The anly difficulty in using this type of flow veactor for

kinwtic measuvements 15 in proving that one does {ndeed have 2 plug




flow reactor, and not one which cbeys some other model., As will be
seen from Chapter 9, the three different models assumed for the
reactor all give identical recults for different inlet concentrations.
Hencr, since the plug flow model i3 the gasiest to solve, this can be
used to obtain rate constants from measurements taken on the flow
reactor,

Two sets of runs were thus done on the plug reactor, meutral-
ising the reactor outlet streem accurately and measdring the outlet
caustic concentration. The inlet concentrations and temperatures used
for all the batch and flow reactor kinetic exveriments, as well as
those for Meyer's experiments are given below in Table 2.3. The
complete set of kinetic data s given in Appendix «.

2.3.4  Method used for obtaining Rate Constants from Experimental

Data
From Table 2.3, it will be seen that the kinetic data cover
a range of temperatures. It was thus decided that all the data woule
be combined and that the reaction rate constants would be obtained
as functions of temperature.
From the Arrhenius relationship, we have for each rate
constant

k = k_pxp(-E/RT)

k = rate constant {1itre/gm.mole min)

k, = frequency factor (Vitre/gm,mnle min)

§ = activation energy (kcal/ga.mole)

g = gas constant (kcal/gm.mole °K)

7 = temperature of reaction mixture (°K)

It ts difficult to cbtain the parameters ¥ and k directly
because the rate of reaction is far more sensitive to small changes

in 2 than to smal) changes in k_. This in turn makes any method of

21
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TABLE 2.3
KaOH inlet Diacetate inlet Monoacetate Data obtained

Temp, °C _conc. (M)* conc. (M) inlet conc. (M)* From

18 0,01 Y 0,01268 Meyer
18 0,05 0 0,04906 .
18 0,02 9,02000 0 »
18 0,0 0,01000 1] "
25 0,01 0 0,01268 .
25 0,82 0 0,01932 -
25 0,01 0,01174 0 "
% 4,05 Q,35286 1] *
25,0 89,1012 0,04910 o Diacetate batch
75,0 4,09884 0,0°"29 0 "
25,0 0,01073 0,004739 1] .
25,0 a,01064 0,004781 0 "
21,5 0,2361 0,0955 0 "
21,5 0,242% 0,09245 0 "
21,8 a,1084 0,04756 a -
21,5 40,1087 0,04638 0 .
71,5 0,01036 0,005076 0 »
21,5 0,01030 0,305104 0 »
17,0 0,2273 0,09900 0 .
17,0 0,2295 0,09802 f *
7,8 0,1037 0,04776 0 *
17,0 49,1014 0,0489 o "
17,0 o,0n07 0,004548 0 "
17,0 g.0t1e 4,004498 0 *
74,0 0,04733 0,01360 0,07972 Monoacetate batch
24,0 9,04982 0,01278 0,02872 "
24,0 0,05473 0,01161 0,02502 "
24,0 0,05425 0,01173 0,02529 *
25,0 0,i188 0,05367 0,062789 Flug Reactor
.7 0,1195 0,08772 0,002050 .
*{M) = gm.moles/litre,
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searching for £ and k, very sensitive to small changes in 2, and
inzensitive to changes in k_. If the following transformation is
made, however,

X =1nk,
equatien 2.1 becomes:-

k = exp(X_ - E/RT)

k, and Z/RT are now »f the same order, and have roughly the same
effect on the rate constant., They can thus be obtained without
difficulty.

The regression technique of King {1967) was used to obtain
the values of the above parameters which gave the least sum of squa-
red errors fit between the experimental caustic concentrations and
those predicted by the batck and plug flow reactor models,

As can be seen from Table 2.3, there was a spreai in the
experimental inlet concentrations. It was thus necessary to use a
normalised sum of syuared errors to prevent the high concentration
runs from being weighted disproportionately. The sum of squared
errors used was thus:-

(Predicted NaOM conc. - Cxperizental NaOH c(mc.)2

Sum = - 5
expts . (Fxperimenta’? Ma(i conc.)

The results of this regression are given below:-

TABLE 2.4
Reaction K, k, {(Vitre/gm.mole min) & kcal/gm.mole
1 26,9779 0,520398 x TBQ 13,8822
1 26,6015 0,357173 x 1012 14,1843

Using the above values, reaction rate constants may be obtained which

can be compared to those of Meyer and Kremann:- .
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Temp, k; from

_°C.  _above
0 3,891
18 18,98
19,8 22,00
25 33,38

TABLE 2.5

ky from
above

1,473

7,452

8,668
13,28

ky
Meyer

15,236

32,660

15

X, ¥
Meyer  \seann
1,33 2,5
8,089 -
9,69 12,5
16,312 -

The values of the rate constants obtained ir this work show good

agreement with those obtained by Meyer, indicating that the latter

are more accurate than Kremann's values, and also that the analyt-

ical techniques used in this work are sufficiently accurate. The

values of k_ and £ in Table 2.4 were thus used in all further

sections of this work to obtain values of rate constants at any

temperature.
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CHAPTER 3

3. POSSIBLE REACTOR TYPES

The three main reactor types in which homogeneous liquid
reactions can be carried out are as follows:-

(i) the batch stirred tank reactor

(11) the continuous stirred tank reactor (CSTR)
(i11) the tubular flow reactor (TFR)

It will be shown later (3.4.1) that the models for the TFR
and batch reactor predict identical resuits, so there would be no
special benefits obtained from batch operation. It was thus decided
that the optimum ».sctor would be either a TFR or a CSTR. A batch
reactor was used for the majority of the kinetic experiments, how-
ever, because these were done in a constant temperature room in
which the construction of a continuous flow reactor system would
have been impossible due to lack of space for storage vessels and
tack of height for obtaining the necessary delivery head.

The mixing in the flow reactors could be on macro or micre
scale (Kramers & Westerterp (1963) page 65). In 4.2 it is shown
that for reactions I and IT below, the ideal TFR is the outimum
reactor for macro mixing of reactants, The macro r ixed CSTR was
thus not considered, and only the ‘deal CSTR equations were derived.

Since an experimental tubular reactor was built, however,
in which both the fluw and mixing could be non-ideai, the non-ideal
and macro mixed TFR equations werz derived as well as those for the
ideal TFR,

Mathematical models were thus obtained for the batch reactor,
fdval CSTR and ideal, non-idea) and macro mixed TFR,

The nomenclature used for the concentrations of the various

species in the reactors fs as follows:-




7

TABLE 3.)
Inftial concen- Concentration in  Final conce: .
tration at time reactor at time tion at t"ir:”;:ef
t=0 or jength z=0 tet seconds or seconds or langth
Substance gn.mole/litre Yength mezcm. &=, Cm,
gm.moles/litre gn.meles/litre
E%hylgm X
glyco X
diacetate to 1 e
Sodium X
hydroxide 20 L T
E{.hylfm
glyco } 4 X } 4
nonoacetate % s f
Sodium .
acetate 40 ry x‘,
Ethylene
glycol Y50 X5 xaf

The reactions are given by equations I and 11 (2.2).

X .
Diacetate + Caustic 1., Monoacetate + Sodium acetate

X, X, Ia X‘

k
Moncacetate + Caustic«-——wg?«e- Glycol + Sodium acetate

X Ty X5 *y

"1 and k‘? = reaction velocity constants in litre/gm.mole sec.

As discussed in section 8.1, the concentration of the sodium
acetate was not measured for any of the reactor systems, heace only
the rates of change of the other species with reactor residence time

or reactor length were considered.
As discussed in section 4.3, a1l reactors were operated iso-

it




themally, and thus the inlet concentrations for all rea~tors were

chosen low enough to give less than 1°C temperature rise during

mixing - 4 reaction, Hence, for all reactor models discussed,

vensity changes of the reaction mixture due to heating effects were

assumed negligidble. Due to ths Tow concentrations in the reactor
(5.1.2) density changes due to non-ideal behaviour during reaction
were also assumed negligible,

3.2 MATHEMATICAL MODEL FOR THE BATCH STIRRED TANK REACTOR

If xj is the concentration of the jth component in the
reaction mixture, in gram mole per 1itre, then, by mole balance,
the rate of change of xj with residence time, + seconds, in a batch

reactor for the above reaction system {s given by:-
ax 2
H’:j‘ -téluif'?i(lj,ﬂ Jul,4

ay T stoichiometric coefficient of the jth component
in ith reaction {-ve for reactants, +ve for
products)
B, = reaction rate for ith reaction (gn.mole/1itre sec)
7 = temperature of reaction mixture (°K)
If x, is written in terms of the initial concentration X;Io and the

3
extent of the {th reaction Vi then,

2
X, =X, 'i.z.f”" el 4
Since agge i=1,8, j=1,4 are not identical, differentiating 3.2 and

substituting into 3,1 leads to:-

dr, .
o s{(xjo,r‘.,r) i=1,2  j=1,

Using this equation together wi’ the nomenclature in Table 3.1, the

batch reactor equations for extents of reaccion 1, 1y and reaction




1, ¥y, above, becomeiw

ar,
T -y

dr }
2 ekgx, - )
Fo gy - Yy - XX+ Y - 1))

With boundery conditions

an analytical solution could not be found for equations 3.4, so the
modified Euler numerical fntegration procedure suggested by Lapidus
(1962, page 88) wa: used for their solution.

Once the extents were known as functions of batch reactor
residsnce time, the concentrations of the individual components

could be obtained from equation 3.2,

33 MATHEMATICAL MODSL FOR THE IDEAL CONTINUOUS STIRRED TANK
REACTOR (CSTR
Using the same nomenclature .5 in section 3.2 above, from the

steady state mole balance for the CSTR:-
2 3
Xy X+ t,;z:,“if?iuj’” J=1,4

where ¥ 4 is now the concentraticn of the jth component of the reac-
tion mixture after a mean residence time of £ seconds in the CSTR.
Substituting for the reaction extents from equation 3.2 as
befare leads to:~
1, =t Ri(xjo’yi’ﬂ i=1,2 J=i,d
Us“ng this equation and the nomenclature in Table 3.1, the CSIR
sguations for extents of reactions | and 11 become:-
ry o= th (X, - Y ilXg, =X, - ty §

;‘: = ﬁk"llw - !1 - ’2)”80 * ¥ - 1'3) }

3.4

s

3.7

3.8




3.4 MATHEMATICAL MODELS FOR THE TUBULAR FLUW REACTORS (1FR)
The fdeal TFR s the "Plug Flow” or “"“ision Flow" reactor

in which elements uf fluid which anter the reactor zt the same moment
move through it with constant and equal velocity on parallel paths,
and leave at the same moment. The residence time of all elements
will thus be equal.

Any deviation from jdeality will cause a slowing down of
some elements of fluid with respect to the others, and lead to the
spread of residence times in the reactor first discussed by
Danckwerts (1953). The models for the ideal and non-ideal TFR are
discussed below.
3.4.1  Ideal Tubular Flow Reactor (Plug or Pistor Flow Reactor)

1f, as in the previous sections, the concentration of the
Jth component at any length z cm. from the reactor inlet is denoted
by xj gm.mole/litre, then for the plug flow reactor:-

Q'

a, g
o = 2““ AX.,T) J=1,4
ot R

@'= volumetric flow rate in reactor (cm:’/sec)
a, = void area in reactor (cmz)

ug stoichiometric coefficient as before
R, = reaction rate as before.

Hence by substitution of equation 3.2 for the extents of reaction:-
Q' dr,

e - {m], & =1,4
avﬁw Ri('\:jo’xi’w ' =t

Using equation 3.10 plus nomenclature in Table 3.1, the equations

for extents become:-

3.1



Qr d’l

EF‘ kl(xm - !‘){X&’ - ’1 - !8)

q’ dr‘

E;F- ks(l',o - ’1 - I:?){XJO + 11 - Yg)

. gt St p?
-
-t
-

Boundary conditions

1 Yy 0 at z = ¢ 3.2
The residence time in . « plug reactor up to any reactor length &

is given by:-

=ty .13

and substitution of 3.13 into 3.11 will lead to the batch reactor
equations 3.4,

Hence the batch and pluy flow reactor equations for rate of
change of concentration with time are identical. Equations 3.4 and
3.11 were both used for predicting concentration changes in the plug
reactor.

3.4.2 Non-Ideal Tubular Flow Reactor

As discussed by Kramers and Westerterp (1963, page 75), non-
ideal tubular flow reactors may be considered to be either mixed or
segregated systems. Models used to describe the performance of mixed

system non-ideal flow reactors are known as "Axial Dispersion” or

“Longitudinal Dispersion® models. Segregated reactors are discussed

in section 3,4,2.¢,

The equation for axjal dispersion in a steady state flow

reactor is {Danchwerts, 1953):-

o dr, dx, L 2
.S‘L_..g._.wi,.. zc,ugi(xg)ao i=1,4 3.4
or dz2® oz v sl

o, = axial dispersion coefficient (mzluc)
X, = concentration of the Jth species at any given Z
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{gm.mole/Titre)
2 = dimensionless length along reactor = z/L
L = total reactor length (cm.)
U = mean fluld velocity 1n reactor {cm/sec) = Q'/a,
agy = stoichiometric coefficient of jth component in
ith reaction
R, = reaction rate of ith reaction {gm.moles/litre sec)
It must be noted that in equation 3.14 D, has been assumed to be the
same for each component, This is because » a2 depends on hydrodynamic
properties in the bed (see 3.4.2a).
The equation for axial dispersfon of a tracer in the unsteady
state reactor when there is no reaction, is:- (Danckwerts, 1953;
Taylor, 1983, 1954; Kramers & Alberda, 1953),

o, dx & La .

wa @ ve e
where X is now the concentration of the tracer at any point 2 in the
reactor at any time ¢,

Equations 3.14 and 3,15 were cbtained by analogy to those
for molecular diffusion, with the axial dispersion coefficient Da
taking the place of the molecular diffusion coefficient Dy It can
be seen that Da gives a measure of the degree of axial dispersion
present in the reactor. As D tends to zero the reactor tends to
the plug flow mode)l and as o, tends to infinity it tends to the CSTR
mode] (Nehner & Wilhelm, 1956). [If it is assumed that the disper-
sion s due to hydrodynamic effects only, then D, will be the same

for both equations, as will U, These equations fcr the non-ideal

tubular reactor have been the subject of many papers:-

(a) Axial Dispersion Coefficient

Taylor {1953, 1954) worked on axial dispersion in stream-




EE———

lined flow in tubes. In streamlined flow the parabolic velocity
profile in the tube causes a spread of residence times, and hence
axial dispersion of the fluid elements. Taylor reascned that
molecular diffusivity in the fluid would tend to even out the con-
centration gradients caused by axial dispersion. The axjal dis-
persion coefficient, which he called the apparent diffusivity,
shou’d thus be inversely proportional to the molecular diffusivity.

He was able to prove the following relationship experimentally:-

- d

D = ._.'_.."j

a " D, 3.1
where

Da = axial dispersion coefficient (cmz/sec)

r, = tube radius (om)
U = mean fluid velocity (cm/sec)

D, = molecular diffusion coefficient (mz/sec)

Some of the restrictions imnosed on the above parsmeters by
Taylor were removed by Aris (1956), who described the distribution
of solute in terms of its moments in the direction of flow.

After these papers had been published, many workers attemp-
ted to obtain correlations between axial dispersion coefficients and
hydrodynamic properties for all possible fiow conditions.

Levenspiel (1958) prepared correlation charts for both
Taminar and turbulent flow of Viquids and gases iu open tubes. For
laminar flow, m is corre)ated against -inhere d, is the tube

diameter. For turbulent flow 1}3 is corre!ated directly against
Raynolds mumber ﬂp
Axial dispersion coefficients for liquids and gases ia
packed beds were obtafned by Danckwerts (1953), Kramers ard Alberda
(1953), McHenry and Withelm (1957) and Deisler snd Wilhelm (1958).

Using this data, correla®ion charts have been prepared by Levenspiel




and Bischoff {1959}, which reute w— to the Reynolds number in the
bed J-’.— Here d is the bed pack!ng particle diameter. It will
ge noted that the paramter occurring in equations 3.14 and 3.15 is
'l}%’ where L s the reactor length. Levenspiel and Bischoff show that
this may be obtained from:-

‘“'iﬁ‘L kR

or,

D d
*;ﬁ;z‘l 3.18

Q‘ at}

Wilhelm (1962) gives charts which correlate the Reynolds number based
on packing particle diameter against axial Peclet number, given by:-

“y
Pa, = 7 3.19

The correlations for turbulent flow in open tubes and flow in packed
beds are not precise, showing that o, does not correlate well with
hydrodynamic properties in these situations.
(b) Boundary Conditions

Tha boundary conditions for equations 3.14 and 3.15 have
also been the subject of mich discussion fn the literature. Hulbert
(1944) and Danckwerts (1953) each proposed boundary conditions for
‘he equations. The Danckwerts houndary conditions were used by
Kramers and Alberda (1953) and .un and Bailie (1960). and Pearson
11559) gave a mathematical Justification of them. MWehner and Wil-

helm (1956) proposed a wew set of boundary conditions for the equa-
tions, and these were used by Van der Laan (1958) and Levenspiel
and Bischoff (1959). In this last paper equation 3.14 was solved
for a range of values of ;L“— to study the effect of this parameter on
the volume of the non-ideal reactor required to perform the same
duty as the ideal reactor for first and second order irreversible
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reactions.
Firally, Fan and Ahn (1962) presented a critical evaluation
of the three sets of boundary conditions outlined above.
The various boundary conditions will now be considered:-
I. Dar.ckwerts:
ch(‘;’i} }
(’j) = ”J)M - W - }
}
- ) W
P ¥
=1 }

. Hulbert:

(Xs.)w - {Xj)bf} = (Xj)w

.., -

The above boundary conditions have been written for reaction

.

LR

and dispersion, but they will apply to pure dispersion, for which xj
will be replaced by x. Haturally tive must be ir-luded in the boun~
dary conditions and extra boundary conditions will be required to

solve equation 3.15.

I, Semi-Infinite:

In oruer to outain these boundary conditions 1. is assumed
that the reactor under consideration constitutes a short length of
an infinite reactor, so that 7 in equations 3.14 and 3.15 can be
allowed to tend to infinity. The boundary conditions will be diff-
erent for the two differential equations.

Boundary cond{tions for equatisn J3.14:-




2
{Xf)w = (XJ.)M = (11)3’0' }
Mg =0 if ga‘.". is negative ; 1.22
“a')l- - ”j}m if g“ij is positive 3
Boundary conditions for equation 3.15:-
Yoot = X = Xpom ;
X, = finite ) 3

Fan and Ahn used boundary conditions I, I and III to solve
equation 3.14 for varying values of g—g and gé'-, where & is the

reaction rate constant. They did thisaana\ysis for first, second
and third order irreversible reactions, and checked whether the
concentration profiles obtained were consistent with the Timits of
& plug flow reactor and a CSTR,

They found that boundary conditions I geve results which
were consistent with these limits, and they also defined regions in
% and 5‘5 space in which II and III are applicable, The inconsis-
te:e domain for 111 was smaller than that for 11,

(c) Approach to Ideality

1t is evident from both Fan and Ahn's {1962) paper, and
that of Levenspiel & Bischoff (1959), that for the majority of
tubular reactors, particularly large scale packed industrial react-
ors, the axial diffusion coefficient will be so Jow that boundary
conditions 1, 11 and II1 will all yield very similar concentration
profiles down the reactor, which will approximate those for the

plug Flow mode) very closely. The approach to fdeality becomes

closer as the length to diameter or length to packing particle
digmeter ratio in the reactor increases. This approach to ideality
1s not appreciably affected by the order of the reactions taking

place in the reactor,




As an example, consider the case for gg— = 20,

From Figure 3 in Fan and Ahn's work, H:acan be seen that
this value is we.l within the range of applicability of all three
boundary conditions. Their Figures 1, 2, 9 and 10 for concentra-
tion profiles down the reactors show that the above value wil)
produce a profile in the non-ideal reactor identical to that in the
plug reactor for all cases.

Furthermore, it can be seen from Figures 3 and 4 {n Leven-
spiel and Bischoff's paper, that the above value of %%  which {s
equivalent to a value of gf of 1/40 leads to a volume ﬁﬂference of
roughly 2% between the non-ideal and plug flow reactors for 99% con-
version in both a first and second order reaction.

Thus, any reactor in which ;% « 1/40 can be assumed to obey
the plug flow model. The above value has been used together with
equations 3.17, 3.18, and the hydrodynamic correlations given by
Levenspiel and Bischoff to construct Figure 3.1. On this figure,
the shaded arzas represent the reactor dimensions for which the
reactor will operate ideally. The upper value of g&:, or gR;. was
used wherever thers was a choice, and since this leads to lower
values of g}« and ;2. Figure 2.1 gives the minimum areas for ideal
operation.

1t is obvious from this Tigure that all Targe scale packed
bed reactors can be assumed to behave 1 .eally, and that a proportion
of open tube turbulent flow reactors will do likewise. small scale
packed beds, turbulent flow reactors operated at low Reynold's
mmbers and lam ar flow reactors will all be non-Tinear to some
degrae, The minima obtained in the graphs for the packed beds are
due to the scatter of the data obtained by previous workers. This

can clearly be seen in Figure 2 in Levenspiel and Bischoft's (1959)

paper.
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The shaded areas indicate the regions in which reactor behaviour is ideal,




(d) Axial Dispersion Mode) and Bo fary Conditions for Reactors
used 1n this work

Since this work represents an attempt to approach the
design of a reactor in as realistic a fashion as possible, and also
since a plug reactor is the optimm for the chosen reaction system
{section 4.2) it was decided thut this type of flow reactor would be
constructed.

The simpiest way to do this is obviously to build a packed
reactor w ~ a sufficiently low ;i ratio, Consequently reactor tubes
150 cm, and 75 cm. long, packed with 0,5 cm. diameter glass beads,
were used, giving values of gﬂ of 0,0033 and 0,0066 respectively,

The 150 om, reactor is thus well within the 1imit of jdeality shown
in Figure 3.1, while the 75 cm. reactor approaches the limit for
Reynolds numbers between 1 and 10 for liquid flow through packed beds,

In order to check the work done by Fan and A and Leven-
spiel and Bischoff, equation 1.14 was nevertheless solved, using
boundary conditions 1I. From equations 3.2 and 3.14, plus the

nomenclature in Table 3.1:-

b 'ty ar, 1 y e
o S ek APPSR TP 17 SUNPE R 2 I
U{idzx 42 v 1'% 10 1 8o 1 b

b Lry Wy ¢ Y X, +Y - ¥) =0
O .S e N 4 | - ¥, - + . -

50t 0 7 Y
P P

These can be convertad into a systsm o first order equations by

putting:-
d"l }
s~ @ i
ar, )
Y, =
« = dF )

The axial dispersion model equaticns thus become: -




- }
&2 }

}
dar }
E{"c ;
. ]
&"'B;”B‘E;"r”m"z)”ao'"1"3) ;
ar, 2 ;
&“‘5;’4'5;"‘3”30“’1"3”‘39”1“’3’;

N
L]

extent of reaction 1 (gm.moles/litre) }
} section 3 )

¥, = exteni of reaction II (gn.moles/Vitre) }
1}
} definad by equation 3.24
I‘ }
Z = dimensionless reactor length a/I
L = total reactor length {cm)
@ U = mean velocity of flow in reactor (cm/sec)
B, = axfal, Tongitudinal, apparent or Tayler dispersion
k; coefficient (cmzlsec)
kl = reaction rate of reaction |
ks = reaction rate of reaction II
Y )
Xy 3 inftial concentrations as defined in Table 3.1
}
X,
The boundary conditions cbtained similarly from equations 3.21 are:-
Tyg = ¥g, =0 0 ;
- - Zw1
Yip=Yyp=0 }
(e) Estimation of Parameters f¢ _the Axial Dispersion Model

L was known for the reactor, hut before equations 3.25 couid
be solved, values of U and , had to be obtained. Due to the lack

of precision in the various correlations for 0, (3.4.2.a), 1t was




decided that these paramete's would be measurad experimentally.

Lev.nspiel and Swith (1957) give a method for obtaining b,
and U by injecting tracer pulses into the column inlet and using
equatfon 3.15 to fit the outlet response concentration-time curve.
They use the semi-inf'nite boundary conditions 3.23, which are not
the same as those used to solve the reactor equation 3,14 in this
work, However, it was expectad that all the boundary conditions
would give the same result (3.4.2.c.), and use of different bounc
ary conditions for equations 3.14 and 3.15 will serve to demonstrate
whether or not these expectations were justified.

As stited eariier, (3.4.2.b.), the boundary conditions 3.23
have to be augmented by one, and hive t7 include time ¢ before
equation 3.15 can be solved. The augmented semi-ir ‘nite boundary
conditions for a pulse injected into the reactor inlet at time ¢=0

thus become:-
, Z=0 X o= &(t) t=o}
}
20 X =0 t =0}
f1 thavafors 4 0 ;
2 P hea) o, g -~
2 X min, afor aimﬁ t
where

&(t) = unit dirac delta function

The reactor output curve will correspond %o the "C diagram®
given by Danckwerts (1953) and if this is normalised, the normalised
curve will correspond to the response to 2 unit impulse input, 1.e.
Danciwerts' exit age (residence time) distribution function, E(t),

for which:-

[ E(e)de = 1
0

Levenspiel and Smith (1957) have shown that for equation
3.15 and boundary conditions 3.27, the mean, variance and skewness
of the £(4) curve can be related to the parameters U, U, and L as

.

n

.z

3.28




follows:~

P }

Mean 7 }
w ]
Varfance = —32 }
’ :

1200 3 }

Skewness = -—~% }
v )

Using moment generating functions (Kwitz, 1961) to characterise the
E(t) curve, 1t can be shown that.-

-
JeEit)de
Hean = f——-—~- [eErt)de
[ ettrae  ?
0

Vartance = [t2m(t)dt - ([tr(erds)? |
0 4

o S S T g St g g St Yt S

£ - - -
Skewness = [t9pcerte - aiftleceaans ([e5Rceide) + aeferteider®
o 0 0 )

The experimental procedure used for obtaining the E(¢)
curves s discussed in sectfon 6.1. Equatfons 3.29 and 3,30 were
used to solve for D, and U. The skewness was used as a check on the
values obtained from the mean and the variance.

Tha values of o, and 7 obtained were substituted into
equations 3.25 and these were solved on an [BM 360/50 computer, with
baundary conditions 3.26 using Glasser's {1969) rumerical solution
of two point boundary value problems. The results are discussed in
Chapter 9,

An additional check on the dispersion model and boundary
conditions was carried out as follows. The dispersion equation 3.15
with these calculated values of 2, and U, was solved using Laplace
Transforms and the numerical inversion technique derived by Bryson




and co-workers (1971) to see {f the experimental £(1) curves could
be reconstituted.
(f) Segregated Flow Model

In the above models, 1t has been assumed that the reactants
were well mixed on entering the reactor, and that the reaction mix-
ture remained chemically uniform while passing through the reactor
(3.4.2).

Danckwertz (1957) and Zwietering (1959) raised the possibil-

ity of another mixing mechanism, in which the incoming fluid is bro-
ken up into discrete fragments which retain their identity while
passing through the reactor. Th¢. postulation leads to the segreg-
ated flow model for the reactor. It is possible to obtain segregat-
ed flow in both a CSTR and a TFR,

The segregated flow reactor may thus be considered to be
wade up of a mumber of non-interacting batch reactors, The residence
times in these batch reactors will vary depending on the flow condi-
tions in the reactor, and the concentration in the exit strewm from
the segregated flow reactor can be obtained by determining the ex-
tent of reaction in each of the baich reactors.

Hence, from Levenspiel (1962, page 312):-

Y= {,”J"Imwkm”dt

where ’jf = final concentration of component j in a segreg-

ated flow reactor (= concentration of compon-

ent § in exit stream)
(xj)bawh « batch recctor concentration of component J
after any residence time ¢
Brt) - residence time distribution function

Equation 3.31 was integrated using the Modified Euler pro-




cedure {Lapidus (1962) page 88) and the batch reactor equations (see
3.2). Since both an experimental and a calculated residence time
distribution were available, both were used tc sbtain final concen-
trations fror ewuatior 3.3%,

Once the resuits h7¢ been obtained, they could be compared
to the experimental fina) concentrations to see whether or not the
flow in the reactor was segregated.

3.5 SUMMARY OF MATHEMATICAL MODELS AND CAI.CULATIONS
Mathematical models were developed for the batch reactor,

the continuous stirred tank reactor, and the {deal and non-ideal
tubular flow reactor. It was found that the batch and ideal tubular
flow reactor models were identical For the non-ideal tubular flow
reactor, the axial dispersion model was obtained, together with suit-
able boundary conditions and methods of evaluating the parameters
in this model. The mathematical analysis leads one to expect that
the fdeal and non-ideal tubular flow reactor models should yleld
results differing by not more than 2%, for the reactor in this work.
The segregated flow model was also obtained, together with
a method of obtaining exit concentrations from this model.
A1l of the models were solved using an IBM 360/50 computer,

and the results and discussions are given in Chapter 9.




CHAPTER 4
er———

4.1 CHOICE OF OBJECTIVE FUNCTION

The system of reactions fs:-

k.
placetate + sodium hydroxide S SN monoacetate + sodium acetate

5 Ty Xs o

k
Monoacetate + sodium hvdroxide —2., ethylene glycol + sodium acetate ) §1

I, X’ Xg X‘

s
In the above system, monoacetate represents the desired intermediate
product and glycol and sodium acetate the undesired end products.

It was thus decided that the monoucetate concentration, Xy, would be
maximised in this work. The objective or profit function, N, is then
defined by:-

) M= axy,
where 4 is a positive constant relating xs to profit., This is thus a
yield problem, as definec by Denbigh (1958), and consists of choosing
the operating conditions which maximise . ‘

4.2 OPTIMUM REACTOR DESIGN

It was decided in 3.1 that either a TFR (tubular flow
reactor) or a CSTR (continuous stirred tank reactor) could be used,
with the possibility of micro or macro mixing in either of thess
reactors. For macro mixing, the flow in the reactor would be segreg-
ated, and the reactor could be assumed to consist of & number of batch
reactors in parallel. Each of these batch resctors would have a res-
idence time associated with it.

Due to the fact that monoacetate is formed in reaction I
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above, and consumed in reaction 11, there would be an opt imum
residence timz in a batch reactor for which X:sf would be a waximen,

1f the flow in the CSTR or TFR is seqgradated, therefore, *he flow con-
ditions should be chosen such that euch €luid element resides in the
reactor for the optimum residence time. Any spread of residence timas
would cause fluid elements at a concentration below the optimum to
jeave the reactor together with elements at the optimum concentration
and so reduce the resulting outiet value of X.sj‘ to below the optimum.
This means that if there was macro mixing of reactants, the optimum
type of reactor would be the ideal TFR. Any other type of reactor
would lead to a spread of residence times in the segregated streams,
which would result in ‘st being below the maximum.

It was found that a similar deduction could not be made for
micro mixing of the reactants, but it is likely that the ideal TFR
will also be the optimum due to the spread of residence times of in-
dividual molecules in the CSTR and non-ideal TFR, In order to test
this supposition, the CSTR and ideal TFR models derived in 3.3 and
3.4 were solved to give values of Xy versus time, using the same in-
Tet pmmtratﬂons and temperatures for each modei. It wiil be seen
from Chapter 9 that the ideal TFR model led to consistently higher
maximum values of X, than the CSTR.

1t was thus assumed for this work that the ideal TFR or plug

flow reactcr was the optimum type of reactor.

4.3 CHOICE OF OPTIMUM OPERATING CONDITIONS FOR THE PLUG REACTOR

The choice of an optimum temperature policy w1l be consid-

ered first,
By substituting equation 3.13 into equation 3.8, the mini-
mm number of state equations defining the plug flow raactor system

can be nbtyined:-




&,
T <R

axy
TRy - kg

Equations 4.2 constitute two linearly independent differential egla-

}
I}
}
}
}
}

tions with boundary conditions:-

t=0, X=X, X=X, 0

Xy -
From equation 2.1 kI - k_lcqu—ls"z/m) }
}
¥
}

kx =k, wp(—Es/m’)

Since k,:ve except in the boundary case where r=0, and since the
yield problem is being considered, for which ¥ is a function o1 the
state variables only, and not ¢, (see 4.1), the following substitu-

tions can be made:-

ky Ko E, - B,

Set Kagte prampl=ard)  {from 4.4)
1 =]

and dr-kfzt, T« Owhen t =0

dx,
Hence = = -XjXy

ot Nt S e St

axy

Fo= XKy - Ky
With boundary conditions:- T =0, X, =X, X=Xy, Xy = 0
As discussed in 4.1, the objective function is:-

M= AXgp
The probiem thus becrmes to maximise o by suitable choice of temp-
erature policy. In the state equations 4.7, Kk is the only variable
which is an explicit function of temperature. From 4.5 X is a monn-
tonic function of temperature, hence X can become the control and

the problem is to maximise ¥ by suitable choice of ¥, f.e.:-

maz,, .
x" Xsf




This fs a varistional problem and Pontryagin's Maximum Principle
(1962) was used to obtain the optimum control policy.

Applying the Maximum Principle, a necessary condition for
4.9 is:-

max,
l.

where # is the Hamiltonfan for the system and is given by:-
HeX X0, -0))-KX X0,
where Ay and Ay are the adjoints defined by the equations below.
From 4,11 it will be seen that # is Yinear in the control X. Further
xzxxw except in the boundary cases where T = g or =,

Hence in order to apply 4.10:-

It 1,20, K must be set at its minimum value (bang bang control)

If l,-:o. % must be set at its maximum value {bang bang control)

if lf-a. and ;:—‘! = g, k must be set at some intermediate value
(intermediate control)

The adjoint equations are:-

) }
1 a

o e )

}

o )

}

m"‘s&;'"ﬂz

Transversality condition:-

.?L.x ﬁ‘fs—--x”
Wy s e

Hence boundary conditions for the adjeint equations arei- (from 4.1)

TeTf  Mp=0 g4

where TF corresponds to t=tf
Integrating 4.13 and applying the boundary condition 4.14:-

L

wang

4




b
Ag = Aan:p(—rxxl{dﬂ

1
Now Aap(-'{xgxd’r} > 0 for all admissible 4, Xy, Kand 1,

Hence except for the boundary case where 1¢ = =,

A’ >0
From 4.12 and 4,16, it is evident that bang bang control 1s optimal,
and that in order to maximise M, X must be minimised by suitable
choice of temperature,

From 4.5:-

k, E, ~ B
X.r‘:'ﬂpilm.‘g)

In order to minimise X:-

1f Ey > By, T owst be set at its maximum value
If L By T must be set at its minimum value

1f ‘1 = 5 the maximum value of & is not dependent on temperature.

The reactor must thus be operate' isothermally at either
the highest or the lowest pocsible temperature depending on the
respective activation energies of the ro reactions,

Since the reactions take place in Viguid medium, pressure
would not have a direct effect on the reaction rate, but would ob-
visusly influence the moximum attainable temperature before a phase
change occurs.

As can be res: from Table 2.4, tne activation energies are:-

5'1 = 13,6622 kcal/gm.mole

&'z = 14,1843 keal/gn.msle
Hence the reaction temperature should be kept as low as possible




Tf
Ay = M(-{Xxxdf)

T
Now aup(-‘{xgm; > 0 for all admissible 4, Xy K and 1,

Hence except or the boiundary case where Tf = =,

x8>0

From 4,12 and 4,16, it is evident that bang bang control is optimal,
and *hat in order to maximise ¥, X must be minimiced by suitable
choice of temperature.
From 4.5:-
k E - B
K= If-z’i ezp (L)
In o der to minimise x:-

1f 5‘1 > B, T mist be set at its maximum valun

If E < B, T o st be set at its minimum value

Iy
if '1 =y the maximum value of ¥ is not dependent on temperature.
The reactor muct thus be operated isothermally at either
the highest or the lowest possible temperature depending on the
respective activation energies of the two reactions,

Since the reactions take place in Viguid mediua, pressure
would not have a direct effect on the reaction rate, but would ob-
viously inflyence the maxivum attainable temparature before a phase
change cccurs,

As can be seen from Table 2.4, the activation energles are:-

&, = 13,8622 kcal/gm.rile

£y o= 14,1843 kcal/gr.mole

Hence the reaction temperature should be kept as low as possible

=




o maximise M, oince the difference between B, and E, is small,
however, the effect of temperature on the maximum value would not
be great, so no attempt was made to ontimise M experimentally by
cholce of reaction temperature,

It was decided that the reactor would be operated iso-
thermally at atmospheric pressurs and as close to room temperature
as possible while still maintaining constant inlet temperatures of

reactants.
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CHAPTER §
piadie

6.1 CHOICE OF OPERATING CONDITIONS
5.1.1 ting T rature

In section 4.3 it can be seen that the reactor was to be

operated isothermally. It was decided that tiis would be done as
close to room temperature as possible. Heaters and thermostats were
installed for the feed tanks so that the inlet temperature- could
be controlled at 3-4°C above room temperature. The resulting
temperature range for the runs was 21-26°C,

5.1.2  Inlet Concentration

Frori the discussicn of the batch reactor experiments in
2.3.2, it will be seen that the diacetate and caustic soda were fed
to the reactors in stoichiometric ratios. Further. the upper and
lower Timits of diacetate concentration were 0,1 and 0,005 molar
respectively, The feeds to the main reactor were thus kept in
stofchiometric proportis s too, with diacetate inlet concentration
being held between these limits,
§.1.3  Flowrates

The diacetate and caustic soda solutions were supplied to
the reactor inlet by gravity feed, The pressure drops in the supply
tubing, inlet mixing section and the reactor packing thus set the
upper 1imit on the reactor flowrate. It was found from experiments
with water flowing through the column that with both streams flowing,
the maximum flowrate was 4 litres per minute. Hence the upper limit
in e ch feed stream was 2 litres per minute. The Fischer-Porter
flowne! ;rs chosen for this work delivered a maximum of 1,8, and 2
minfoum of 0,18 Titres per minute. In practice it was found that

the maximem and minimam Inlet flow of each stream which could be
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obtainzd were 1,65 and 0,38 litres per minute (see Appendix i). The
inlet flowrate could thus be varied from 3,30 to 0,76 Titves per
minute, corresponding to column residence times of 26,8 to 16,2
seconds for the long reactor, and 13,1 to 56,5 seconds ‘or the short
reactor.

Solving the plug fiow model #ith these residence times and
the inlet concentrations given above, at 23°C, it was found that con-
versions of diacetate (see 2.3.2) from 15% to 987 could be obtained
in the reactor. It was felt that these spanned the conversion ange

sufficiently to give a good test of the mathenmatical models,

5.2 LAYOUT AND CONSTRUCTION OF THE REACTOR SYSTEM

Figure 5.1 shows the laysut of the experimental plug flow
reactor system, Figure 5.2 yives a flowsheet for the system. The
figures a1 not drawn to scale, and for clavity the sample points
and drainage lines required to remove air bubbles from the system
have been omitted, A photograph of the apparatus is given on the
following page.

§.2.1 Feed System and Temperature Contro)

The stock tanks were polythene, had a capacity of approx-
imately 800 Vitres, and were mounted on a gallery 10 melres ctove
the reactor irlet, They were stirred at 725 r.p.m. The diacetate
and caustic soda feed tanks each had Tour 1 kw, clactric wall mount-
ed heaters. The current supply io the.. was controlled by an on-off
thermostat which could be used to regulite the feed-stock tempeva-
tures to within 1°C, (The makes and modal numbers of 317 eqipment
used are given in the equipment 1ist in Appendix xi).

There was no need to regulate the temperature of the acetic
acid solut’ 1 since this was simply used to quench the reaction

mixture at the reactor outlet,
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The lines from the feed tanks to the control valve and the
inlet connecting pleces were 25,4 vm. diameter flexible PVC. AN
other Tines were 12.7 mm. diameter rigid PUC,

5.2.2  Flow Control and Measurement

The flew of all three solutions was regulated by 12,7 mm.
dlameter stainless steel needle valves, and as mer’ioned above,
Fischer Porter Flowrator meters were used to met:r the flows. It
was decided that rotameters would be used in preference to orifice
plates because the forme: are self-cleaning and insensitive to the
presence of flow obstructions up and downstream from them. The
Fischer Porter meters were chosen because they have a degree of
viscosity Imaunity and are thus not affected by small temperature
changes in the liquid (Fischer and Porter, 1983).

5.2.3  Inlet Mixing Section

The inlet mixer proved to be the most critical section of
the whole reactor. Both {nlet mixers used in this work 4irs shown in
Figure 5.3. They were fitted with 0 ring seals, and clamped into
the top of the reactor. Both were filled wich beads to reduce the
residence time in them to a minimum.

Initially it was thought that the T-plece mixer would not
be efficient at Yow flow rates, and consequently experiments were
carried out at the low flow rates to check the efficiency of mixing.
Tracers nf dys ware injected into each of the inlet lines in turn
with w2ter flowing in botk of them. The mixing seemed to be instan-
taigcus, the liquid appearing homogeneous with no dye streams
visible. Thase experiments were repeated later with a concentrated
dye solution in ane stream and water in tne other, and the flutds
34117 appeared perfectly mixed. When the main runs were carried
sut, however, it was found that the nlet mixing at Tow Flow rates
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was extremely poor and subsequent measurements with a conductivity
probe confirmed this (see Appendix 111). The second inlet mixer
shown in Figure §.3.2 was then made up. Tiis mixer had a considerably
greater pressure drop across it, but the inlet sixing was greatly
improved.
§.2.4  Reactor

The reactor was constructed from 63,5 mm, 0.0., 50,8 mm.
[.D. perspex since this was reaaily available and chemically fnert.
As discussed in 3.4.2(d), the lengths of reactor used were to have
been 150 cm. and 75 cm. When the units had been fabricated, the
actual lengths were found to be 149,8 cm. and 73,0 em. The reactor
was packed randoml, with 5 mm. diameter glass beads, The holdup
volume for the 149,3 cm. length was fouud to be 1,472 litres, and

that for the 73,0 c¢m. length was found to be 0,716 litres, (See
€.5 and Appendix v).
The inlet anc outlet thermometers were fitted through bosses

on the reactor walls with rubber bungs. Both thermometers were 61
an, long, calibrated in 0,01°C. The thermometer busses weve used
for the conductivity probe when testing the iniet mixing system.
§.2.5  Reactor Outlet and Dutlet Quench Vessel

The reactor outlet pipe conststed of a very short 12,7 mm,

diameter rigid PVC U-bend which terminated in the quench vessel.

1% was found ti.at a U-bend pointing vertically upwards wag necessary

on the reactor outlet, 0. else the reactor would drain as soon as

the flows were turned off. For the same ‘eason it was necessary to

have a U-pend on the acetic acid quench pipe.
In order to prevent accidental drafning Jf tie column, a

rubber jusy was fitted to this ovtlet whenever the column was not
i use or when the drainage lines were open to remove air bubbles

from the system,



A detailed sketch of the reactor yutlet and the nutlet
quench vessel 1s given in Figure 5.4. It can be seen from this that
every effort was made to obtain rapid quenching of the cutiet stream.
Originally the quunch stream joined the reactor outlet via a T-plece
but 1t was found with this arrangement that all three lows interact-
ed, and it was impossible to vegul-te them so as to obtain the
correct pH of the quenched solution. The quench vessel was stirred
at 960 r.p.m., and although the Tiquid Tevel was 1,75 om., the
vesse” was 25 . high to prevent splashing out.

5.2.6  pH Measurement and Rotameter Calibration

“rom the quench vessel the quenched solution flowed » a
flexibie tube into & funnel and thence into a beaker where the pH
could be weasured,

Originally the pH electrod:s were placed directly In the
outlet quench vessal, but it was found that slugs of air stirred
into the quenched solution made it fmpossible to read the pH. The
Tiquid leaving the quench vesse, also carried the slugs with it, so
the funnel was provided to reduce the 1iguid velocity and enable the
afr to escape before the pH was measured ir the beaker. Once the
system was at steady state, t e pH in the quench vessel and beaker
were the same. Thic system was tested and found to work within the
Timits of experimental accuracy {see Appendix iv). The ph electrole
was combined with a temperature compensator so that the pH meter did
not have to be re zeroed for different cutlet temperatures.

The outlet tube from the quench vessel was made flexible to
allow the flow to be switched from the funnel to a measuring cylinder
for flowmeter calibrations.

A sumary of the reactor and the outlet quench vessel dim-
ensions is given in Table 5.1, together with the maximum and minimom

residence times and flow rates in each.
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Malerial

c.0.

Wall thickness

Length

Holdup volume

Packing

Liquid level

Max fmum flowrate
Winlrum flowrate
Mauimum veside ce time
Rinimum residence time

Raactor
perspr
63,5 mm.
6,35 mn.
149,8 om, 73,0 uam,

1,472 Yitre 0,76 litre
Semi. dismeter nlugs boads
3.3 litre/mun,

0,77 tre/min,

116,2 sec, 86,5 sec.

26,8 sec. 13,1 sec.

Outlet Quench
Nessel

PVC

101,6 mm,

7,44 we,

25 cm,

0,245 litre
1,75 cm,

3,3 ilitre/min,
0,76 Vitre/min.
19,3 sec,

4,5 sec,
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CHAPTER &

6.1 EXPERIMENTAL TECHNIQUES

As discussed in 3.4.2.e, an experimental technique was
required to obtain the exit age distribution function E(¢) for the
reactor at varicus flowrates, so that this function could be used
to obtain values of mean velocity ¢, and axial dispersion coeffic-
jont, Dy for the reactor. The E(t) function was elso required for
the solution of the segrepated flow mode) in section 3.4.2.f,

If a tracer pulse is injected into the colurn inlet, the
exit concentration function C(t) discussed by Danckwerts {1953)
will be obtained at the reactor outlel. The exit age distribution
function E(t) can be ' btained by normalising the C(t) function, and
Levenspiel and Smith's (1957) method can then be used to obtain D
and U,

The tracer used in this work 175 gm./1itre sodium
chlorige solution, This was chosen because sodium chioride concen-
tration is proportional to conductivity and a conductivity weter
was available which could be connected to a p-  recorder to trace
out the extt age distribution curve. (Makes and model numbers of
all instraments are given in Appendix xi).

It was found experimentally that with pure water flowing
in the column, the maximum volume of tracer required was 0,5 o,
This volume could be injected in under 0,2 seconds, Since the min-
mum residence time in the long column was 27 seconds, it was ass-
vited that a perfect pu'se could be injected. The tracer was thus
injected into the flexible reactor inlet lines with a hypodermic
syringe, snd 2 1 on. suandard conductivity cell was fitted into the

reactor outlet pipe by means of a rubber stopper.
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From 5.2,3, 1t will be seen that two different inlet mix-
ing systems were used for the reactor. It was not known how the
residence time distribution would ve affected by these inlets so Efe)
curves were cbtained for both. Eighteen rums spanning the flowrate
range were carried out with the T-piece mixer, Figure 5.3.1. For all
of these runs, the tracer was injected into the straight vun inlet of
the T, with distilled water flowing in both inlets. Ten runs spann-
ing the flowrate range were done with the ring mixer, Figure 5.3.2,
and for half of these the tracer was injected irto the straight run,
and for the other half it was injected into the side inlet. The
results should thus show the effect of the inlet system and injec-
tion point on the residence time disii 'bution,

Table 6.1 lists flowrates and injection points for each rum,
together wifh tre values of D, and U obtained. These runs were only
carried out on the 149,8 cm, reactor Tength since it was relt that
the residence times would be too short in the 73 om. length. The
Taylor mode) was thus not solved for the short reactor.

6.2 LINEARITY OF CONDUCTIVITY METER

Sodium chloride solutions of varying concentratior” were
made up, the cell was placed in them, and the recorder reading was
noted, The resulting graph of concentration versus potential is
given in Figure 6.1, From the graph, it can: seen that the entire
system is Tinear, and that  he recorder outp  gives a measure of
concentration. The recorder traces were thus leken as the concentra-

tion-time curves for these experiments,

6.3 MATHEMATICAL PROCEDURES (see 3.4.2.¢)
The experimental data obtained during these ryng are listed

in Appendix viti. These were stored on the IBM 360/50 computer, and
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TABLE -6.)
—————

Injection Flowrate
Run No. Inlet Type Point (1itre/min)

1 T Straight run 0,5509

2 1 Straight run 0,5509

3 T Straight run 0,7819

4 T Straight run 04,7819

[ T Straight run 1,1944

7 T Straight run 1,5613

8 T Straight run 1,563

9 T Straight run 1,9257
10 T Straight run 1,9257
n T Straight run 2,2851
12 T Straight run 2,2851
1 T Straight run 2,6450
14 T Straigut run 2,6450
15 T Straight run 2,9940
1Y T Straight run 2,9924
18 T Straight run 3,3342
19 T Straight run 3,3342
20 T Straight run 3,3242
21 Ring Side branch 09,4878
pe:] Ring Straight run 0,4878
29 Ring Side branch 1,2018
30 Ring Straight run  1,2018
ki Ring Side branch 1,9584
32 Ring Straight run  1,9584
33 Ring $ide branch 72,6694
34 Ring Straight run 2,6694

: 30 Ring Side branch 31,3374
\ 35 Ring Straight run 3,3374

17}
an/sec
0,93
0,9360
1,320
1,305
2,013
2,617
2,637
3,276
3,266
3,882
3,881
4,462
4,490
5,045
5,100
5,676
5,674
5,672
0,8315
0,8618
2,055
2,019
3,378
3,332
4,543
4,554
£,654
5,749

D
mzd!tc
0,9012
0,9623
1,474
1,24
195
2,492
2,256
2,780
2,829
3,119
3,282
3,823
3,783
4,403
4,085
4,470
4,613
4,360
0,901
1,039
1,918
2,551
2,659
2,807
3,540
3,589
4,921
4,960

Hote: Runs § and 16 were discarced due to excessive basaline drift.
: Runs 21-26 were discarded because the recorder was overdamped
and the Eft) curves were affscted by the racorder dynanics,
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used as inputs to 2 program which:-
(a) normalised the recorder trace so as to get the Ere)
curve and stored this as a new data set;
(b} calculated the maan, variance angd skewness of the r(t)
curve;
(c} used the mean and variance to . Tculate the Viquid
velocity ¢ and axial dispersion coefficient, B
(d) wused the skewness to check the value of b, obtitaed
in (c).
The record length and time intervals of the original traces
plus the values of v amd U calculated in (c) were fed as data to a
program which soived the diffusion equation 2.15 (section 3.4.2), to
give a theoretical E(t) curve - this curve was also stored as data,
One of the output devices attached to the computer used in
this work s 2 Calcomp plotter, by means of which cutput data can be
obtained directly in graphical form. A further program was thus
used to combine the experimental and tlworetical &(¢) dats and plot
them on the same axes using this plotter,
The experimental and theoretical E(t) curves were also used
as input data to a program whick spivad the segrogated flow models

for the reactor (3.4.2.f).

64 pEsuTs

The velocities and axial dispersion coefficients abtained
for the experiments are given in Table 6.1 and plcrted in Figures
6.2 and 6.3, The mothod given by Mickley The wood and Reed (1937,
Pages 95.96) was used to ohtain the least squaves straight Tines
through the data. The equations to the lines werei-

¥ = 21,6049 with a variance of estinmate of 0,00106

By = 0,344 + 1,383 with a varionce of sstimate of 0,0390

6,1

6.2




v = velocity (cm./sec.)

B = axial dispersion coefficient (mz/“c.)

¢ = volumetric flow (litres/min.)

Figures 6.4-6.16 are the £(t) curves drawn by the Calcomp
plotter. The E(t) curve obtained by normalising the experimentsl
crt) curve (see 6.3.a,) is marked by triangles which were urawn in
at every thirtieth actual experimental point. These curves are for
low, medium and high flowrates, and the injection points for each
can be vbtained from Table 6.1,

Similar curves to the above were pbtained for all the exp-

erimental runs, so Figures 6.4-6.16 may be recarded as representat-

ive of these.

6.5 DISCUSSION,

1t was found for all runs that the skewness of the £(t)
curve did not yleld reproducible values of D Values of U and b,
in Figures 6.2 and 6.3, thercfore, were obtained from the mean and
vartanca only.

In 6.1 it will be seen that the nlet mixing devices and
infaction points were vavied during the runs. The axtremely Tow
value of the variznce of esiimale obiained for the v data therefore
pro s that the mean o° the r~  oce Uime distibution s not
affected by the inlet mixing or by Lie niet injection point. 1t
al50 shoes tact the injecticn time was negligible comnared to the
w2an columr, residence tiwe,

Tt should be noted that there was a time interval of twy
yoars botween tae scts of runs with the two different nlets, and
that the column was unpacked and repacked approximately eight times
during this perfod. The fact that reproducible values of U wera
s$t11] obtatned tndicates that the column packing was truly randos,
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and the holdup volume in the column was rot affected when the column
was repacked.

On the other hand, the high variance of estimate obtained
for the 7, data shows that the mathematical model is not sensitive
to this parameter. This agrees with the findings nf other workers
(see 3.4.2,2).

In order to test the sensitivity of the axial dispersion
model to D, two straight lines (1) and (1i1) were drawn on Figure
6.3, representing roughly the upper and lower bounds of the data,
Values of D, cbtained from each line were used to solve the reaction
plus diffusion equation 3.14 for a range of flowrates. The results
are given in Table 9.1, and show that no appreciable difference was
made to the reactor concentratior profile by choice of B, values

from efther (3} or (i11). The best least squares straight lime (i1}

was thus used to obtain values of o, for comparison with other
models.

From Figures 6.4-6 15 1t will be seen that in 21l cases

the theoretical curve rises less steeply than the experimental ini-

tially, has a lower turning print, and falls less steeply than the
experimental curve. Further, as the flowrate becomes greater, the B
fit between experimental and theoretical curves worsens - this is .
due to the fact that the pulse injection time s no Tonger neglig-
ible compared ts reactor residence time at high flow rates.

1t can be seen that the runs at any flowrate are indistin-
gui-hable from one another, except that those for runs 28, 3i, 35
and 36 give a poor fit due to baseline drift on the recorder trace,

and poor recorder response toward the end of the curve.

5.6 HOLOUP VOLUME




and ¢ from Teble 6.1, a value of column holdup volume ¢uld be ob-
tatned at each point from:-

148,8 9
Yn = gy

¥y, = column holdup volume (Titres)

Q = volumetric flowrate (litres/min,)

v = velcoity (cm,/sec.)

The mean value of the holdup was 1,472 1itres, witk a
standard deviation of 0,011,

The holdup volume obtained by weighing [see Appendix v)
was 1,43 Vitres, which differs fram the above by 2.8%. However,
as discussed in Appendix v, tne accuracy of this latter value is
suspect. Rots i%at both methods of calculating holdup volume took
the inlet and outlet tubing volumes into account, For determination

of holdup volume for short column see Appendix v,

§.7 CONCLUSIONS

The one point tracer injection tachnigque used in this work
to obtain an E(t) curve together with characterisation of this curve
by its mean and variance, yielded reproducible values of v and 5,
which gave oxcellent it betwson experiment and theory. The skewnsss
of the curve cannpt be used either to obtain, or to check, v and B,
values,

Use of the &(¢) curve and 1 and z)d to solve the equations

for reaction plus diffusion is discussed in 3.4.2.2,

73
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CHAPTER 7
s

7. EXPRRIMEN "AlL_PROCEDURE

A flowsheet for the reactor is given in Figure 5.2. In
order to obtain the same inlet concentration of reactants at differ-
ent flowrates, it was necessary to keep the flowrates of the two in-
Tet streams in a constant ratio to one another. Identical flowmeters
were used for both these streams, so the meter readings were et
equal at each flowrate. This ensured that:-

4.,

)

and consequently that

Yt St Sttt St

4 7 2Q; - 2

It can thus be seen that the stock streams were diluted 507
on entering the veactor. This meant that the stock concentrations
of diazetate and caustic had to be double the fnlet concentratfons.

In order to caleulate the required acetic acid quench stream
concentration for any run, the procedure was as follows. Using the
inlet concentratiors for e run, the plug flow model for the yezc-
tor was solved to obtain the maximum and winimum expected caustic
concentrations in the outlet, corresponding to the maximum and min-
fmum possible inlet rotameter settings. The upper and Tower Timits
Wt the quench stream rotamater were also known, and a quench stream
eoncentration could thus be obi:in * which would be sufficiently high
o neutralice the . tlet stream at e maximo flow rate, and suff-
$oiently Yow o do likewise at the minimum flowrate.

The inlet und quench solutioas were mace up In the stock
tanks usioo distilled water. Some tiue before the commencement of

the run, the stock tanks were filled and the stirrers and hsaters

741




and temporature controllers all switched on. The acetic acid, caus-
tic soda and diacetate were then weighed in. Whila the stock soly-
tions were heating up, the reactor system was checked for Jeaks and
afr bubbles, and all ancillary equipment such as pH meters, balances
and nitrogen bleeds was made ready,

When the stock solutions reached the desired temperatures,
each was allowed to run to waste for one minute (roughly twice the
residence times in the inlet Flow lines) to clear the water out of

3 flask. The flasks were Fitted

the Vinet, and sampled into a 750 cm
with rubber stoppers wrapped in aluminium foil, and the caustic soda
solution was sampled and stored ur »r nitrogen,

The rotameters were calibrated from 10-100% of the ful
flow, but the usable range of readings was 20-90, so the meter sett-
fngs used were approximately 20, 30, 50, 70 and 90 for each run,

This meant trat wost runs gave five pcints on the concentration-res-
{dence time ~urve for the reactor. For some of the runs intermediate
setiings were used as well,

Both inlet stieams were thus set at each of the rexdings in
turn, and the quench stream was adjusted until the pH of the quench-
od outlet was at the desired value, Unce the desiced pH was reached
the streams were allowed to flow undisturbed for roughly twice the
rasidence time at that flowrate, to ensure that the reactor was truly
at steady state. The reactor inlet and outlet temperatures were then

recorded, toget'. - with the readings on all thres rolameters. The

3
B of the quenched solution was also recorded, and a 750 on” sample
WS taken of the quenched stream. This sample was also coilected

and stored under nitrogen.

For sume of the experiments only inlet stream samples were

a caustic

takan and analysed, and only the outlet concentration of th

75
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soda was calculated. (See Appendix 1x).

At the end of the run the three streams were sampled again
to check if there had been any change in stock concentration during
the run, and ther ach of the rotameters was calibrated in turn at
the readings cbtained during the experiment,

(Rotameter calibration and pH meter standardisation and
chofce of neutralisation end poinis are all discussed in the appen-
dices.)

The samples collected during the run were then analysed for
sodium hydroxide, acetic acid, diacetate, moncacetaté and glyco) as
discussed in section 8.4, and ail necessary densities were measured,
as in Appendix i1,

The flowrates and titration volumes cbtained during the
experiments were used as the input to a computer program which cal-
culated the experimental residence time and inlet and outlet concon-
trations, and compared the results to those predicted by the plug
flow model,

7.2 REACTION EXPERINENTS

A total of thirteen runs was carried oul, using a range of
inlet temperatures and concentrations, and both the T-piece and ring
inlets. These vuns and the vesults are surmarised in Appendix ix

and discussed in Chapter 9.
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CHAPTER 3
ncn—

8.1 INTRODUCTION

It was found that the flowmeters used in this work coyld
be calibrated with an accuracy of 99%. [t was decided that this
tevel of accuracy would be maintained for all other measurements
in this work.

A reactor - stem flow sheet showing all streams and conc-
enirations is given in Figure 5.2, Since the lines for streams 3
and & were Teft as short as possible to reduce reaction in them,
thesr streams could not be sampled directly. Reactor inlet and
gutlet concentr.tions therefore had to be calculated from mole
balances based on analysis of streams 1, 2, 5 and 6.

Streams 2 and 5 could obviously . analysed by simple acid-
bawe titrations, and the techniques used are given below. Since the
amourt of sodium acetate formed in the reactor is equal to the caus-
tic snda reacted, no attenpt was made to measure the former,

Analysis of streams | and 6 was more difficult, however, due
to e problems involved in analysing for the duiacetate, monoacetate

ami glycol §n the came solution,

8.2 IWFRARED SPECTROSCOPY

& Beckman IRSA infraved spectrophotoneter was used to obtain
spectea of pere diacetate, pure g1, .1, and 2 mixture of mono- and
discerate amé glyeol. The spectra of the diacetate, monoacelate and
giycel mere tao similar to enable the spestroscope to be used to

mEsure these substances quantitatively

8.3 GAS CHROMATOGRAPHY
It wes found that water, acetlc acid, diacetate, monoaget
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ate and glycol could be separated on a 50 cm, column of “Porapak”
g 80-100 mesh. (Waters Association Inc. Framingham, Ma,g. U.5.A.).
The separation was carried out on a Perkin Elmer F Fravtometer at
a column temperature of 200°C using helium as a carrier 935, The
total time for the separation was 15 minutes at a carrier gas press-
ure of 30 psi, and flow rates of carrier and reference streams of
W an’/second. At lower temperatures and pressures the Ziacetate
peak, which was the last to appear, tended to "tail® rather badly,
Unfortunately the vpper limit of temperature for Porapak is 200°C,
and slow degradation of the packing took place causing baseline
drift on the detecting instruments.

The Fraktometer has both a hot wire conductivity me’er and
2 flame fonisation detector. It was found that the hot wire output
wes non-linear with concentration for the substances being analysed,
and calibration would have been difficylt, since pure monoacetate
was uynobtainable. Although the flame fonisation detector output is
lingar with concentration, it was found to be very difficult to keep
the flow of oxygen and hydrogen to this instrument constant.

Another problem arcse when the quenched -eaction mixture
was anaiysed. This contained sodium acetate which caked the interior
of the chromatograph when the sample was vaporised.

Finally, when difficulty was experienced n injecting a
repreducible sample volume into the chromatograph, it was decided

that analysis by gas chromatograph would be abandoned.

8.4 ANALYSTS BY WET CLIMISTRY

Since it had already been decided to analysn streams 2 and

5 by acid-base titrations, it was felt that the techniques involved

€ould posiibly be extended to cover complete amalysis of all streams.
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The acetic acid present in stroum 1 could, of course, be
analysed by titratfon as for stream 5. The total acetats present
in any stream could be measured by saponifying to completion with
standard alkali and backtitrating with standard acid (Siggta (1958)
pages 46-47).

It will be shown later (in Appendix vi) that if ethylene
glycol can be analysed independenciy of the other components in a
stream, then it will be possible to obtain the concentration of
each component in the stream. A method for glycol analysis was
therefore sought.

Malaprade (1926, 1928, 1934) discovered that molecules con-
taining hydroxyl groups attached to adjacent carbon atoms are read-
1y oxidised by periodic acid, the periodic acid being reduced to
fodic acid in the process. The discovery was confirmed by Floury
and Lange (1933), Fleury, Merissey and Joly {1934), and Jackson and
Hudson (1937},

Since ethylene glycol contains two such adjacent carbon
atomns, the periodic acid oxidation provides a method for analysing
this substance in the presence of mono- and diacetate, since the
Tatter would be unaffected by the oxidation.

Siggia (1958) pages 16-18, gives a method of analysis for
difydroxy compounds in aqueous solution. This method is based on
that of Pohie, Mehlenbacher and Cook (1945}, and is as follows for
glycol:~

The glycol is oxidised with perfodic acid in a 14N acetic

acid solution. The reaction proceeds as fo'lows:-

£,0H
é»:m + W0, il 2 HoHO 1,0+ IOy

glycol periodic formaldehyde iodic acid
acid




yhen the oxidation is complete, potassium iodide is added to liber-
ate fodine from the periodic and iodic acids:-

HIO, + 7K1 + THAC - iKAc + A, + 4,0

uma + 6KI ¢ SHAc > SKAc + 312 + 3“20

The liberated iodine can then be titrated with sodium thiosulphate.
A blank 1s run on pure periodic acid and from the difference in the
thipsulphate titrations between the pure and reduced acid, the gly-
¢ol content of the original sample may be obtained,

There is a major difficulty involved in using this method
for measuring glycol in the presence of its esters, and that is that
the saponification reactions are catalysed by acids. Hence while
the zbove oxidation is taking place, side reactions will be forming

more glycol as follows:-

Ci,COOCH CH,0H
273y oy el 2 + CHCOH
2C00C§!3 CHZCOOC!‘C:‘

diacetate monoacetate acetic acid

oH o 0H
&Zm +H0 add L T2 CH,CO0H
,C00CH CH O

monoacetate glycol acetic acid

When tested on standard glycol solutions containing varying
amunts of mono- and diacetate, 1% was found that the glycol concen-
trations could be in error up to 10%, which is well outside the error

Hmit of 13 set for this work.

An investigation was then carried out to determine whether

the acid concentration of the oxidising solution could be reduced

and the saponification reaction thus slowed down to an acceptable
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tevel.

Hess, Jordan and Ross (1956), give a method for the rapid
quantitative determination of glycol in water, in which the oxida-
tion takes place in approximately 0,6 N nitric acid. Further, Alten,
Charhonnier and Coleman {1940) in their method for the quantitative
determination of certain polyalcohols in the presence of each other
used pure perfodic acid as their oxidising agent,

Price and Kroll (1938, 1942) have studied the kinetics of
the periodate oxidation of 1,2 glycols, They found that in the pH
range 7,5-10, the rate constant for the oxidation of glycol was
dependent on pH, but {rom pH 2-7,5 the rate was independent of pH.

On the basis of the above, it was Jecided that periodic
acid 1lone would be used to oxidise the ethylene glycol, and that
other acids would not be added. It was hoped that the periodic acid
would not catalyse the saponification to any great extent singe it
s a weak acid.

Since an acid medium is required for the fodine Tiberation
reactions 11 and I11. it was decided that, to minimise acid saponif-
fcation, this acid would be pipetted into the oxidising mixture just
efter adding the potassium fodide.

For both the acid-base and fodire titraliony, a Radiometer
PH meter was used, coupled to an automatic titrating device which
operated a solenoid valve. It was felt that the analysis could be
done quicker and more accuvately with these instruments than by hand,
Al snalysis was done by weight rather than by volume, since once
again the weighing could be done quicker and wore accurately. The
complete analysis procedure, and details of the analytical appara-
%43 used, and the determination of the titration endpoints are dis-

cussed in Appendix vi. Density determminations are given in Appendix if.




8.5 ERROR GROWTH DURING ANALYSIS

‘ As explained in Appendix vi, all analyses were repeated
unti) at least four weve cbtained which agreed to within 991,
Unfortunately, however, the insensitivity of the glyzol amalysis

{Appendix vi - 2) plus the fact that certzin concentrations were
obtained by su..raction from other concentrations, led to a dispro-
portionate growth of errors during the analysis. Consider for
evample the following case:-

A diacetate feed stream with diacetate Yyg molar and monvacetate
9 molar is to be analysed. Following the procedure outlined in
Appendix vi, sc tion 1:-

up
= 1 um
Xpg * oy Wr-,) 13

where u = molarity of standard thiosulphate

= sample density
= thiosulphate density

]
10
1 = sample weight
w = grams of u molar thiosuiphate ysed to titrate
periodic acid blmk
¢ = grams of u molar thiosulphate used to titrate
perdiodic acid in samp’
v = grams of poricdic acld taxen for blank.
Now assums that the following values wer2 Ubtained during analysis:~
Total acetate = 0,2064
=0,
047540 " 1,0
1= 20 gm.

wio =5
m = 40 gm.
z 151,86 gn




= 0,1
Hence, total glycol Xt Xy ® m—{zoo - 157,6) = 0,106

Total acetate =B+ X, = 0,206
Hence X, < 0,206 - 0,106 = 0,1
and Xy, = 0,106 - 0,1 = 0,006M

If w/v is now increased by 1%, all other values remaining constant,
25,05
Hence X;, + X, = 3414202 - 157,6) = 0,111m
Xig ® 0,206 - 0,111 = 0,095M
Xgo ® 0,111 - 0,095 = 0,016M

Hence a 1% error in w/v causes a 5% difference in X, and 2 2673
difference in LI These errors, of course, become compounded when
w/v 15 used for several glycol concentration measurements.

In order to studv this effe-t for changes in other standard
concentrations and densities and flowrates, a computer program was
written to increase each of these in turn by 14 and to print out the
resulting variations in reactor system concentrations., Tables 8.1 -
8.3 give the results for a typical set of stock, inlet ang outlet
toncentrations respectively. In each table the first line represents
the values obtained with no errors in the parameters, and each succ-
essive line represents values for a 1% increase in the parameter in
the left hand column. A blank in the table indicates that this
pavticular concentration was unaffected by the variation in the para-
Meter. For the meanings of all parameters see the nomenclature
section,

From Table 8.3 the following maximum perczntage errors can
be obtained in cutiet concentrations for a 1% change in any one
Parameter:~




TABLE 8.1

STOCK STREAMS SENSITIVITY ANALYSIS

parameter varied

by 1%

e

L]

va  Rao fe

wie

5]
7]
5

L]

X

is

0,09308
0,09698
0,08118
0,09698
0,09702
G,09104
0,09405
0,09213
0,08831

0,08917
0,09510

x.u

0,00139
~0,00252
0,00328
-0,00¥52
0,00343
0,00342
-0,00058
0,00330
0,010%0

0,00140

0,00529
-0,00065

Lo

0,1950

0,193
0,1970

49,1931

_{8:

0. 10
0,112

05,1090
0,112

0,111z
0,109




TWIE 8.2

INLET REACTOR STREAM SENSITIVITY ARALYSIS

parameter varicd by 1% LI 1, Xy,

0,04755 0,09541 ¢,00071

e 0,04954 - -0,00129
d 0,04658 - 0,00168
2 ©,04954 - -0,00129
G, 0,04780 0,09492 0,00066
Gy 0,04733 n,09530 0,00066
h 0,04650 - 0,00176
Fi 0,04651 0,09636 0,00175
i 0,04805 - -0,00030
u 0,047086 - ¢,00168
w/o 0,04512 - 0,00557
= - 2,05446 0,00066
¥ . 0,093  0,00066
Py 0,04779 0,09589 -

oy 0,04780 0,09587 0,00066
¢y 0,04555 - Q,00:70

0,04858 0,09445  -0,00033




QUTLET REACTOR STREAM SENSITIVITY AnALYS)s

?"'?mﬂ?i‘* vartes ¥ 5
- 25 LSS F VR S T RO
0,00572 0,04693  0,01447  0,00807
o 0,01198  0,02720  0,00821 .
d 0,00282 - 0,01737 -
# 0,0mn - 7,00848 .
g, 0,00636  0,0267%  0,01410 002800
Gy 0,00494 0,02680  0,01504  0,0280%
A 0,00614 0,02720  0,0i400  0,02809
B 0,00258 - 0,01761 -
J 4,00165 - 0,01854 -
H 0,00820 - 0,01152  0,02804
Y 0,00681 - 0,0%438  0,02804
i 0,00557 - 0,01494  0,02778
u 0,00357 - 0,01033  0,00835
wfo -0,00342 - 0,02303  0,03108
z 0,00676 - 0,01384  0,02803
¥ 9,00485 - 0,01535  0,02803
a 0,00555 0,02666 0,01465  0,02803
] 0,00608 072720 10,0141 0,02803
s, 0,00575 0,02707  C,01454  0,0282)
oy 0,00584 0,02706  0,01445  0,02817
oy 0,00581 - 0,01438  0,02803
0, -0,00054 0,02666  0,02072 -
oy 0,00979 - 0,01040 -
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TBLE 8.4
X
e Xar T Ysr
83,58 "y +47,6% 10,2
-228% 1% -57,0% NRit

several points emerge From this analysis:-
(1) Sin. the outlet concentration of caustic soda,
Xy, is the most accurate, this should be used
for testing the various reactor models

{i1) The ratio w/v is critical, and great care must be

taken to obtain an accurate value for this
quantity (in practice this quantity was measurad
until 8 values were found which differed by not
more than 1%, and the mean of these values was
used,)

{i11) The values in Table 2.4 above . gpresent the minim-
um expected differences between experimental and
theoretica’ outlet concentrations. If more than
one parameter varies by up to 1%, and if inlet
concentrations vary too, the errors could be

consideratly greater.




CHAPTER 9
S e

9.1 RESULTS

The computer solutions of the mathematica) mode] equations

are presented first, followed by the experimental results obtatned
on the packed bed reactor. ’
9.1.1  Results from Mathematical Models

In order to afford 2 comparison between the performance
of the CSTR and the ideal TFR, equations 3.4 (batch/ideal TFR) and
equation 3.8 (CSTR) were solved to give monocacetate concentration,
I as 2 function of residence times, :, in these reactors. The
fulet concentrations and temperatures used, together with the res-
ulting concentration-residence time profiles, are given in Figures
9.1 and 9.2. By comparison with 5.1.2 it will be seen that the in-
‘ot concentrations used for these grofiles lay within the range of
reactor operating conditions chosen for this work. These figures
also show that at low reaction temperatures, higher maximum conc-
entrations of monoacetate are obtained than at high temperatures,
as predicted in section 4.3,

The ideal 7771 equations were also solved to give the pre-
dicted cutlet concentration from the reactor corresponding to each
set of experimental inlet concentritions and residence times. The
results of these computations ire given in Appendix ix, wheve they
are compared to the outlet concentrations obtained experimentally.

in section 6.5 it was decided that, in order to test the
sensitivity of the axial dispersion misel to the axial diffusion
eoefficient, B, equations 3.14 would be solved vsing values of D)
from curves (i) and (§41) on Figure 6.3, Profilss were sbtained for
3 fixed set of injet concentrations, and a ronge of flowrates. The
oo PRUFtles which showed the greatest divergence were thuse at low flow




pates, an exanwple of which is given in Table 9.1, It can be seen
from this table that the choice of D, in the given range does not
atfect the profiles. Values of D_used for comparing the axia)
dizpersion model to the other models were thus taken from curve (11)
Figure 6.3, which is the best least squares straight line through
all the D data.

As discussed in 3.4.2.f the segregated flow model could be
solved by using eitlier an experimental or calculated residence time
distrivution function. In addition, several experiments! distri-
butions were obtained at each flowrate. Table 9.2 shows the outlet
concentrations predicted by experimental and calculated distribution
functions obtained at the same flowrate for five different runs com-
pared to that predicted by the plug flow model. Table 9. :hows
similar predicted concentrations for a range of flowrates.

Figures 9.3-9.6 show the axial dispersion and plug flow
wodel woncentration profiles for a fixed set of inlet concentrations
and varying flowrates. The experimental outlet concentrations ob-
tained for these inlet concentrations are also given for comparison.

9.1.2  Results of Experiments on Packed Reactor

Thirteen runs were carried out in all, ten with the T-piece
inlet, and three with t.e ring inlet. These runs yielded 99 experi-
wental outlet concentra“fons for the reactor, of which 46 gave a
conplete outlet stream analysis, and 53 only the caustic concentration
in the putlet,

The fmlet and outlet concentrations obtained, tojether with
the run temperatures and residence times and reactor volumes are

given in Appendix ix.

2 DISCUSSION OF RESULTS
From Figures 9.1 and 0.2 it can e seen that ir all cases




TABLE 9.1
CONCENTRATION PROFILES FOR VALUES OF p_ FROM CUVES (1) AND

(#41), FIGURE 6.3

Teaperature 26,0°C  k, = G,6017 litre/mole sec b i) = 2,3 cn/sec

v = 2,42 om/sec kz = {,2398 iitre/mole sec D (iii) « 1,99 mzfm
Flowrate = 1,4262 litre/mia
Reactor T Iy i I

""‘f“’m (N Oy ) Gin () () () (1)

0 0,04692 0,04692 0,09646 0,09646 0,00085 0,00085 0 0

7,486 0,03970 0,03968 0,08889 0,0887 0,00771 ©,00774 0,00035 0,00035
14,975 0,03401 0,03397 0,08251 0,08248 0,01272 0,01277 0,03104 0,00103
72,464 0,02944 0,02939 0,07705 0,07701 G,01641 0,01647 0,00192 0,00192
29,953 0,02571 0,02566 0,07233 0,07228 0,01915 0,01920 0,00292 0,00291
37,843 0,07263 0,02258 0,06819 0,06815 0,02117 0,02122 0,00397 0,00397
4,932 0,02008 0,02000 0 06454 0,06449 0,02266 0,02271 0,00505 0,00505
52,421 0,01788 0,01784 0,06129 0,06124 0,02375 0,02380 0,00614 0,00614
58,910 0,01603 0,01599 0,05837 0,05833 0,02453 0,02458 0,00720 0,00720
67,800 0,01445 0,01441 §,05574 0,05570 0,02507 0,02511 0,00825 0,00825
74,888 0,71308 0,01304 0,05335 0,05331 0,02543 0,02546 0,00927 6,00927
8,372 0,0118% 0,01185 0,05118 0,05113 0,02563 0,02568 v,01025 0,01026
89,867 0,01085 0,01081 0,04919 0,04014 0,02572 0,02576 0,01120 0,01121
97,35 0,00993 0,00989 0,04735 0,04731 0,02573 0,02575 6,01212 0,01212
104,846 0,00912 0,00909 0,04566 y,04567 0,02566 0,02568 0,01300 0,01300
112,335 0,00840 0,)0837 0,04410 0,04406 0,02553 0,02555 0,01384 0,01335
119,824 0,00776 0,00773 0.04264 0,04260 0,02636 0,02538 0,01466 0,01467
127,313 0,00718 0,00715 6,04128 0,04125 0,02515 0,02517 0,01544 0,01545
134,803 0,00667 0,00664 0,08002 0,03998 0,02492 0,02493 0,01619 0,01620
12,292 0,00620 0,00618 0,03883 0,03880 0,02466 0,02468 0,01691 0,01692
19,781 0,00583 0,00680 0,03785 0,03780 0,02442 0,02443 0,01752 0,01754
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TABLE 9.2
SEGREGATED FLOW MODEL

(i) Predicted outlet concentrations using exverimental B(t) function
(i) Predicted outlet concentrations using calculated E(t) function
Inlet concentrations:

= 0,04669 X, = 0,00694 X, =0,00086 ¥ =0

¥pp = U0 20 3o 5o
Flowrate: 3,2342 litre/min, Temperature: 27,0°C,

X X X
Ru if af. 3f 15!

n
Mo, (i) (). (1) SRH NN &3 NN £ £ S ) N 4 1)
18 0,01370 0,01369 0,05544 0,05540 0,02532 0,02530 0,075 0,00855
19 0,01369 0,01369 0,05539 0,05539 0,02530 0,02550 0.C. . 0,00855
20 0,01368 0,01368 0,05537 0,05538 0,02530 0,02530 0,00855 0,00856
5 0,01383 0,01387 0,05550 0,05570 0,02517 0,02524 0,00840 0,00843
36 0,01367 0,01366 0,06538 0,08533 0,02533 0,02629 0,00860 0,00858

Plug Flow
model 0,01355 0,05520 0,02539 0,00860

Note: There was a difference of twn years betwesn runs 18, 19 and 20,
and runs 35 and 36, and different app:-atus was used to take
the measurements.

TABLE 9.3

SEGRECATED FLOW MODEL
(1) Predicted outlet concentrations using experimental £(¢) function
{11} Predicted outlet concentrations using calculated E(t) function
{111} Plug flow predicted outlet concentrations
in!et ctoncentrations: X, = 0,23 X, = 0 4; Ko, ® 0; 4, =0
Towrates: Run ne, 1 Run no. Bun no.
0,5500 Titre/min, 1, OWHtmﬁmfn 3, 33'3?Titre/min

Tewperature: 25,0°C,

el . e

S ) U €15 N €1 IR 6.0 B IRCAI JLX!_L.
0,00034 0,00034 4,00031 0,025487 4,02588 ] ,g?z;&;
0,00452  0,00453  0,00439 0.07471  0,07473 o.m;8

0,01187  0,01187  0,01158 01116 0,111 0,

X A —

3f [

T ST S T M 1) MU (1) N £
Q0250 o.sel 002101 0.7t Gl LT
00657  0l06s66  0.00539  0.1208 0,128 0,300
9,08789  0,00739  0,08758  o,uez 0,007 '
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CONCENTRATION PROFILES FOR DIACETATE

Temperature: 26,0°C

o Plug Flow Model
x Axial Dispersion Model
Flowrates: 1 - 1,4262 litres/min,
2 - 2,0795 titres/min,
3 - 2,6765 Vitres/min,
4 - 13,3011 1itres/min,
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CONCENTRATION PROFILES FOR CAUSTIC SODA

Temperature: 26,0°C.

O Plug Flow Model
X Axial Dispersion Model

Flowrates: 1 - 1,4262 1itres/min.
2 - 2,0795 Yitras/win,
3 « 2,6765 litres/min,
4 - 3,301 Vitres/min,
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Q@CEWTIGN PROFILES FOR MONDACETATE

Temperature: 26,0°C
Experimental Outlet Concentrations +
o Plug Flow Model Flowrates: 1 - 1,4262 Vitres/win.
x Axial Dispersion model 2 - 2,0795 litres/win,
3 - 2,6765 litres/min,
4,- 3,301) litres/min,
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FIGURE_ 9.5
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it 1s possible to reach a higher maximum concentration of monoacet-
ste in the ideal TR than in the CSTR. The minoacetate also reacts
faster in the ideal TFR, so that as the reactor residence time {n-
creases the CSTR concent.ation eventually becomes greater than the
ideal TFR concentration for the same residence time.

This result confirms the assumption made in section 4.2,
that the ideal TFR is preferable to the CSTR for carrying out the
chasen reactions,

In section 8.5 it was seen that the outlet concentration
from the reactor which could be measured most accurately was that
of caustic soda. It was consequently decided that this concentra-
tion would be used to test the . :lidity of the various models,

Since 1t was expected that the reactor would obey the
plug flow model, this mod2]l was tested first by caleulating the
percentage difference between the actual final caustic concentration
ard that predicted by the plug flow wodel, as given in Appendix ix,
and plotting this percentage ainst residence time n the reactor,
Figures 9.7 and 9.2 show the results for the T-ptece and ring in-
1ets respectively.

1t will be scen from the figures that the percentages ob-
tafned with the T-piece inlet go up to 12,6%. The standard deviation
from 0 15 3,97, The results for the ring inlet have a standard dev-
iation of 1,13 and all points Ve below 4%, For residence times
from 10-50 seconds, however, the standard deviations become 1,12 and
4,70, for T-piece and ring inlets rrspectively, indicating that the
diffarencr s on Fiqure 9.7 are dus to poor mixing o the T-piece. The
concentration measurenants discussed in Arpendix 111 confim this,
These measuraconts also indicated that the mixing in the ving wiet

15 sxtremely good, The exporimental results with the rivy inlet were

thus used for all further comparisons with the various models.
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From Tables 9.2 and 9.3, 1t can be seen that outlet concen-
trations predicted by the segregated flou model were almost identical
whether the experimental or calculated residence time distributions
were used, This indicates that the variations in residence time dis-
tribution functions shown in Figures 6.4-6 16 were not sufficient to
affect predicted outlet concentrations,

Also, from Tables 9.2 and 9.3 it can be seen that the segreg-
ated flow model predicted almost identical outlet concentrations to
tne plug flow model. It is thus preferable to use the plug flos model
since fts solution presents far less difficulties than the solution of
the segregated flow model, )

AN the models used in Figures 9.3-9.6 predict practically
identical concentration profiles and fimal concentrations, The exper-
imenta) agreement for caustic is excellent, but due to the error growth
discussed 1n sec..on 8.5, the agreement beltween experinment and theory
for the other components is not good. The deviations were all within
the limits determined in that section.

These results shos that the assumptions made in sections 3.4.2,
¢ and d are correct, and that for the reactor length chosen, the reactor
bebaves as on ideal TFR. The assumption made in 3.1 that the reactor
was isothermal is also correct.

3 comyusions

For a reaction system of the type:

k

A+ B L. ¢ + D
k

C 0+ B .2 n o+ £

Whare both reaciions are second order and frreversible, the follawing

wnclustons may be .omm:e
‘»

For the range of inlet concentrations and eperating vomdi-
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tions used in this work , an ideal tubular flow rea: o, will yield
higher outlet concentrations of desired product, C, than an idea)
continuous stirred tank reactor,

2. An isothermal temperature policy is the optimum for the
{deal tubular flow reactor, with the operating temperature set either
st its maximum or minfmum value, depending on the sctivation enargies
of the two reactions. For the reactions studied, the activation
energy of the second reaction was greater than that of the first,
which necessitated the operating temper ture bein: set at its ~in{-
e velue,

3. For a reactor packing particle dianeter to overall reactor
length ratio of less than 0,01, the ideal tubular flow mode) and the
axtal dispersion mode) yield fdentical cutlet concentrations of vech
reection species for reactions in liquid melfum. Furthermore the
three sets of Soundarv conditions given in the literzture for the
axial dispersion mode) 211 yield identical results for a resctor with
the above dimension ratio.

4, One point sampling methods are adequate for obtaiiing res-
idence time distribution functions for the reactur, and the distri-
bution functions are not affected by the inlet mixing, o the pusi-
tion of the injc - point in the iniet. ‘'inpacking and repacking
the colums has ro ffect on the residence time distribution function.
The axfal diffusion model for pure diffusion is fnvensitive to the
axial mixing ceefficient, D but is sensitive to velocity, U,

8. Tha segregated medel, when solved in cunjunction with the
stpovimental residence time distribution function, predicts outlet
toncentrations fdentical to those predicted by the idesl tubuiar
reactor and axial dispersion models.

}. The type of inlet mi ing system ho.on has a profound effect

o8 Lthe reactor performance. . ring main type of inlet was foune 1o




£

‘ give satisfactory mixing,

1. Experimentai outlet concentrations agree with those predic-
ted by the jdeal tubular reactor, axial dispersion and segregated
flow models within the 1imits set by experimental error, Since the
1dea) tubular reactor model is the simplest of these, and the aasiest
to solve, tt s model should be used when designing packed bed reactors
{n which the packing particle diameter to overall reactor length ratio
{s less than 0,01, for reactions in Viquid medium,
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APPENDIX
A

The flowmeters used were Fischer Porter “lowratormeters with
3 R.4.17 tube 10 inches long, and a BSVT-45 stainless steel float.
The tube s calibrated in percentage of full flow, covering a range
of 10-100% in steps of 1%. The floats were self clearing to a dagree
and n addition tine stainless steel screens were irserted {mmed-
fately upstroam of the rotameters to stop fouling of tha floats.
Hevertheless it was felt that it would be more accurate to calib-
rate the rotameters at the end of each run rather than simply to
rely on one calibration curve for all runs. In this way, all chas-
ges §u hyd-cdymamic properties such as viscosity and density of the
flutds un to run would automatically be accounted for.

Tne rotameters were calibrated at each of the five flow
rates used during the run, and also at each of the flowrates used
in the residence time distribution experiments, and the procedure
was a5 follows,

The stream to be calibrated was a'lowed to run to vaste
through the rvactor for times which were dv sle the residence times
al that flowrate so that all other soi.” ..s wre flushed out of
the reactor, The temperature was then rece <ed, and the rotameter
was set to the first of the experimental flowrates. An  mty meas-
uring cylinder was tared on a Mettler type KAT balanie. Afte the
Flow had been sieady for one minute. the Tlexitie outlet pipe (se
Figure §.4) was switched rapidly to sbove tic measuring cy'inder,
nd 4 samyle of roughly ? 'itres was collected. The sampla coll-

#tirs was  ued using a stopwatch with a 30 second sweep calibrated

.Y seconds, and the cample collected was weighed. The flowrate

f the stream in ke minute was then calculated, and the walibratian

ained at the same rotameter

Pipdated wnti! two flowrates had been obt




yaading which agreed with each other to better than ooy accuracy,
The procedure was repeated at each expedimental point in random
arder.

It was found that the caustic and diacetate rotameters did
not give reproducible results at settings below 20 or above 90, these
giving minimum and maximum flowrales of 0,38 and 1,65 Titres/minute
respactively. They were consequently not used outside this range,
The acetic acid rotameter range was 15-100, giving flowrates of 0,27
and 1,82 Vitres/minute.

Originally the calibrati 1 curves were plotted for each
meter to check that all the points Tay on one line, but the fit was
ahways so good that this practice was later abandoned. A typical
calibration curve for each rotameter {s {ncluded on “igures A.1,1-3,

Knowing the wass flow rate at each experimental point, the
volumtric Flowrate could easily be obtained by using the density

correlations for each fludd, Jiven in Appendix §4.
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APPENDIX {1

Since all rotameter calibrations and ai} titrations were
done Ly wefght, rather than by volume, the densities of all solu~
tions used in this work had to be known.

It was decided that solution densities would be measured
n &11 cases except water, because vither tables could 1ot be found
for the solutioas in question, or the tables did not extend to the
&7 tions used In this work.

The procedures used were as follows.

"¢ the temperature of the solution was 23°C or lower, the
density was simply measured by using an A grade certificated pipette
%0 measure out 20 o’ of solution which was weighed on a Mettler
H 10 balance. Care was taken to allow the solution to run out for
the time state’ on tha pipette. Three measurements w.re made and it
was found that the greatest variation for any of the density meas-
yrements was less than 0,1%.

If the solution temperaiure was atove 23°C, 2 solid object
was weighed in the liquid and then in dist.lled watzi a. the same
temperature, and the loss in weight was used to calculate the dens-

ity of the solution from the formula:

R 20

LT T W)

o, = density of liquid at temoeral e t°C
o, ® density of wator at t°C

w o= welght of solid object
. wowei  t of solid object in liquid at ¢°C
W, = woight of solid object in water at +°C

The densi’, of weter had obviously to be keown at any temp-




erature ir order to be able to apply thiy formula, 2 d tables had
¢ be used to obtain this. Perry (1963 pages 3-40, gives a table
of water density versus temperature. In srder to obtain intermed-
{ate values of density at temperaturss not given in the table, the
compuiar was usad to fit a polyaomial to the points in the table
using a least squares fitting technigue. The polynomial was then
used to print out a table of temperature versus density at 0,1°C
{ntervals between 20 and 30°C, oy could be read off this table at
the solution temperature ¢, and the above foomula could then be used
to ohtain thé solution density.

A1l measured densi%ics were checked with tabulated values
wharever possible and the agreecent was found to be better tham 0,50

in a1 cases.
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APPENDIX _ {{{

Diagrams of the two inlet mixing systems used in this work
are given in Figure 5.3. As discussed in §.2.3, although v.e T
mixer appeared to give ideal mixing when checked visually using dye
traces. the experimental reactor results showed that the mixing was
*sr fror ideal. In order to test the mixing, therefore, a small
sonductivity probe was made up which could be inserted through the
thermometer boss at the caiumn inlet. The probe consisted of two
insulated copper wires, 0,02 inches in diameter, bent to face each
other across a 1/16" gap. A diagram of the probe system is given
on Figure A.i14.1,

As can be seen from the figures, the probe could be slid
across the reactor diameter, so that the concentration at any point
on the diameter could be measured. The probe was connected to a
conductivity weter whose output could be traced on a 0-1 mV recorder
a5 for the residence time distribution runs. The calibration curve
for this detector fs given in Figure A.111.2 ard can be seen to be
perfectly linear.

Using this probe the inlet radial concentration profiles
were measurad for both inlets for a range of flow rates with 1,22
on/1itre salt solution flowing in the straight un of the inlets
and distilled water flowing in the side branch. 1igure A.111.3
shows the resultant concentration profiles relative to the position
of the inlets,

The probe cot”d not be drawn across the whole radius of the
tube r the water seal would have been broken, hence the complete
- Profiles could not be obtained, but it fs reasonable to assume that

Ahese wouid have continued in a smooth curve.




1z

1t can be seen from the figure that v th the T-plece, the
water forces the salt solution to one side of the reactor and the
streams are segregated at the inlet. The ring inlet on the other

nand mixes the streams properly and a velatively flat profile results,
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APPENDIX {y

It was vita) that the reaction should be quenched as soon
as the reaction mixture left the reactor. This meant that the mix-
ing of the acetic acid guench stream and the reactor outlet stream
had to be rapid encugh to neutralise all the caustic soda present
before it could react further with the diacetate or moncacetate.
Once the guench system had been built, therefore, it was necessary
to test it to check that the saponification reaction was quenched
with sufficient speed.

L EXPERIMENTAL PROCEDURE

Caustic soda war allowed to flow t1vough the reactor in the

normal way, but an extra flow lire for the diacetale was construsted

which utilised the diacatate rotameter but which terminated directly
over the reactor outlet pipe [see Figure 5.4). The acetic acid
quarch stream entered the reactor i the normal way. This arrange-
sent ensured that the caustic soda Teavivg the reactor would mix
with the diacetate hefors coming into contact with the acetic acid.

Stock soiutisns were made up and sampled in the normal way,
and their temperatures were cocorded. With the cavsiic soda and
widcetate flows set appro. me. iy ab each of che values used during
the vain runs, the acetic acid fiowrate was then adjusted to give
the dos ired pH in the outlet juonch beaker,

The floumetor readings or the caustic soda and acetic acid
Hings ware recorded, and at the end of the run cach of these flow-

wters was calibroted usiny the procedure in Appendix §. 1t was not

Meessary to record the diacetate flow rate, provided that this was
mml to the caustic flowrate at coch point, because this stream

merely provided to compete with the acetic acid fn the qusnch
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yessel.

It was decided that the diacetate stock concentration would
pe set to half that of the caustic soda stock concentration. The
dtacetate and caustic soda thus entered the quench vessel in the

r.tios in which they would normally enter the reactor.
2. RESULTS AND CALCULATIONS
Two sets of runs were done, one at high, and one at low,

intet concentration. The stock concentrations used were as follows:~

TABLE A.iv.1

Run 1 Run 2
NaOH 0,1138 M 0,4765 M
Dizcetate {HAc free) =0,05 M =0,2 M
HAC 0,1070 M 0,4232 M

M the run temperature,
density of NaOM, o, 1,0026 g/em® 1,083 g/on’

density of HAc, 0,9985 g/end  1.0072 gfemd

Ps
During the run, the flows of diacetate and caustic were set
#4usT 50 that the concentrations of caustic entering the cutlet

quench vessel were equal to half the stock concentratfons.

The following flowrates were obtained from the two rums:-
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TABLE A.iv.2

RN 1
NaOH flowneter  HaOM flowrate  HAc flowrate

setting Ga {kg/min) oy (kg/min)
20,0 10,3767 0,3997
30,0 0,5813 0,6139 .
50,0 0,9564 1,0087
70,2 1,3098 1,3947
90,5 1,6648 1,7645

RUN 2
20 0,3943 0,4350
29,7 0,5925 0,6591
49,7 0,9731 1,0709
70,1 1,3364 1,4735
86,1 1,6152 1,7609

It will be noted that the above rotameter settings

correspond approximately to the 20, 30, 50, 70 and 90 used in the
main runs,
Mow, if the sutlet que ch were perfect, then the HAC
wuld be exactly equivalent to the NaOH in the outlet.
Hence for Run 1, by mole balance:-
(GZ){0,1£33) (’,;;;’(0,3970)
0086~ ° 0,998

For verfact quenching, “herefore,

f’:a (0,10701(1,00%) _ 5 5441
g " (0,1136)(0,9985) = *

Mt&ﬂy for Run 2,

% _ to,423m)(1 8183) . 5, 9038

“s f&,b €RF{1,0018)



¢ @
2
The actial ratios of 7 obtained, and the percentage dfferences

from the above values are given in Table A.iv.3,

TABLE A iv.3

RUN 1 RUN 2

P G

3 % difference from .2 % difference from
Ratlo g ideal ratio " tio g ideal ratio
0,9426 -0,17 ©,9064 +0,34
0,9467 +0,28 0,8990 0,48
0,9472 +0,33 0,9087 +0,60
0,9391 -0,53 0,9070 0,41
0,9435 -0,06 0,9019 -0,16

$ince pure diacetate was fed directly to the outlet quench vessel
from the stock tank, the concentration of diacetate was consider-
ably higher in the quench vessel during these runs thaa in the main
runs where the diacetate was partially converted in the reactor first.
The concentrations above thus represent the worst possible operating
conditions for the outlel guencn system.

3 DISCUSSION

In all cases above, the experimental ratin is within
9% of the rativ for perfect quenching. It may thus be assumed that
the quench system was operating satisfactorily for these runs. As
®pented, changing the concentrations of all streass entering the

ench vessel proportionately does not ffect the degree of quanch-

Ing since this depeads only on the mixing in the vessel and the

10tve rates of reaction of the -omponents. [t may thus be assum-

st the outlet quench system operated satisfactorily for the

19
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